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Nomenclature 

𝐴𝜇𝑖 , 𝐵𝜇𝑖 , 𝐶𝜇𝑖 , 𝐷𝜇𝑖 constants to calculate gas viscocity of i-th compound with DIPPR equation 

𝐴𝐶𝑝𝑖 , 𝐵𝐶𝑝𝑖 , 𝐶𝐶𝑝𝑖 , 𝐷𝐶𝑝𝑖 , 𝐸𝐶𝑝𝑖 constants to calculate specific heat of i-th compound with DIPPR equation 

𝐴𝜆𝑖, 𝐵𝜆𝑖 , 𝐶𝜆𝑖, 𝐷𝜆𝑖 constants to calculate thermal conductivity of i-th compound with DIPPR equation 

𝑎𝑣 gas-solid specific surface area [m-1] 

𝐶𝑝 mass specific heat [kJ/(kg°C)] 

𝑑ℎ hydraulic diameter of monolith channel [m] 

𝑑𝑝 pore diameter of catalytic washcoat [m] 

𝐷𝑖 diffusivity of i-th compound within bulk phase [m2/s] 

𝐷𝑖_𝑎𝑥𝑖𝑎𝑙 axial dispersion of i-th compound [m2/s] 

𝐷𝑖_𝑒𝑓𝑓,𝑐𝑎𝑡 effective diffusivity of i-th compound within catalyst [m2/s] 

𝐷𝑖,𝑗 binary diffusivity of i-th compound respect to j-th compound [m2/s] 

𝐷𝑖,𝐾 Knudsen diffusivity of i-th compound [m2/s] 

𝐸𝑎 activation energy [kJ/mol] 
𝑓 friction factor [-] 

𝑔 gravity acceleration [m/s2] 

𝐺𝑟𝑚 mass Grashof number [-] 
𝐺𝑟𝑇 thermal Grashof number [-] 

𝐺𝐻𝑆𝑉 Gas Hour Space Velocity [h-1] 

ℎ𝑔𝑠 gas-solid heat transfer coefficient [kW/(m2°C)] 

𝑗𝑖 mass diffusive flux of i-th compound [kg/(m2s)] 

𝑘 reaction rate constant [units depend on kinetic expression used] 

𝑘0 pre-exponential factor [units depend on kinetic expression used] 

𝑘𝑖,𝑔𝑠 gas-solid mass transfer coefficient of i-th compound [m/s] 

𝐾𝑖 adsorption constant of i-th compound (Koschany’s kinetic expression) [bar-1/2] 

𝐾𝑒𝑞 chemical equilibrium constant [bar-2] 

𝐿 reactor length [m] 

𝑚𝑖, 𝑔𝑠̇  gas-solid mass flux of i-th compound [kg/(m2s)] 

𝑀𝑊 molecular weight [kg/kmol] 

𝑀𝑊𝑖 molecular weight of i-th compound [kg/kmol] 

𝑛 reaction order (Falbo’s kinetic expression) [-] 
𝑁𝐶 number of compounds 

𝑁𝑅 number of reactions 

𝑁𝑢𝑔𝑠 gas-solid Nusselt number [-] 

𝑝𝑖 partial pressure i-th compound [kPa] 

𝑃 pressure [kPa] 

𝑃𝑟 Prandtl number [-] 

𝑞 axial heat flux [kW/m2] 

𝑞𝑔𝑠̇  gas-solid transferred heat flux [kW/m2] 

𝑟 radial coordinate [m] 

𝑟𝑗 j-th reaction rate [kmol/(kgcat·s)] 

𝑟𝑗̅ j-th average reaction rate [kmol/(kgcat·s)] 

𝑅 monolithic reactor radius [m] 

𝑅𝑔𝑎𝑠𝑒𝑠 gases universal constant [kJ/(kmol·K)] 

𝑅𝑒 Reynolds number [-] 

𝑆𝑐𝑖 Schmidt number of i-th compound [-] 

𝑆ℎ𝑖,𝑔𝑠 gas-solid Sherwood number of i-th compound [-] 

𝑡 time [s] 
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𝑡𝑟𝑒𝑠𝑖𝑑𝑒𝑛𝑐𝑒,𝑖𝑛𝑙𝑒𝑡 residence time  at the reactor's entrance [s] 

𝑡𝑟𝑥𝑛,𝐶𝑂2,𝑖𝑛𝑙𝑒𝑡 characteristic reaction time of CO2 at the reactor's entrance [s] 

𝑇 temperature [°C] 

𝑇𝑟𝑒𝑎𝑐𝑡𝑜𝑟 reactor temperature [°C] 
𝑢 superficial velocity [m/s] 

𝑈𝑠𝑐 solid-cooling system heat transfer coefficient [kW/(m2°C)] 

𝑤𝑖 mass fraction of i-th compound [-] 

𝑋𝐶𝑂2  CO2 conversion [%] 

𝑧 axial coordinate [m] 

𝑧𝑓,𝑅𝑒𝑔  nondimensional axial coordinate respect to 𝑅𝑒𝑔 and 𝑑ℎ [-] 

 
Greek letters 
𝛼 parameter of Falbo’s kinetic expression [atm-1] 
𝛿 characteristic length of washcoat thickness [m] 

𝛥𝐻𝑎𝑑𝑠,𝑖 adsorption heat of i-th compound [kJ/mol] 

∆𝐻𝑟𝑥𝑛
°  standard reaction heat [kJ/mol] 

𝛥𝐻𝑟𝑥𝑛,𝑗 j-th reaction heat [kJ/mol] 

𝜀 volumetric fraction respect to monolith reactor volume [-] 

𝜀𝑔,𝑐𝑎𝑡 gas volumetric fraction within catalytic washcoat [-] 

𝜂𝑗 effectiveness factor of j-th reaction [-] 

𝜆 bulk phase thermal conductivity [kW/(m°C)] 

𝜆𝑎𝑥𝑖𝑎𝑙, 𝜆𝑟𝑎𝑑𝑖𝑎𝑙axial and radial thermal conductivity [kW/(m°C)] 

𝜇 viscosity [Pa·s]  
𝜉 catalyst main coordinate (transversal direction to bulk gas axial flow) [m] 

𝜌 density [m3/kg] 

𝜌𝑖 mass concentration of i-th compound [m3/kg] 
𝜏 shear stress [kPa] 

𝜏𝑐𝑎𝑡 catalyst tortuosity [-] 

𝜏𝑔𝑠̇  gas-solid transferred moment flux [kPa/m] 

𝜗𝑖,𝑗 stoichiometric coefficient of i-th compound in j-th reaction [-] 

𝜑𝑒𝑞 Equilibrium aproach [-] 

 
Subscripts 
0 initial 
𝑐 cooling system 

𝑐𝑎𝑡 catalyst phase 

𝑔 gas phase 

𝑔_𝑐𝑎𝑡 gas within catalyst 

ℎ𝑜𝑡𝑠𝑝𝑜𝑡, 𝑠𝑠 hotspot location in steady state 
𝑖 i-th compound 

𝑖𝑛 inlet 

𝑗 j-th reaction; j-th compound in physical properties correlations 
𝑚𝑎𝑥 maximum 

𝑝𝑒𝑟𝑡 perturbation 

𝑟𝑎𝑚𝑝, 𝑠𝑡𝑎𝑟𝑡 start of ramp fluctuation 
𝑟𝑎𝑚𝑝, 𝑒𝑛𝑑 end of ramp fluctuation 

𝑟𝑒𝑐 recovery 

𝑟𝑒𝑓 reference 

𝑠 solid phase 
𝑠𝑠 steady state 
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𝑠𝑠, 2 steady state after perturbation 
𝑠𝑢𝑝 monolithic support 

𝑠𝑢𝑟𝑓 gas-solid surface 

𝑊𝑎𝑙𝑙 monolithic reactor wall 
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Resumen 

El tren de reactores de lecho fijo en serie, con enfriamiento intermedio entre etapas, es la 

tecnología utilizada actualmente para la metanación de CO2, aunque su implementación es 

compleja y costosa. Esta realidad ha incentivado la búsqueda de alternativas más eficientes y 

costo-efectivas. Entre estas los reactores de tipo monolito panal de abeja han generado gran 

interés y su estudio se ha incrementado de manera relevante en los últimos años. Por otro lado, 

si se utiliza H2 verde en esta reacción, su flujo experimentará fluctuaciones debido a la 

intermitencia de las energías renovables que lo generan. Con base en lo anterior, se propone en 

esta tesis evaluar la respuesta dinámica de un reactor monolítico de metanación de CO2, frente 

a perturbaciones en el flujo de H2. Para lograr el objetivo, se realizó en primer lugar una revisión 

bibliográfica de los estudios sobre el modelado de reactores de metanación de CO2. A 

continuación, se desarrolló un modelo matemático del reactor monolítico y se sugirieron estudios 

esenciales para su análisis. El modelo se empleó para analizar el comportamiento transitorio del 

reactor monolítico ante fluctuaciones en la carga de H2 según las condiciones de operación 

propuestas.  A través de un estudio paramétrico se evaluaron los efectos de la actividad catalítica, 

el tipo de perturbación y el tamaño del equipo sobre la respuesta dinámica del 

reactor. Posteriormente, se llevó a cabo una evaluación dinámica-experimental del reactor 

monolítico ante un cambio repentino en la carga de H2. Estos resultados fueron esenciales para 

validar el modelo y comparar teóricamente la respuesta dinámica del monolito panal de abeja con 

la de un reactor de lecho fijo bajo distintas condiciones fluctuantes de carga de H2. La revisión de 

la literatura indicó que el modelo de escala completa, axialsimétrico, bidimensional, heterogéneo 

y transiente es adecuado para modelar el reactor monolítico de panal de abeja. El modelo 

formulado reveló que, al usar un catalizador de alta actividad como el Ru, el reactor muestra un 

comportamiento dinámico similar al observado cuando se utiliza un catalizador más convencional 

en base a Ni. Por otra parte, aunque se obtiene una mejor respuesta dinámica ante una 

fluctuación gradual (rampa) del flujo de H2, el monolito también responde adecuadamente a una 

perturbación repentina (escalón). Además, el tamaño del equipo influye significativamente en la 

tendencia no estacionaria del monolito ante cambios en el flujo de H2.  La evaluación dinámico-

experimental, permitió validar el modelo matemático del reactor. La comparación con un reactor 

de lecho fijo, bajo las mismas condiciones de operación, tamaño de reactor y temperatura 

máxima, evidenció diferencias dinámicas entre el monolito y el lecho fijo en los casos de estudio 

seleccionados. Estas diferencias están relacionadas con las distintas cargas de catalizador y las 

estructuras internas de ambos equipos, evidenciándose en la mayoría de los casos que el 

monolito tiene mayor estabilidad dinámica ante fluctuaciones de la carga de H2 verde. Con base 

en los resultados obtenidos de las evaluaciones del monolito panal de abeja bajo régimen 

transiente, se concluye que este tipo de reactor muestra una respuesta dinámica favorable ante 

la fluctuación de la carga de H2 verde para diferentes condiciones de operación, demostrando ser 

incluso una alternativa tecnológica atractiva en contraste con el reactor de lecho fijo para la 

metanación de CO2. 
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Abstract 

The fixed-bed reactor train in series with intermediate cooling between stages is the current 

technology used for CO2 methanation. However, its implementation is complex and costly. This 

reality has prompted a pursuit of more efficient and cost-effective solutions. Among these, 

honeycomb monolith reactors have attracted considerable attention, leading to a significant rise 

in their study in recent years. On the other hand, if green H2 is used in this reaction, its flow will 

fluctuate due to the intermittent nature of the renewable energies that produce it. Based on the 

above, this thesis proposes evaluating the dynamic response of a monolithic reactor against 

perturbations in the H2 flow. In order to achieve this objective, a bibliographic review on CO2 

methanation reactor modeling was carried out. Then, a mathematical model of the monolithic 

reactor was developed and essential studies were suggested for its analysis. The model was used 

to analyze the transient behavior of the monolithic reactor under fluctuations in the H2 load 

according to the proposed operating conditions. A parametric study was conducted to evaluate 

how catalytic activity, type of perturbation, and equipment size affect the dynamic response of the 

reactor. Subsequently, a dynamic-experimental evaluation of the monolithic reactor was 

conducted to assess its performance under a sudden change in the H2 load. These results were 

crucial for validating the model and theoretically comparing the dynamic response of the 

honeycomb monolith to that of a fixed-bed reactor under various fluctuating H2 load conditions. 

The literature review indicated that the full-scale, axialsymmetric, two-dimensional, 

heterogeneous, transient model is suitable for modeling the monolithic honeycomb reactor. The 

model demonstrated that with a high-activity catalyst like Ru, the reactor shows dynamic behavior 

similar to that seen with a conventional Ni-based catalyst. On the other hand, the monolith not 

only shows a better dynamic response to gradual fluctuations (ramp) in H2 flow, but it also 

responds adequately to sudden perturbations (step). Furthermore, the equipment's size greatly 

affects the monolith's nonstationary tendency in response to changes in H2 load. The dynamic-

experimental evaluation allowed validating the mathematical model of the reactor. The comparison 

between a monolith and a fixed bed reactor, under identical operating conditions, reactor size, and 

maximum temperature, revealed dynamic differences in the selected study cases. The differences 

between the reactors are due to varying catalyst loads and internal structures, with the monolith 

exhibiting greater dynamic stability in response to fluctuations in the green H2 load. Based on the 

results obtained from the evaluations of the honeycomb monolith under transient conditions, it is 

concluded that this type of reactor has a favorable dynamic response to fluctuations in green H2 

load across various operating conditions. This makes it an attractive technological alternative 

compared to the fixed bed reactor for CO2 methanation. 
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General introduction 

Carbon dioxide (CO2) is the main greenhouse gas affecting climate change [1], prompting many 

nations to aim for zero emissions by 2050 [2,3]. Technologies like carbon capture, utilization, and 

storage (CCUS) are being utilized to aid the transition from fossil fuels to clean energy [3]. One 

such option is the Power to Gas process, which produces methane (CH4) through the 

thermocatalytic hydrogenation of CO2 [2–9], known as CO2 methanation or the Sabatier reaction 

[3,4]. Renewable energies such as wind and solar power are also employed for water electrolysis, 

producing the hydrogen (H2) used in CO2 methanation [2–9].  

 

To carry out this reaction, Nickel (Ni) is preferred as a catalyst for the CO2 methanation reaction 

due to its high conversion rate, satisfactory CH4 selectivity, easy availability, and low cost 

compared to other metals [3,5,10–14]. Despite its benefits, the highly exothermic nature of the 

reaction can increase the reactor temperature beyond recommended limits, leading to catalyst 

deactivation through sintering or coking and reduced CH4 selectivity due to side reactions [3,5,10–

14]. An adiabatic fixed-bed reactor train with intermediate cooling is used to address this issue. 

However, this technology is complex in design and operation [2,4,6,10].  

 

On the other hand, H2 flow experiences fluctuations because of the intermittent nature of the 

renewable energies that produce it, impacting reactor operation [3,4,10,15]. To address this, 

storing H2 in a backup supply can help to maintain steady operations, though this is expensive 

and limited due to the gas's low density [3,4,10,15]. Consequently, non-stationary operation is 

advised for the CO2 methanation reactor, emphasizing the need for flexible operation and quick 

adaptation to changes in H2 load [3,4,10,15]. 

 

The monolithic honeycomb reactor offers a technological alternative to the fixed-bed reactor, 

having a low pressure drop, reduced mass/heat transfer limitations, and excellent thermal control 
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[3,15–19]. These advantages lower the maximum reactor temperature and overcome 

thermodynamic constraints, minimizing catalyst deactivation with less cost and effort [3,15–19]. 

Consequently, many experimental studies have shown that this reactor type demonstrates 

excellent activity and stability for this industrial application [20,21].  

 

Five modeling studies of the steady-state honeycomb monolithic reactor have also been 

conducted. These have demonstrated the effectiveness of this technology in achieving targeted 

conditions for CO2 methanation [22–26]. Comparative analyses of various scales of mathematical 

models for this structured reactor have been conducted [22]. Also, these efforts lay the groundwork 

for scaling the equipment from a laboratory to a demonstration scale [23] and suggest designs for 

monolithic reactor configurations using different materials [23] or catalytic activities [24]. In 

addition, a study contrasts a monolithic reactor with a fixed bed under stationary conditions, 

highlighting previously noted advantages [26]. Moreover, it examines the reactor's performance 

using a chessboard arrangement of channels [26]. Finally, another study investigates how the 

number of cells and the catalyst's distribution within the monolith channels affect the reactor's 

steady-state performance under isothermal conditions [25].  

 

Based on the above, the literature indicates that there are relatively few studies on 

modeling monolithic honeycomb reactors for CO2 methanation, especially when compared 

to fixed-bed reactors, which are more frequently cited in this area.  

 

On the other hand, research has been carried out on the impact of H2 load fluctuation on the 

performance and dynamic response of CO2 methanation reactors, such as fixed bed reactors, 

slurry bubble column, and plate heat exchanger, especially for the first one. However, there are 

no studies on the honeycomb monolith's dynamic response to changes in H2 flow, which 

represents a gap in the field of knowledge of the CO2 methanation reactor.  
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In addition, comparative studies on the impact of perturbation functionality on H2 feed, the effect 

of the catalyst, and equipment dimensions on dynamic performance of honeycomb monolithic 

reactors have not been conducted, highlighting another gap in this industrial application.  

 

Conversely, the absence of experimental evidence on the dynamic response of the 

honeycomb monolith to fluctuations in H2 load in the Sabatier reaction is remarkable. Such 

tests are crucial for validating the dynamic response analysis of the reactor, which is predicted to 

be used with a mathematical model. 

 

It is also important to note that a comparison between the dynamic responses of the 

honeycomb monolith reactor and the fixed bed reactor has not been conducted. The fixed 

bed reactor serves as the primary reference in catalytic and numerical evaluations of the CO2 

methanation reactor, which highlights the importance of such a comparison. 

 

Addressing these knowledge gaps in CO2 methanation will boost the number of studies on the 

monolithic honeycomb reactor in this industrial application, encouraging experimental and 

numerical investigations of this and other technological alternatives to the fixed-bed reactor during 

its transient operation.
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Background 

Power to Gas 

The August 9th, 2021, IPCC (Intergovernmental Panel on Climate Change) report emphasizes that 

climate change effects due to global warming may last hundreds or even thousands of years. 

Carbon dioxide (CO2) is identified as the main driver of climate change, necessitating rapid and 

substantial reduction in its emissions. This action is crucial to limit warming to around 1.5°C or 2°C 

in the coming decades; otherwise, this target will become unreachable [1]. Moreover, during the 

climate action summit on September 23, 2019, 77 nations committed to achieve net-zero carbon 

emissions by 2050, focusing on promoting clean energy technologies [2,3]. 

 

Technologies for carbon capture, utilization, and storage (CCUS) are essential for addressing 

fossil fuel consumption as the world moves towards cleaner energy. They can be used in building 

materials, chemical intermediates, fuels, and polymers. Without CCUS, cutting carbon emissions 

is difficult, especially for high CO2-emitting industries. However, these technologies need more 

development and are costly, slowing their rapid adoption [3]. 

 

Simultaneously, there's been significant progress in alternative energy sources, focusing on 

cleaner technologies such as wind and solar energy. However, their intermittent nature requires 

the development of large-scale, long-term energy storage solutions [2]. On the other hand, the 

alternative energy market highlights the hydrogen (H2) economy's potential to reduce carbon 

emissions. However, a major challenge is the high energy demand for storing and transporting H2 

due to its low molecular density [3]. Surplus renewable hydrogen can convert CO2 into fuels and 

products such as methane, methanol, ethanol, formic acid, and dimethyl carbonate through 

methods like Power to Fuel. CO2 is also used in industries for manufacturing, carbonation, food 

preservation, fire extinguishing, and water treatment facilities [2].  
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Among this wide variety of alternatives, the conversion of CO2 to methane (CH4) is of great interest 

[2–4]. To this end, Power-to-Gas (PtG) technologies are evaluated in future energy systems to 

convert renewable electric energy into storable methane. This involves electrolysis and the 

thermal-catalytic hydrogenation of CO2 into CH4, known as CO2 methanation or the Sabatier 

reaction [3,4]. Figure 1 shows that PtG process consists of three key phases: generating 

renewable electricity, producing renewable hydrogen through water electrolysis using excess 

renewable energy, and utilizing this hydrogen for CO2 methanation. The resulting methane can be 

integrated into the natural gas infrastructure for storage, heating, industrial use, and Gas to Power 

plants. Therefore, the CO2 methanation reactor is crucial to the PtG process [2–4,10]. However, 

the main challenge of this process is its high production costs compared to methane produced 

through conventional techniques, highlighting the need to improve efficiency and reduce process 

costs [2]. 

 

 

 
Figure 1. Connections of electric power grid, natural gas grid, carbon cycle and CO2 as 

feedstock through PtG concept [2]. 
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Thermodynamical considerations 

Understanding the principal reactions in the Sabatier process is essential for hydrogenating 

carbon oxides (Table 1). The methanation of CO2 (R1) and the Reverse Water Gas Shift (RWGS) 

reaction (R4) occur with hydrogen (H2), producing carbon monoxide (CO) and water (H2O). The 

formation of CO allows for CO methanation (R2) and CO2-CH4 reverse reforming (R3). 

Thermodynamically, reactions generating methane from carbon oxides are exothermic, while the 

RWGS reaction is endothermic. Depending on pressure and temperature conditions, exothermic 

reactions like the Boudouard reaction (R5) and carbon oxide reduction (R7 and R8) can occur, 

along with the endothermic CH4 cracking reaction (R6). Additionally, CO hydrogenation under 

specific conditions may lead to hydrocarbons, mainly alkanes (Fischer-Tropsch) (R9) and alkenes 

(R10). 

 

Table 1. Reactions related to the hydrogenation of carbon oxides [2]. 
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Significant thermodynamic research has been conducted on the hydrogenation reactions involving 

carbon oxides, with Gao et al., [27] 's work being notable. They extensively studied the effects of 

pressure, temperature, H2/CO2 ratio, and the presence of H2O on the methanation of CO2 and CO. 

Across the operational parameters analyzed, no formation of hydrocarbons or reverse reforming 

of CO2 to CH4 was observed. Figure 2 shows the relationship between CO2 conversion and 

selectivity towards CH4, highlighting the effects of different temperature, pressure and H2/CO2 ratio 

conditions. 

 

 

 
Figure 2. CO2 conversion (A, C) and CH4 selectivity (B, D) in chemical equilibrium conditions 

[27]. Effect of pressure at H2/CO2 = 4 (A, B). Effect of H2/CO2 at 1 and 30 atm (C, D). 
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Based on their results, these authors indicated that to achieve optimal CO2 methanation 

performance, pressure should be increased, temperature lowered, and a H2/CO2 ratio greater than 

4 should be used. Maximum methane selectivity occurs at temperatures between 300-350 °C, 

pressures up to 30 atm, and a H2/CO2 ratio of 4 [2,5,14]. However, CO2 hydrogenation to methane 

faces significant kinetic barriers, requiring a catalyst for adequate CO2 conversion and CH4 

selectivity within these temperature limits [14]. 

 

Catalyst 

Numerous studies have examined the use of various metals as catalysts for CO2 methanation, 

highlighting nickel (Ni) for its effective performance, availability, and affordability. However, Ni 

catalysts operate optimally at temperatures that are not ideal for CO2 conversion, and poor 

temperature control can increase CO production. Additionally, these catalysts can deactivate due 

to sintering and the formation of Ni-carbonyl species in the presence of CO, which blocks the 

active sites necessary for CO2 adsorption [3].  

 

Noble metals like Ruthenium (Ru) and Rhodium (Rh) are highly effective and selective catalysts 

for producing methane (CH4) from CO2, outperforming nickel and other non-noble metals. 

Ruthenium is the most effective, followed by Rhodium, Platinum (Pt), and Palladium (Pd). Ru and 

Rh also show greater selectivity for methane production than Pt and Pd. Noble metals offer 

enhanced stability against deactivation over a wide temperature range due to lower rates of 

sintering and carbon accumulation. However, their use is restricted by their limited availability and 

high costs [3]. 

 

Additionally, selecting the appropriate catalyst support is crucial, with alumina (Al2O3) being the 

most used material for methanation catalysts due to its industrial efficiency. However, Al2O3 tends 
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to sinter when exposed to high temperatures and water, necessitating the use of promoters to 

enhance its performance and durability [3]. 

 

Considering the aforementioned information, extensive studies have focused on developing 

catalysts that perform effectively under favorable thermodynamic conditions while remaining 

stable. The effectiveness of these catalysts is affected by the characteristics of the support and its 

interaction with the promoter. For more details on the roles of promoters, active phases, and 

supports in the Sabatier reaction catalyst, it is suggested to refer to the research by Lee et al., [3], 

Ashok et al., [14], Jangam et al., [10] and Saeidi et al., [5]. 

 

Reactor configuration and technology 

The main challenges in studying reactor configurations for CO2 methanation involve 

thermodynamic limitations related to temperature and catalyst deactivation. The exothermic nature 

of the Sabatier reaction requires effective cooling systems in the reactor to avoid hot spots [5,28]. 

Figure 3 shows that various reactor configurations for CO2 methanation are categorized based on 

the temperature of their hot spots [5]. 

  

 

 
Figure 3. Summary of various reactor configurations for CO2 methanation; d-demonstration 

scale, c-commercial, r-research [5]. 
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Three-phase reactors generally are easier to control than two-phase reactors. Three-phase 

reactors include bubbling sludge columns and three-phase fluidized beds. Two-phase reactors are 

classified into fixed-bed reactors, structured reactors, and two-phase fluidized beds. Fixed-bed 

reactors can operate adiabatically or polytrophically, whereas structured reactors feature 

microchannels, honeycomb monoliths, and enhanced sorption techniques. 

 

The adiabatic fixed bed reactor is the most advanced approach for the Sabatier reaction, featuring 

reactors in series with inter-stage cooling (Figure 4). Developed by companies such as Air Liquide, 

Haldor Topsøe, BCG, and Johnson Matthey, this approach manages heat generated during the 

reaction by recycling the product into the feed. However, a major challenge is the complex process 

for product recirculation and the need for multiple heat exchangers, resulting in high design costs 

and limited load adaptability [3,4,15,16,28,29]. 

 

 

 
Figure 4. The TREMP process. Example of current technology for CO2 methanation reactor [29]. 
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A proposal suggests using a single fixed-bed reactor with a cooling medium to manage heat during 

CO2 methanation. This reactor has been extensively studied through modeling and simulations. 

Fixed-bed reactors with cooling can be multi-tubular systems, with the catalyst in tubes and 

coolant in the shell (Figure 5.A), or coolant in tubes with the packed bed in the shell (Figure 5.B). 

These reactors offer simpler processes than adiabatic reactors, with lower temperature gradients 

that extend catalyst life and enhance operational flexibility. However, they face challenges in 

controlling temperature and pressure drops. Several companies, like Etogas, have developed 

technologies using these reactors, but currently, only Linde is actively commercializing this 

technology [3,4,15,16,28,29]. 

 

 

 
Figure 5. Fixed bed with cooling. a) Catalyst in the tubes and cooling in the shell; b) Catalyst in 

the shell and cooling in the tubes [5]. 
 

Dynamic operation 

Conversely, in Power-to-Gas (PtG) systems, the hydrogen used in the Sabatier reaction is 

produced by a water electrolysis unit. Due to the fluctuating power supply from renewable energy 

sources, this water electrolysis unit operates non-steadily, causing variations in the feed to the 

CO2 methanation reactor over time [3,4,10,15].For instance, the Figure 6 shows how the 

intermittent changes in wind power influence the percentage of total load in scenarios with both 

high and low wind energy availability [30]. 
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Figure 6. a) Variation of wind velocity with time throughout the day. b) Changes in gas load 
percentage due to wind velocity variation, in high and low energy availability scenarios [30]. 

 

A steady-state operation approach proposes requires the use of large-scale hydrogen storage to 

ensure a consistent supply to the methanation reactor, particularly when surplus energy is 

unavailable, requiring a pause in water electrolysis. However, hydrogen's low-density results in 

increased storage and transportation costs at Power-to-Gas (PtG) facilities, along with specific 

operational limitations [3,4,10,15]. 

 

Given these considerations, it is recommended that the CO2 methanation reactor within PtG be 

designed for dynamic operation. The equipment should be capable of adaptable functioning to 

promptly respond to temporary changes in process variables [3,4,10,15]. Therefore, when 

analyzing a reactor's response to changes in operational variables, it's crucial to consider both the 

load flexibility and the time needed to return to a new steady-state. These factors are especially 

significant for methanation units in Power-to-Gas (PtG) applications [4]. 
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Furthermore, catalysts need to be designed to endure feed streams that deviate from the ideal H2 

composition, inlet flow rate, and operating temperature [3,4,10,15]. Catalysts featuring a noble 

metal as the active phase present a promising alternative [14]. Moreover, these catalysts must be 

capable of tolerating intermittent reactor operation [4]. 

 

Honeycomb monolith 

Figure 7 illustrates honeycomb monoliths of various materials with parallel channels employed in 

methanation systems. This reactor is ideal for PtG plants due to its flexible capacity and high 

methane production [17].  

 

The honeycomb monolith offers several advantages over other reactor designs, including 

enhanced thermal and mechanical resistance for the catalyst, improved heat management, and a 

lower pressure drop compared to fixed beds. It also allows for more flexible loading than fluidized 

beds, has fewer mass transfer limitations than slurry bubble columns, is less complex than 

enhanced sorption reactors, and has a longer lifespan than microchannels [3,15]. 

 

Moreover, the literature indicates that this type of structured reactor is adequate in managing 

temporary fluctuations in process variables [14]. These benefits make it an ideal choice for the 

Sabatier reaction. Nonetheless, large-scale deployment is challenging. Constructed from ceramic 

or metal (Figure 7), these monoliths vary in mechanical strength and heat transfer properties, 

impacting production and design costs [16]. 

 

Catalytic evaluation of honeycomb monolith 

Catalytic evaluation assesses the reactor's performance in real-world conditions, which are often 

limited by operational constraints and resource availability.    
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Figure 7. Honeycomb monoliths. Ceramic substrate (left, [18]) and metallic corrugated plates 

(right). 
 

In this type of studies, Nickel (Ni) and ruthenium (Ru) are used as active components in catalysts, 

with nickel being favored for its affordability and activity. Moreover, aluminum oxide (Al2O3) is the 

most common support due to its practicality and cost, followed by cerium oxide (CeO2). 

Additionally, ceramic honeycomb substrates are preferred for their lower cost. Catalytic 

assessments yield excellent results in CO2 conversion, methane (CH4) selectivity, and stability 

within a temperature range of 200-350 °C, making this reactor a promising option for heat 

management and preventing catalyst deactivation. However, outcomes depend on the monolith 

channels' design, influenced by manufacturing techniques [31–33]. Held et al., [17]  and Biegger 

et al., [34] have proposed technological concepts for monolithic reactors that enable high-quality 

syngas production with significant loading flexibility; however, their effectiveness depends on the 

dynamic operation efficiency. Increasing evidence supports monolithic reactors as a great option 

in Power-to-Gas (PtG) processes, especially for dynamic operations. 
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Modeling and simulation of honeycomb monolith 

In contrast, simulation utilizes mathematical models to predict the reactor's performance under 

various conditions. Five modeling studies of the steady-state honeycomb monolithic reactor have 

been conducted. With these studies, this technology has proven to be effective in achieving 

targeted conditions for CO2 methanation [22–26]. Comparative analyses of various scales of the 

mathematical model for this structured reactor have been conducted [22,35]. Additionally, these 

efforts lay the groundwork for scaling the equipment from a laboratory to a demonstration scale 

[23] and suggest designs for monolithic reactor configurations utilizing different materials [23] or 

varying catalytic activities [24]. Moreover, two studies compare a monolithic reactor with a fixed 

bed under stationary conditions, highlighting previously noted advantages [22,26]. There is also a 

study that examines the reactor's performance using a chessboard arrangement of channels [26]. 

Finally, another work investigates how the number of cells and the catalyst's distribution within the 

monolith channels affect the reactor's steady-state performance under isothermal conditions [25].  

 

Conversely, the number of modeling and simulation studies is less than the number of catalytic 

evaluations. Furthermore, the number of dynamic modeling studies of the monolith is even less 

frequent than those of the fixed-bed reactors with cooling systems. There is a gap in analyzing 

the monolith's response to changes in feed flow and how different operational parameters 

impact reactor flexibility and performance during the dynamic operation of the Sabatier 

reaction. 

 

Full-scale model of honeycomb monolith 

When all channels in the monolith experience identical conditions, a model focusing on a single 

channel might suffice to represent the monolith's overall performance. However, variations in flow 

distribution and inevitable heat loss can cause temperature differences across the reactor's radius. 

Therefore, the single-channel model may not accurately depict reality in some cases, making it 
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better to use a full-scale model that more precisely captures the complexities of mass and heat 

transfer processes [36].  

 

To achieve realistic outcomes with the full-scale model, it must be continuous and heterogeneous. 

Key factors include the momentum balance equation, effective thermal conductivity, and a 

technique that integrates diffusion and reaction within the catalytic coating. These elements will 

improve the model's computational efficiency and reliability [36].  

 

It is crucial to recognize that the full-scale model views the monolith as a diverse porous medium 

with uniform porosity, volumetrically averaging conservation equations for each phase Figure 8 

.This leads to the formation of exchange terms between phases and includes a loss term for fluid 

movement through the monolith in the gas's momentum balance under laminar flow conditions 

[36].   

 

On the other hand, Hayes et al., [36] note that in the full-scale model applied to the monolith, the 

radial mass and heat dispersion of the gas is minimal compared to other physical factors. This 

enables a one-dimensional resolution of mass and energy balances for the fluid through volumetric 

averaging, which can lead to differences when compared to a single-channel model. Additionally, 

Zergani et al., [37] note that these terms can be ignored if the ratio between the length and 

hydraulic diameter of the channels is sufficiently high.  

 

However, energy transfer within the monolith requires accounting for both radial and axial 

conduction in its solid matrix. Although mass and energy balances in the gas are one-dimensional, 

the fluid's composition and temperature show radial variations, influenced by the solid's 

temperature and the compositions on the catalyst's Surface [36,37]. 
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Figure 8. Full-scale model representation for a honeycomb monolith. 

 

Additionally, Hayes et al., [36] recommend addressing momentum conservation equations for the 

entire monolith model in a two-dimensional axially symmetric scenario, due to the gas flow 

behavior along channels within the solid framework. 

 

Alternatively, it is suggested to solve the conservation equations of the full-scale model in 

conjunction with a one-dimensional sub-model for the catalytic washcoating (Figure 8). This 

approach is important because resistance to mass transfer within the particles can affect the 

monolith's performance [36]. Additionally, since the coating is smaller than the particles in a fixed 

bed, temperature gradients are typically absent, and therefore, the energy balance within the 

catalyst is usually not considered in this type of reactor [3,15–20,22,36–42].
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Hypothesis and objectives 

Based on the information provided, the corresponding hypotheses, general objective, and specific objectives 

of this work are established. 

 

Hypothesis 

The honeycomb monolith is an attractive technological alternative for operating the CO2 methanation reactor 

under transient conditions, as it responds well to sudden fluctuations in H2 load and to different levels of 

catalytic activity. It adapts well to variations in H2 flow and exhibits favorable dynamic behavior at different 

reactor sizes. In addition, it offers better dynamic stability compared to a fixed bed reactor, showing shorter 

recovery time to the new steady state and lower transient variation of the maximum temperature. 

 

General objective 

To evaluate the transient response of a honeycomb monolith reactor for CO2 methanation under fluctuating 

green H2 loads, focusing on its dynamic stability and response rate in comparison to traditional fixed-bed 

systems. 

 

Specific objectives 

• To formulate the mathematical model of the monolithic reactor for the Sabatier reaction, considering the 

analysis of the state of the art of CO2 methanation reactor modeling. 

• To perform both a theoretical and an experimental validation of the mathematical model and to study the 

dynamic behavior of the monolithic reactor to H2 fluctuations under variable operating conditions. 

• To determine the effect of catalytic activity, H2 flow disturbance functionality, and reactor size on the 

dynamic response of the monolithic reactor. 

• To compare the response to H2 load fluctuation of the monolithic reactor with that of the fixed bed reactor, 

at equivalent operating conditions and dimensions. 
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Thesis outline  

This thesis evaluates the dynamic response of a honeycomb monolith, utilized as a CO2 

methanation reactor, under varying H2 load conditions. The outcomes are documented as articles 

that have either been published or submitted to scientific journals. This research analyzed the 

transient behavior of a monolithic reactor when faced with sudden changes in H2 flow, examining 

the effect of various operational variables. The behavior of the structured reactor was compared 

to that of a fixed-bed reactor. 

 

Chapter 1 review the advancements in CO2 methanation reactor modeling over the past decade. 

It covered topics like validation techniques, phases, dimensions, time resolution, H2 loading 

fluctuations, effectiveness factor calculation methods, catalysts, and kinetic expressions. The 

chapter also review the initial and boundary conditions of the models. This publication offers an 

overview of the various modeling approaches for CO2 methanation reactors and provides 

recommendations for future research.  

 

Chapter 2 formulates and validates a mathematical model of the monolithic honeycomb reactor, 

building on Chapter 1's analysis. The model examines the reactor's dynamic response to sudden 

changes in H2 load under specific operating conditions. It evaluates how this response varies with 

catalytic activity levels, H2 flow perturbation functionality, and equipment size, offering insights into 

the reactor's flexibility against fluctuating H2 loading conditions. 

 

In Chapter 3, an experimental test of the monolithic honeycomb reactor was conducted to validate 

the mathematical model developed earlier. The model was tailored to fit the experimental 

monolith's conditions and characteristics, assessing both its steady state and transient outcomes. 

These outcomes were compared with previous data and were used to establish the model's 

boundary conditions. Once validated, the model facilitated comparisons between the dynamic 

trends of the monolithic reactor and a fixed bed under identical conditions of H2 load fluctuations 

and dimensions. This comparison offered insights into the monolith's response to H2 load 

fluctuations, enabling an evaluation of its potential advantages over the fixed bed for dynamic CO2 

methanation technology. 
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Chapter 1. 

CO2 Methanation Reactors Modeling. Reviewing the last decade. 

 

The information provided in this chapter is redrafted after submitting in: CO2 Methanation Reactors 

Modeling. Reviewing the last decade. Pérez-Vilela, D.E & Garcia, X. (2025). Chemical 

Engineering Journal. Manuscript Number CEJ-D-25-18764. 

 

ABSTRACT 

This review provides useful insights into modeling CO2 methanation reactors. There has been a 

significant rise in modeling studies for different reactor types in the last decade, reflecting a 

worldwide effort to move away from the existing technology. Furthermore, this review highlights 

the contributions made by these works and the techniques employed for their validation. However, 

there is a notable lack of studies concerning reactor dynamic response to changes in the green 

H2 load and other operational variables. In addition, due to its low cost, Ni is the catalyst most 

frequently utilized in these works. Meanwhile, Ru serves as a benchmark for designing and 

evaluating reactors that use Ni. Finally, this review emphasizes the essential elements involved in 

choosing the reaction rate expression, dimension, phase, method for calculating the effectiveness 

factor, boundary conditions, and assumptions for reactor modeling. These aspects ensure that the 

reactor model precisely represents the real reactor’s performance. 

 

Keywords: CO2 methanation; Reactors modeling; Historical evolution; Methodologies; 

Comparative studies; Contributions. 
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1.1.Introduction 

Carbon dioxide (CO2), the main greenhouse gas contributing to climate change, can be converted 

into a helpful resource. One effective method for reducing CO2 emissions is transforming CO2 into 

methane (CH4) [2–7]. This approach becomes even more relevant with the development of Power 

to Gas (PtG) technologies in future energy frameworks. These technologies include the 

electrolysis of water (H2O) to generate hydrogen (H2), which is then utilized in the thermal-catalytic 

hydrogenation of CO2 to produce CH4, known as CO2 methanation or the Sabatier reaction [2–9]. 

  

𝐶𝑂2(𝑔) + 4𝐻2(𝑔)  ↔   𝐶𝐻4(𝑔) + 2𝐻2𝑂(𝑔);  ∆𝐻𝑟𝑥𝑛
° = −165

𝑘𝐽

𝑚𝑜𝑙
 

 

Nickel (Ni) is commonly used as the active component in catalysts for this reaction due to its 

satisfactory CO2 conversion and CH4 selectivity under recommended conditions. Nickel is also 

more accessible and less expensive compared to other metals used for this purpose [3,5,10–14]. 

Nonetheless, since the reaction is exothermic, the reactor's temperature might exceed the desired 

range. This could trigger secondary reactions that reduce methane production and exceed 

sintering and coking temperatures, accelerating catalyst deactivation [3,5,10–14]. Ruthenium (Ru) 

is a promising alternative to Ni for the catalyst's active phase due to its superior dynamic stability 

[14] and enhanced resistance to thermal sintering [3,5,10–14] compared to nickel and other non-

noble metals. However, Ru is significantly more expensive than Ni [3,5,10–14]. 

 

To overcome these limitations, a method using multiple adiabatic fixed bed reactors in series, with 

cooling between each unit, has been adopted as the main technology. This approach, however, is 

complex in both design and operation, requiring higher capital investment [2,4,6,10]. As a result, 

various alternatives have been developed to potentially replace this technology.  Among these are 

honeycomb monolith reactors, microchannels, enhanced sorption, membranes, fluidized beds, 

slurry bubble columns, and plate heat exchangers [3,15–19]. 



22 
 

In addition, when using green hydrogen, it's important to consider the temporal variations in 

hydrogen load due to the intermittent nature of renewable energy sources like solar and wind. 

These variations can affect the effectiveness of the Sabatier reaction within the Power to Gas 

(PtG) process [3,4,14,15]. A steady-state operation proposes storing enough hydrogen to ensure 

a constant supply. However, this results in higher costs and operational limitations because of 

hydrogen's low density [3,4,14,15]. Therefore, Transient operation of the CO2 methanation reactor 

is still recommended to ensure flexible operation and rapid adaptation to inevitable fluctuations in 

hydrogen load [3,4,14,15]. 

 

According to the previously mentioned context, there is extensive research available on the 

industrial application of CO2 methanation. This includes detailed information on catalysts, kinetic 

expressions, and reaction mechanisms. Numerous studies also provide updates on technologies 

using this reaction to produce synthetic natural gas, like Power to Gas, Power to X, or Power to 

Methane. These publications play a critical role in advancing CO2 methanation reactor modeling, 

indicating that this field is well-covered in scientific literature. 

 

New updates for review publications in various areas of expertise have been released for this 

application. However, the most recent comprehensive review on CO2 methanation reactor 

modeling was authored by Ronsch et al. [19] in 2016. This review, titled “Review on methanation—

From fundamentals to current projects,” details methodologies, suggestions, and new challenges. 

 

For these reasons, this review article aims to compile and highlight significant information from the 

past decade on CO2 methanation reactor modeling. It focuses on research volume and updates 

on validation methodologies, reactor dimensions, time conditions, phases, effectiveness factor 

calculation, catalysts, kinetics expressions, boundary conditions, and assumptions for reactor 

modeling. The article explicitly addresses CO2 thermocatalytic methanation, excluding methane 
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or natural gas production via biological means, electrolysis, photocatalysis, and plasma 

processes. It concentrates solely on reactors, not covering process engineering aspects like plant 

simulation or control systems. 

 

1.2.Studies number: 2014-2024 

Between 2014 and 2024, 115 studies focused on modeling CO2 thermocatalytic methanation 

reactors. Of these, 64 studies examined fixed bed (FXB) reactors, while 51 explored newer 

technologies. Figure 1.1 illustrates that since 2014, FXB reactors have been the most commonly 

modeled, with the highest number of related studies published in 2020. 

  

 

 
Figure 1.1. Historical evolution of reactor modeling publications number in thermocatalytic CO2 

methanation.  Fixed bed,  Technological alternatives. 
 

Conversely, the number of modeling studies for technological alternatives increased over time, 

reaching a peak in 2022. From 2022 to 2024, annual publications on fixed bed technologies 
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declined in comparison to other technological alternatives. This pattern reflects what was 

highlighted in the introduction of this study, a trend towards developing more cost-effective and 

efficient technologies to replace the current CO2 methanation method, particularly the adiabatic 

fixed bed reactor train with intermediate cooling.  

 

1.2.1.Technological alternatives 

The honeycomb monolith (HM), microchannel (MC), enhanced sorption (ES), membrane (M), 

fluidized bed (FB), slurry bubble column (SBC), and plate heat exchanger (PHE) are prominent 

technological alternatives to the fixed bed, mainly due to their growing industrial significance in 

areas beyond CO2 methanation.  

 

Table 1.1 indicates that the reactor with the most publications is MC, as cited in the sources [43–

50]. It is followed by M with references [51–57], then HM as per [20,22–26], ES in [58–63], PHE 

with citations [64–67], FB found in [68–71], and finally, SBC as detailed in [72,73]. 

 

Additionally, options such as foams, fibers, milichannels, flat surfaces, plates, parallel channels, 

U-channels, spirals, catalytic tubes, and taps are acknowledged as alternatives to the fixed bed. 

Publications on these options are classified under other alternatives (OA). It's important to note 

that the number of OA articles represents the total count of papers from each reactor in this 

category. Notably, foams (from 2019, [74,75]), parallel channels (years 2019 and 2022; [76,77]), 

U-channel (also from 2019 and 2022; [77,78]), fibers (2020 and 2022; [79,80]), catalytic tube 

(years 2020 and 2021; [81,82]), and plate (2022 and 2023; [83,84]) each have 2 publications. In 

contrast, the millichannel (2019, [85]), flat surface (2020, [86]), and tap (2023, [87]) each have a 

single published paper.   
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Table 1.1. Number of publications of technological alternatives to fixed bed reactors. 

 

Year HM MC ES M FB SBC PHE OA 

2014 - - - 1 - - - - 

2015 1 - - - - - - - 

2017 - 1 - - - - - - 

2018 1 - - - - - 2 - 

2019 - - 1 1 - - - 4 

2020 - - 1 1 2 1 - 3 

2021 - 1 1 1 2 - - 1 

2022 1 3 - 2 - - 1 4 

2023 - 2 1 1 - 1 1 2 

2024 3 1 2 - - - - - 

Total Number of Studies 6 8 6 7 4 2 4 14 
HM: Honeycomb monolith; MC: Microchannel; ES: Enhanced Sorption; M: Membrane; FB: Fluidized bed; SBC: Slurry 
bubble column (SBC); PHE: Plate heat exchanger; OA: Other alternatives.  

 

The PHE and foam reactors saw the highest number of publications in 2018 and 2019, 

respectively. In 2020 and 2021, the FB reactor garnered the most attention in studies. Between 

2022 and 2023, the MC reactor led in the number of papers. Finally, in 2024, the honeycomb 

monolith reactor had the highest count of modeling publications. 

 

This section highlights the increasing diversity of research on technological alternatives to the FXB 

over time. MC, M, and ES reactors have consistently been the focus of modeling studies from 

2014 to 2024. There is also a significant increase in studies concentrating on HM and ES reactors. 

 

1.3.Countries where these studies have been carried out 

According to Figure 1.2.A, Europe dominates the field of chemical reactor modeling studies for 
CO2 methanation, conducting 64 out of 115 studies from 2014 to 2024. Figure 1.2.B further 
illustrates that Europe leads in various reactor studies compared to other regions: FXB (43 out of 
64), HM (4 out of 6), ES (4 out of 6), M (4 out of 7), SBC (2 out of 2), PHE (3 out of 4), and OA (9 
out of 14). 
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Figure 1.2. Number of publications in every continent per year (A) and reactor type (B).  

Europe,  Asia,  America,  Africa. 
 

 Germany leads in the number of modeling publications both in Europe and worldwide, contributing 

33 out of 115. Notably, Germany has also conducted modeling studies on many reactors featured 

in this research. This includes FXB models cited in references [22,30,53,73–75,88–105], HM in 

[22,23], MC in [45,46], M in [53], SBC in [72,73], PHE in [64], foams in [74,75], fibers in [79,80], 

flat surface in [86], and tap in [87]. Germany is the global leader in FXB publications, contributing 
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24 out of 64 publications. It is also the only contributor to SBC, foam, flat surface, and tap models 

to date. 

 

The remaining publications from Europe include contributions from Spain [25,59,62,85,106–110], 

Italy [60,61,65,83,111–113], France [114–119], Switzerland [67,120–122], Portugal [51,56], the UK 

[54], Greece [54], Cyprus [54], Norway [24], Sweden [84], and Finland [65]. Spain [59,62] and Italy 

[60,61] lead in the number of ES reactor modeling studies worldwide. Spain is unique in having 

conducted the only study on millichannel reactors to date [85], and Portugal [51,56] stands out 

with a higher volume of publications on M reactor modeling compared to the other countries 

discussed in this paper. Figure 1.2.A illustrates that from 2014 to 2024, Asia ranks as the second 

continent in terms of the number of reactor modeling articles focused on the Sabatier reaction, 

accounting for 30 out of 115 articles. Figure 1.2.B indicates that Asia is unique in featuring studies 

on FB reactor models [68–71], emphasizing that CO2 methanation is the primary reaction in all 

instances. China leads in Asia and ranks second globally, with 12 articles, predominantly focusing 

on FXB [26,123–129], HM [24,26], and, M [55], and FB [69] types of reactors. 

 

Countries across the Asian continent, including Japan [26,58,81,82,124,126,127,129–131], South 

Korea [68,70,71,132,133], India [43,76–78], Iran [48,57], Kuwait [54], Singapore [69], and Taiwan 

[134], have also contributed to the research on CO2 methanation reactor modeling. To date, on a 

global scale, Japan stands out as the only nation with studies on catalytic tube reactors [81,82], 

while South Korea boasts the highest number of publications on FB reactors [68,70,71]. As for 

India, it is notable for having the sole investigations into the parallel channel [76,77], U-channel 

[77,78], and spiral [78] reactors to date. 

 

In the Americas, 22 out of 115 studies on reactor modeling for the Sabatier reaction have been 

published between 2014 and 2024 (see Figure 1.2.A). Across this continent, the most frequently 
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researched reactor on a global scale is the MC reactor [44,47,50] (refer to Figure 1.2.B). Canada 

stands out in the Americas with 10 out of 115 articles, making it the third leading nation, alongside 

Japan, in publications on CO2 methanation reactor modeling. Research in Canada has focused 

on FXB reactors [52,135–139], MC [47,50], ES [63], M [52], and plate reactors [83]. 

 

Across the American continent, countries like Chile [20,44,47,50,140,141], the USA [54,89], 

Argentina [79,80], Ecuador [107,108], Mexico [25], and Colombia [66] have conducted research 

on modeling reactors for the Sabatier reaction. Among these nations, Chile is notable for having 

the highest number of publications (6 out of 115). This country has produced studies on FXB 

[140,141], HM [20], and MC [44,47,50] reactors, offering a wider range of research topics 

compared to other American countries, excluding Canada. 

 

Africa, as the final continent, is represented by South Africa. In this instance, South Africa is 

notable for a modeling study conducted in 2017, which was published by Engelbrecht et al., [49]. 

This research focuses on the MC reactor and has served as a foundation for subsequent studies 

published in the following years [43–48,50] concerning this reactor. 

 

Hence, between 2014 and 2024, Asia and the Americas have ramped up their modeling studies 

on different CO2 methanation reactor types, indicating their intention to develop technologies for 

synthetic natural gas production like Europe. These technologies strive to be more efficient and 

cost-effective than the traditional adiabatic fixed bed reactor train with intermediate cooling. 

 

1.4.Models validation 

Table 1.2 highlights the distribution of publications on experimentally validated CO2 methanation 

reactor models. It shows that FXB, MC, M, and OA research is mainly validated theoretically, unlike 

ES and SBC reactors. Meanwhile, HM, FB, and PHE have an equal balance of theoretical and 
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experimental validation. Ideally, modeling research with experimental validation should be more 

common because it is essential for defining the right conditions to ensure the model accurately 

represents real reactor behavior, enhancing the scientific value and contribution of the findings. 

 

Table 1.2. Modeling studies number for CO2 methanation reactors with experimental validation. 

 

Reactor Experimental Validation with Own Data 
Studies 
Number  

 FXB 
[51,73,75,89,92,95,98,99,103,105,107,110–

112,119,120,123,124,127,130,133,137] 
22/64 

HM [23–25] 3/6 

MC [49,50] 2/8 

ES [58–60,62] 4/6 

M [51,55,57] 3/7 

FB [68,69] 2/4 

SBC [72,73] 2/2 

PHE [64,67] 2/4 

OA [75,79–83,85,87] 8/14 

 

1.4.1.Theoretical validation. Methodologies. 

Securing full funding for experimental validation of a reactor's mathematical model is not always 

feasible, making theoretical validation essential. This approach confirms the accuracy of the 

outcomes derived from the reactor modeling. To achieve this, the following theoretical validation 

techniques have been employed:  

• Evaluation against experimental data provided by various researchers 

[43,45,46,48,54,56,61,71,84,86,88,99,113,124–126,128,129,131,134,140,141]. 

• Comparison with simulation outcomes from different researchers [54,71,101,115,138,139]. 

• Obtain results in the kinetic regime condition as referenced by others [20,53,63,74,76–

78,88,94,113,115,116,128]. 

• Achieve outcomes under the state of chemical equilibrium [20,115,116,136]. 

• Acquire outcomes for a first order reaction under conditions of isothermal plug flow [22]. 
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• Investigating the idle state where there is a halt in gas flow and no external heat input or 

removal [116]. 

• Contrasting non-reactive fluid dynamic behavior with experimental findings [70]. 

• Evaluating thermal resistance models for cases involving non-reactive stationary fluid [22]. 

• Examining the calculated heat transfer coefficient for the reactor shell [140].  

 

The most frequently employed technique for validating reactor simulations is in comparison with 

experimental data from other researchers. This approach is essential for simulating reactors with 

the same dimensions and conditions as those in the reference study. While the model isn't tailored 

to the specific reactor data of interest, it demonstrates the model's ability to represent actual 

reactor behavior under various conditions. Comparing with other authors' simulations requires 

adjusting the model to match the reference study's conditions and information. This validation is 

valuable as it serves as an alternative when experimental data isn't available and confirms the 

model's effectiveness by achieving similar results to cited modeling work. 

 

The kinetic regime is a second essential approach. This requires that the model matches the same 

space velocity/catalyst loading and operating conditions as the experimental reactor from which 

the kinetic expression was derived. Key reactor parameters, such as catalyst size, velocity, thermal 

conductivity, length, and diameter, must be adjusted to eliminate mass and heat transfer 

resistances, ensuring isothermal conditions and constant pressure. Consequently, the model must 

replicate trends observed during catalytic evaluation for accuracy. Additionally, studies have 

validated the model by achieving chemical equilibrium, requiring similar parameter adjustments 

except for a sufficiently low flux value. Results are compared with literature data, particularly for 

CO2 methanation, considering temperature, pressure, H2/CO2 ratio, and mole fractions. This dual-

condition analysis is crucial for verifying the model's functionality by comparing results with 

experimental data. 
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The rest of theoretical validation methods are useful for verifying the reactor model's effectiveness. 

This involves checking if results match analytical solutions from literature, like a first-order reaction 

in an isothermal plug flow reactor or align with experimental data on fluid dynamics and thermal 

properties in non-reactive situations. Therefore, modeling studies with theoretical validation are 

crucial for expanding knowledge as they help predict reactor behavior. This is beneficial for 

advancing future experimental and modeling efforts concerning CO2 methanation reactors. 

 

1.5.Dimensions 

Figure 1.3 shows that the one-dimensional (1D) model is the most used in CO2 methanation 

reactor modeling, featured in 55 studies from 2014 to 2024. In contrast, two-dimensional (2D) and 

three-dimensional (3D) models were used in 33 and 35 studies, respectively. Since 2015, the 1D 

model has predominantly been used for the FXB reactor, peaking in 2020 (as shown in Figure 

1.3.A). After this, the 3D model became the most studied annually, except in 2022. The 2D model 

consistently ranked second each year, with exceptions in 2016 and 2022. Technological 

alternatives to the FXB reactor (depicted in Figure 1.3.B), have shown growth across different 

model dimensions, with the 1D model peaking in 2020 and the 2D and 3D models peaking in 

2022. In 2022, the number of publications for all three model dimensions was nearly equal. 
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Figure 1.3. Dimensions used in reactor modeling of thermocatalytic CO2 methanation. Historical 

evolution.   One-dimensional (1D),  Two-dimensional (2D),  Three-dimensional (3D). 
 

Table 1.3 shows the distribution of dimensions used in modeling methanation reactors. The FXB 

reactor has conducted 33 studies with the 1D model, 17 with the 2D model, and 18 with the 3D 

model. In contrast, other reactors have conducted 23 studies using the 1D model, and 16 studies 

each for the 2D and 3D models. 
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Table 1.3. Dimensions used in modeling studies for CO2 methanation reactors. 
 

Reactor  1D 
Studies 
Number 

2D 
Studies 
Number 

3D 
Studies 
Number 

FXB 

[22,30,52,53,71,73,88–
94,96,97,99,100,102,105,109–

112,115,116,120–122,131,132,135–
137] 

33 
[53,54,74,75,95,98,99,101–
104,114,117–119,124,134] 

17 
[26,99,106–

108,113,123,125–
130,133,138–141] 

18 

HM - 0 [20,22,23] 3 [24–26] 3 

MC [44,46] 2 [45,48] 2 [43,46,47,49,50] 5 

ES [58–60,62,63] 5 [61] 1 - 0 

M [51–53,56,57] 5 [54,55] 2 - 0 

FB [69,71] 2 [70] 1 [68] 1 

SBC [72,73] 2 - 0 - 0 

PHE [64,67] 2 - 0 [64–66] 3 

OA [79,80,84,87] 4 [74–78,81,82] 7 [83–86] 4 
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The ES (5), M (5), FB (2), and SBC (2) reactors have mainly been studied in a one-dimensional 

context. Regarding OA, seven studies focus on the 2D case, examining foam, catalytic tube, 

parallel channel, U-channel, and spiral reactors. For MC and PHE reactors, most research 

involves 3D modeling, with five and three studies, respectively. The HM reactor has an equal 

number of studies for both 2D and 3D models. 

 

From the trends shown in the previous paragraphs, the text highlights that most studies have used 

one-dimensional (1D) models, particularly for FXB reactors, due to their simplicity and lower 

computational costs compared to 2D and 3D models. These models provide an initial 

approximation of catalytic and thermal performance and can be very accurate for reactors with 

excellent radial mixing, such as FB and SBC reactors. However, in cases where reactors have 

significant radial concentration and temperature gradients, especially due to size or operating 

conditions, 1D models may not suffice. In these instances, more comprehensive 2D or 3D models 

are necessary to ensure accurate results, particularly if experimental verification is unavailable. 

 

1.5.1.Comparative studies for different model dimensions   

Literature includes modeling studies that have compared results across various dimensional 

scales. Schlereth et al., [53] highlighted that while 1D pseudohomogeneous models offer a basic 

understanding of qualitative trends in the FXB reactor, 2D pseudohomogeneous models are 

preferred for more accurate quantitative results. These models should be validated using available 

experimental data specific to this reactor type. Conversely, Gruber et al., [64] found that in a PHE 

reactor, temperature profiles from 1D and 3D pseudohomogeneous models exhibit minimal 

differences with small catalyst sizes (128-160 µm). However, with larger catalytic particles (750 

µm), a notable temperature difference of 5 K appears between the models. For CO2 conversion, 

there is a consistent 5% difference in model results, regardless of catalyst size. Furthermore, the 

research by Fischer et al., [102] demonstrated that there are no significant differences in maximum 
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CO2 conversion predictions between 1D and 2D models for an FXB reactor in either 

pseudohomogeneous or heterogeneous phases. However, differences appear in the reactor's 

dynamic behavior. The 1D model satisfactorily predicts the axial behavior but fails to accurately 

predict the time trend, as the 2D model shows a faster temperature increase under conditions of 

substantial thermal resistance. Similarly, Gruber et al., [99] performed a comparative analysis of 

various dimensional scales in FXB reactor modeling. They concluded that their model accurately 

reflects the experimental results regarding the reactor's temperature profile, with no significant 

differences between the predictions of 1D and 2D models, both of which are considered 

pseudohomogeneous. Meanwhile, Blauth et al., [46] conducted kinetics parameters fitting using a 

pseudohomogeneous model for a MC reactor on both 1D and 3D scales. To assess the results 

from both models, they averaged the 3D model's calculated properties over the reactor's cross-

sectional area to create a one-dimensional profile. The discrepancy between the two models was 

found to be less than 1%, indicating that the 1D model is sufficient for determining the kinetic 

parameters of a MC reactor, while also reducing computational costs. In a related study, Omojola 

et al., [84] conducted a comparative analysis of a 1D and a 2D pseudohomogeneous model in a 

plate reactor context. Using existing literature data for model validation, they concluded that the 

2D model was more suitable for their research objectives. 

 

The examination of these comparative studies highlights the significance of evaluating the 

performance of the reactor's mathematical model in 1D, 2D, and 3D scales under specific 

operational conditions. This assessment is crucial to determine if simplifying the model's 

complexity is feasible, which could potentially reduce computational costs. 

 

1.6.Dynamic studies 

Figure 1.4 highlights the historical progression of research on dynamic modeling of CO2 

methanation reactors. 
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Figure 1.4. Historical evolution of dynamic reactor modeling of thermocatalytic CO2 

methanation.  Steady-state (SS),  Non-Steady-state (NSS). 
 

As shown in Figure 1.4.A, there is a increase in non-steady-state investigations of FXB reactors 

starting in 2016, peaking by 2019 and 2022. Figure 1.4.B, shows a rise in dynamic modeling 

studies for other technological alternatives to FXB, beginning in 2020 and continuing to grow and 

develop to the present. Table 1.4 reveals that most reactor modeling has focused on steady-state 

conditions. Among dynamic studies, FXB reactors have more publications (24 out of 64) than other 

technologies (16 out of 51). 



37 
 

The ES reactor is an exception, operating under dynamic conditions due to changes in active 

catalyst sites influenced by the adsorbent used [58–63]. In the field of dynamic studies, research 

has concentrated on reactor start-up behavior [47,94,137], the effects of catalyst deactivation 

[45,52,57,135], and the dynamics of interfacial displacement [126]. Ngo et al., [68,70] specifically 

investigated the temporal displacement of the interphase in FB. 

 

Table 1.4. Dynamics studies for CO2 methanation reactors. 

 

Reactor Non-Steady-State 
Studies 
Number 

FXB 
[30,52,73,90–94,96,97,100–102,104,105,115–118,126,135–

137,141] 
24/64 

HM [20] 1/6 

MC [45,47] 2/8 

ES [58–63] 6/6 

M [52,57] 2/7 

FB [69,71] 2/4 

SBC [72,73] 2/2 

PHE [67] 1/3 

 

1.6.1.Studies of reactor response to fluctuations 

Section 1.5 highlights that most contributions focus on steady-state modeling (76) rather than 

dynamic conditions (40) for reactors used in the Sabatier reaction. These steady-state studies are 

crucial for understanding continuous processes. However, as noted in section 1.1, the intermittent 

nature of renewable energy sources, which produce green H2 for industrial purposes, leads to 

variations in the feed flow.  

 

Table 1.5 outlines studies on the dynamic behavior of CO2 methanation reactors as operational 

parameters change over time. Researchers have investigated the effects of sudden changes in 

several factors: i) green H2 load (5 studies), ii) total feed flow (16 studies), iii) inlet temperature (3 
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studies), iv) cooling temperature (5 studies), and v) outlet pressure (1 study) on reactor 

performance.  

 

The FXB (17) reactor has been the focus of research on how fluctuations affect the dynamic 

response and performance of the Sabatier reaction. In comparison, there have been two dynamic 

studies on the SBC reactor, but only one study each for the PHE and HM reactors. The step 

change in fluctuation functionality has been the most extensively researched, with studies showing 

occurrences of 9 for FXB, and 1 for SBC, PHE, and HM. 

 

This scenario poses significant challenges in achieving a new steady-state 

[20,67,73,91,92,100,102,105,118,118,136,141]. In contrast, ramp functionality was observed 5 

times for FXB, and once for both SBC and HM. There's also interest in analyzing the dynamic 

response and recovery time of the FXB reactor to fluctuations involving multiple steps, noted 4 

times, or other functionalities, noted once [116]. Additionally, research has explored scenarios 

where the FXB feed flow fluctuation shows an oscillatory pattern, whether regular (1, [93]) or 

irregular (1, [30]). 

 

Comparative analyses on the impact of fluctuation functionality on reactors' dynamic behavior 

have been documented. Initially, Try et al., [118] found that in an FXB reactor, a gradual change 

(ramp perturbation) in cooling temperature causes a less pronounced temperature increase than 

a sudden change (step fluctuation). Conversely, Theurich et al., [92] noted that in an adiabatic 

FXB reactor, a sudden feed flow change (step perturbation) leads to more significant dynamic 

variation than a slow, prolonged fluctuation (ramp type). Lastly, Perez-Vilela & Garcia [20] showed 

that in an HM reactor, a new stable condition is achieved more quickly with a gradual feed flow 

fluctuation (ramp) than with a sudden change (step).
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Table 1.5. Analysis of the CO2 methanation reactor's dynamic response to perturbations in operational variables. 

 

Operational Variable 
Perturbated 

Reactor 
Perturbation Functionality 

Step Ramp 
Multiples 

Step 
Sinusoidal 

Irregular 
Oscillations 

Others 

Inlet Flow  

FXB [73,92,100,102,105,118,141] [92,96,116,117] [90,97,100] - [30] - 

SBC [73] [72] - - - - 

PHE [67] - - - - - 

HM [20] [20] - - - - 

H2 Load FXB  [105,141]  [116]  - [93]   [30] - 

Inlet Temperature FXB [91,118,136] - - - - - 

Coolant Temperature FXB [91,100,118] [118] [100,104] - - [116] 

Outlet Pressure FXB [118] - - - - - 
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Despite investigations into the effects of sudden changes in feed flow on the performance of SBC, 

PHE, and HM reactors, and comparative analyses on how load perturbation affects the dynamic 

response of the HM reactor [20], there remains a notable lack in dynamic studies exploring how 

different feed flow fluctuations and other operational parameters impact CO2 methanation 

performance across all technological alternatives to FXB. 

 

1.7.Phase 

Figure 1.5 shows the trends from 2014 to 2024 in using pseudohomogeneous (PH) and 

heterogeneous (HET) phases to model CO2 methanation reactors. In studies of the FXB reactor, 

the PH phase has been the focus of most research (35 studies) compared to the HET phase (33 

studies). For different reactor types, HET phase research (26 studies) slightly exceeds PH phase 

research by one study. Historically, PH phase studies for the FXB reactor were more common in 

2016, 2017, and 2021, whereas HET phase modeling was more prevalent in 2019, 2020, 2022, 

and 2023 (Figure 1.5.A).  

 

In contrast, the growth of PH studies in alternative technologies to the FXB reactor peaked in 2022 

(Figure 1.5.B). Simultaneously, studies using the HET phase for modeling reactors other than the 

FXB have been increasing since 2019, reaching their highest point in 2023, indicating annual 

growth in the use of this phase. 
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Figure 1.5. Historical evolution of utilization of different phases in reactor modeling of 

thermocatalytic CO2 methanation.  Pseudohomogeneous,  Heterogeneous. 
 

Table 1.6 outlines the distribution of studies using various phase types for CO2 methanation 

reactors. Studies with ES, FB, and SBC reactors are typically HET. In contrast, HM, MC, and PHE 

reactors have an equal number of studies in both phases. M and OA reactors are mainly modeled 

in the PH phase.  
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Table 1.6. Phases used in modeling studies for CO2 methanation reactors. 

 

Reactor PH 
Studies 
Number 

HET 
Studies 
Number 

FXB 
[51–53,73,88,95–105,107–

113,116,124,125,128,129,131–
134,136,142,143] 

35 
[22,26,30,53,54,71,74,75,89–
94,99,102,106,110,114,117–
123,126,127,130,138–141] 

33 

HM [23–25] 3  [20,22,26] 3 

MC [43,45,46] 4 [47–50] 4 

ES  - 0 [58–62]  6 

M [51–53,55–57] 6  [54] 1 

FB - 0  [68–71] 4 

SBC - 0  [73] 2 

PHE [66,67] 2 [64,66] 2 

OA [76–78,81–87] 10  [74,75,79,80] 4 

 

There are nearly equal studies for PH phase (25) and HET phase (26) in reactors, excluding FXB. 

For FXB reactors, there is a slight difference between the number of studies in the PH phase (35) 

and the HET phase (33), leading to a similar conclusion. 

 

In certain scenarios, resistance to mass and energy transfer can be overlooked for some 

technological alternatives to the FXB reactor, but not for the FXB reactor itself. Literature indicates 

that catalyst particles in the FXB reactor are larger than in other reactor types mentioned in the 

article. Other reactor types, where catalysts are coated on walls of channels or structures such as 

HM, MC, PHE, foams, and fibers, benefit from increased mass and heat transfer due to smaller 

catalyst size and larger specific surface area. 

 

Consequently, using the PH phase simplifies the reactor’s mathematical model and reduces 

computational costs, but it’s essential to ensure that mass and energy transport resistances 

between phases are negligible. This can be done by following criteria or approximations from 

existing literature. If these criteria aren’t met, the results from a PH model may be unreliable, 

requiring a HET model for more accurate predictions.  
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1.7.1.Comparative studies for different reactor model dimensions   

In the literature on CO2 methanation reactor modeling, comparisons between PH and HET models 

have mainly focused on FXB reactors. Initially, Schlereth et al., [53] found minimal divergence 

between PH and HET models when catalyst particle size is small and when both pore radius and 

Reynolds number are high. Conversely, Fischer et al., [102] highlighted the significance of 

inter/intraparticle mass and heat transfer limitations for accurate dynamic predictions. Although 

the PH model effectively captures concentration and temperature trends and estimates maximum 

CO2 conversion accurately, it differs significantly in the time of reaching a new steady-state after 

feed changes compared to the HET model. This is because the PH model does not account for 

mass and energy transport limitations, especially within the catalyst. Furthermore, Gomez-Bravo 

et al., [110] indicated that their model required consideration of mass and heat transfer resistances 

to better match experimental results, suggesting the PH model is unsuitable in this context.  

  

The analysis of this section confirms that comparative studies between models at different phases 

are beneficial. They help confirm the applicability of using a PH model and identify suitable 

operational conditions for its use in both steady-state and dynamic studies. 

 

1.8.Effectiveness factor 

Figure 1.6 shows the historical development of methods used to determine the effectiveness 

factor. Most studies use the formal definition, where concentration and temperature profiles within 

the catalyst are established, indicating significant transport limitations. The effectiveness factor is 

calculated by taking the ratio of average catalyst reaction rate to the reaction rate at the solid 

surface. Table 1.7 and Table 1.8 provide data on methods for determining the effectiveness factor 

in reactor modeling. 
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Figure 1.6. Effectiveness factor in reactors modeling of CO2 methanation. Historical Evolution.

 Constant Value,  First order reaction, spherical catalyst,  First order reaction, flat 

catalyst,  Formal Definition. 
 

Table 1.7. Effectiveness factors used in modeling studies for CO2 methanation reactors. Formal 
definition and constant value. 

 

Parameters Formal Definition 
Studies 
Number 

Constant Value 
Studies 
Number 

FXB 

[22,26,30,53,54,71,74,7
5,90–

93,99,102,110,114,117–
119,123,138,139] 

22 
[92,94,96,104,109,11
3,115,116,124,126,12
8,129,132,140,141] 

15 

HM [20,26] 2 - 0 

MC [45,47,49,50] 4 - 0 

ES [61,63] 2 - 0 

M [54] 1 - 0 

FB [71] 1 [68] 1 

OA [74,75,79,80] 4 - 0 
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Table 1.8. Effectiveness factors used in modeling studies for CO2 methanation reactors. First 
order reaction expression for different catalyst shapes. 

 

Parameters Sphere  
Studies 
Number 

Flat 
Studies  
Number 

FXB 
[52,73,88–90,92,94,98,101,120–

122,131,137] 
14 [95,99] 2 

M [52,57] 2 - 0 

PHE [64] 1 - 0 

SBC [72,73] 2 - 0 

 

In FXB reactor studies, formal definition is the most common method used to calculate the 

effectiveness factor, applied in 22 out of 64 cases. Less frequently, a constant value is assigned 

(15 cases) or theoretical expressions for first-order reactions on spherical (14 cases) and flat (2 

cases) catalysts are used. For non-FXB reactors, the formal methodology is used in MC (4/8), OA 

(4/14), HM (2/6), ES (2/6), M (1/7), and FB (1/4) reactors. The first-order reaction expression for 

spherical catalysts is employed in M (2/7), SBC (2/2) and PHE (1/4) reactors. The assumption of 

a constant effectiveness factor is applied in the FB (1/4) reactor. 

 

Many modeling studies focus on estimating the effectiveness factor (66), with 31 conducting this 

rigorously to enhance credibility by considering catalyst intraparticle restrictions. However, 49 

studies assume an effectiveness factor of one, indicating no transport resistance, either due to 

suitable operating conditions or for model simplification. Specifically, 49 out of 64 studies on the 

FXB reactor calculate the effectiveness factor, compared to 17 that assume no intraparticle 

resistance. For other reactor types, the opposite trend is observed, attributed to factors like 

operating conditions, model simplification, or exclusion of mass and heat transfer limitations due 

to catalyst size in specific scenarios such as HM, MC, PHE, foams, fibers, tap, flat surface, plate, 

parallel channels, U-channel, and spiral. 
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1.8.1.Effectiveness factor in PH models and comparative studies 

Some studies using PH phase have addressed catalysts diffusional limitations by either using a 

fixed value or a theoretical formula to determine the effectiveness factor 

[52,57,64,72,73,88,95,96,98,99,101,104,109,113,115,116,124,128,129,131,132,137]. Employing 

a constant value simplifies the mathematical model and reduces computational costs 

[101,104,115,116]. For instance, Matthischke et al., [94] found that in an FXB reactor with cooling, 

the effectiveness factor (calculated with the expression for first reaction order in a spherical 

catalyst) stayed constant along the axial direction under certain conditions, supporting the use of 

a fixed value. However, in an adiabatic FXB reactor, this factor increased significantly at chemical 

equilibrium. Di Nardo et al., [113] adjusted the factor to align model predictions with experimental 

data, consistent with results from Kiewidt et al., [88] under similar conditions. Ngo et al., [132] used 

a similar method but noted that this approach limits transient simulations [98,99], and requires 

adjustment if catalyst structure or size changes [124]. In another approach, Li et al., [128] 

developed an empirical formula linking the effectiveness factor to temperature. Furthermore, 

Scharl et al., [98] used a theoretical equation for a first reaction order in a spherical catalyst, 

suitable for high temperatures but cautioned against its use at low temperatures. 

 

The use of effectiveness factor expressions for PH models is feasible once validated by 

experiments, and these expressions depend on catalyst characteristics, temperature, and 

operating conditions. New approaches have been developed to simplify effectiveness factor 

calculations, yielding results comparable to experimental data or complex models [99,128]. These 

efforts involve creating concentration profiles within the catalyst at different temperatures and 

surface mole fractions [99,128]. Insights from these studies help reduce reactor model complexity 

and minimize computational costs related to mass and heat transport limitations within the 

catalyst. 
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1.9.Catalyst 

As stated in section 1.1, Nickel (Ni) is the catalyst most used in CO2 methanation. Nonetheless, 

as pointed out in the introduction section, the Ruthenium (Ru) catalyst is the second most 

frequently used choice. Figure 1.7 shows the historical development of using these catalysts in 

CO2 methanation reactor modeling research. 

 

 
 

Figure 1.7. Catalysts used in reactor modeling of CO2 methanation. Historical evolution.  Ni, 

 Ru. 
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From 2014 to 2024, Ni has been predominantly used in FXB reactor modeling, appearing in 59 

instances (Figure 1.7.A), whereas Ru was used in only 9 cases. In other reactor types, Ni was 

used in 39 studies, and Ru appeared in 14 studies (Figure 1.7.B).Table 1.9 highlights studies using 

Ru as a catalyst. Ru is predominantly used in MC reactor modeling, with only one study not using 

it. However, in other reactor types like FXB (9 out of 64), HM (1 out of 6), ES (2 out of 6), and M 

(3 out of 7), fewer studies have used Ru compared to Ni. 

 

Table 1.9. Studies that have employed Ru as a catalyst in the modeling of CO2 methanation 
reactors. 

 

Reactor Ru Studies Number 

FXB [22,51,113,120–123,128,134] 9 

HM [20] 1 

MC [43–49] 7 

ES [59,62] 2 

M [51,55,56] 3 

OA [86] 1 

 

1.9.1.Comparative studies regarding catalysts in reactor modeling studies   

Four research papers have evaluated catalysts in modeling studies, focusing on Ru and Ni. Chein 

et al., [134] demonstrated that Ru yields higher catalytic activity for CO2 methanation than Ni in a 

FXB reactor results. Conversely, Moioli et al., [121] highlighted the importance of catalytic activity 

for the Sabatier reaction in an FXB reactor. Despite the thermodynamic and diffusional limitations 

linked to Ru's higher catalytic activity compared to Ni, both catalysts achieve the same maximum 

conversions. Ru is preferred due to its ability to handle thermodynamic limitations without needing 

a cooling system for significant CO2 conversions. In contrast, using Ni requires altering its 

properties and using more of it to match Ru's performance. Ru is especially advantageous for 

small-scale systems despite its higher cost. Additionally, Moioli et al., [120] studied a FXB reactor's 

performance with Ni, Co, and Ru catalysts. While Ru showed lower activation temperatures and 
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higher CO2 conversion, its high cost is a drawback compared to Ni and Co. Therefore, the authors 

recommended using a single reactor divided into three sections with the more affordable Ni 

catalyst, supported by a mechanistic study to optimize the design. Lastly, Pérez-Vilela & García 

[20] examined the dynamic response of a HM reactor with reduced H2 load using Ni or Ru 

catalysts. They confirmed previous findings on the steady-state benefits and noted Ru's higher 

catalytic activity affecting diffusional limitations (Moioli et al., [121]). Their study showed that 

although Ru causes a more significant temperature shift after H2 flow reduction, the recovery time 

to a new steady-state is unchanged, and there is no hot spot displacement. They also found that 

the reactor's outlet temperature remained stable, ensuring CO2 conversion at the outlet was 

unaffected by changes in H2 flow, regardless of the catalyst used.     

 

Hence, the Ru catalyst is preferred over the Ni catalyst due to its lower activation temperature, 

better CO2 conversion, and improved resistance to deactivation through sintering. Additionally, the 

Ru catalyst demonstrates dynamic stability at high catalytic activity levels. However, in cases of 

budget constraints, the Ni catalyst is a suitable alternative. Reactor models using the Ru catalyst 

can serve as benchmarks for designing Ni catalyst systems to achieve similar benefits. 

 

1.10.Kinetics 

Figure 1.8 illustrates the progression over time in the application of CO2 methanation reaction rate 

expressions within reactor modeling research. 

 

The Xu-Froment expression is the most frequently used kinetic model, with 40 instances of usage, 

peaking in studies from 2022. Originally derived from a nickel catalyst, it accounts for CO2 

methanation, steam reforming, and the Water Gas Shift [144]. It was initially developed for the 

steam reforming process, suitable for temperatures of 300-575 °C and pressures of 3-15 atm, 

conditions not ideal for CO2 methanation [19,144,145].  
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Figure 1.8. Reaction rate expressions used in reactors modeling of CO2 methanation. Historical 

Evolution.  Xu-Froment,  Koschany,  Lunde-Kester,  Falbo,  Power Law 

(Others),  LHHW (Others),  Dynamic/Microkinetics (Others). 
 

However, researchers have adjusted the Xu-Froment kinetic parameters to match experimental 

results for the Sabatier reaction [52,65,75,79,80,119,137]. This modification has enhanced the 

expression's applicability in modeling methanation reactors with a nickel catalyst. 

 

As an alternative to the Xu-Froment expression, the Koschany reaction rate expression has been 

adopted, with this second option being frequently used in modeling articles (27). It gained traction 

in reactor modeling articles starting in 2018, with a peak in 2019, and has been more widely used 

than the Xu-Froment expression since 2023. Koschany's expression shows higher activity and 

selectivity for CH4 without forming CO, indicating the absence of CO methanation and Reverse 

Water Gas Shift reactions [146]. Additionally, this kinetic expression is effective within temperature 

and pressure ranges of 180-340 °C and 1-15 atm, suitable for CO2 methanation. 

 

As a third alternative, power law type equations are commonly used in modeling CO2 methanation 

reactors, specifically for Ni and Ru. Out of 24 contributions, 12 studies developed their own 
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equations [23,46,49,50,69,73,85,86,103,106–108], while the rest utilized existing ones from the 

literature [26,55,99,120,130,139]. The adoption of power law equations from other authors has 

increased since 2016, reaching its highest in 2020 and 2022. By 2024, the number of studies using 

power law equations exceeded those using Koschany's equation. 

 

Other authors' Langmuir-Hinshelwood-Hougen-Watson (LHHW) expressions are the fourth most 

frequently used, with 22 instances, mainly applied to Ni catalysts. Since 2016, there has been a 

rising trend in papers using these expressions, peaking in 2023. Afterward, the number of 

modeling papers using LHHW expressions equaled those using Koschany's expression.  

 

Given that there are fewer studies employing Ru as a catalyst, this is also evident in the limited 

number of research papers utilizing the Lunde-Kester (4) and Falbo (10) reaction rate expressions. 

The Lunde-Kester expression works effectively for methane (CH4) production at temperatures 

between 200-350 °C and a pressure of 1 atm [147]. Falbo modified this expression, expanding its 

applicability to pressures from 1 to 7 atm for temperatures of 250-410 °C [148].  

 

Since 2020, research has developed more complex kinetic expressions than those previously 

used, such as LHHW and power law. Three studies have applied non-stationary kinetics 

specifically for the ES reactor [58,59,62], based on their experimental findings, while another study 

used a reaction rate expression from microkinetic theory [89].   

 

Table 1.10 highlights that the Xu-Froment and Koschany reaction rate expressions are mainly 

used in FXB reactor modeling. Xu-Froment accounts for side reactions in the Sabatier reaction, 

while Koschany is tailored for a selective Ni catalyst for CH4 production. In contrast, alternative 

technologies like MC and SBC primarily use power-law-type rate expressions, as shown in Table 

1.11 .On the other hand, the PHE reactor primarily uses LHHW-type reaction rate expressions for 
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its modeling. Similarly, the ES reactor employs LHHW-type expressions but distinguishes itself by 

focusing on reaction rate expressions for non-stationary conditions, as active catalyst sites change 

over time. The FB and OA reactors extensively use the Xu-Froment reaction rate expression in 

their modeling. Both HM and M reactors incorporate LHHW and power-law type reaction rate 

expressions in their studies. 

 

As discussed in this section, if determining a reaction rate expression for a CO2 methanation 

reactor is not feasible due to budget constraints, selecting an appropriate kinetic expression that 

aligns with the study's goals is crucial. For studies using Ni as a catalyst with a focus on high CH4 

selectivity and no side reactions, the Koschany expression is recommended for its versatility in 

temperature and pressure. If the study also considers CO methanation and Reverse Water Gas 

Shift reactions, the Xu-Froment expression is preferable, utilizing kinetic parameters from literature 

concerning Sabatier conditions. For studies using Ru, the Falbo expression is suggested, because 

this is an improvement upon the Lunde-Kester expression. Alternatively, power-law or Langmuir-

Hinshelwood-Hougen-Watson (LHHW) type expressions from the literature can be chosen to 

match the specific operating conditions, catalyst features, and reactor dimensions. 

 

1.10.1.Comparative studies with different reaction rate expressions  

In addition to the comparative studies from section 1.9.1, four more research works in the literature 

have explored different reaction rate expressions.  Firstly, Bremer et al., [101] examined the effects 

of two Ni catalysts with different catalytic activities on a steady-state FXB reactor. They used 

specifically reaction rate expressions of Xu-Froment and Koschany, to represent each catalyst's 

activity. The Koschany expression showed greater catalytic activity than the Xu-Froment 

expression. The study produced ignition-extinction curves and found that higher catalyst activity 

leads to sharper, more localized hot spots in different reactor locations.  
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Table 1.10. Kinetic expressions used in modeling studies for CO2 methanation reactors. Langmuir Hinshelwood-Hougen Watson 

expressions. 

Reaction 
Rate 

Expression 
Xu-Froment 

Studies 
Number 

Koschany 
Studies 
Number 

LHHW 
(Others) 

Studies 
Number 

FXB 
[22,52,53,71,75,99,101,104,109,111,112,114–

117,119–121,125,135,136,143] 
22 

[30,74,90–94,96–
102,105,121,132,140,141] 

19 [98,99,118,130,134] 13 

HM [22] 1 [20,24] 2 [25,26] 2 

MC - 0 - 0 [45] 1 

ES [63] 1 [60,61] 2 [63] 1 

M [52,53,57] 3 - 0 [54] 1 

FB [68,70,71] 3 - 0 - 0 

PHE [65,67] 2 [64,66,67] 3 - 0 

OA [74–80] 7 [74] 1 [81–84,87] 5 

 
 

Table 1.11. Reaction rate expressions used in modeling studies for CO2 methanation reactors. Power law expressions. 

Reaction Rate 
Expression 

Lunde-Kester  
Studies 
Number 

Falbo 
Studies 
Number 

Power Law 
(Others) 

Studies 
Number 

FXB [88,110,123,134] 
4 [51,113,120–

122,128] 
6 [73,99,103,106–

108,120,127,130,139] 
10 

HM - 0 [20] 1 [23] 1 

MC - 0 - 0 [43,44,46–50] 7 

M - 0 [51,56] 2 [55] 1 

FB - 0 - 0 [69] 1 

SBC - 0 - 0 [72,73] 2 

OA - 0 - 0 [85,86] 2 
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Conversely, Gruber et al., [99] studied a FXB reactor operating outside the typical temperature 

and pressure ranges for reaction rate expressions. To select a suitable kinetic expression, they 

analyzed conversion rates while varying temperature and pressure. They discarded expressions 

reaching chemical equilibrium at low temperatures and those with non-monotonic trends. They 

also reviewed ignition curves, excluding kinetics with low ignition temperatures. Ultimately, they 

chose Koschany kinetics for their study. Furthermore, Scharl et al., [98] proposed a kinetic model 

using reaction rate expressions from existing literature to evaluate a carbon oxide methanation 

FXB reactor's performance. They chose expressions that showed an increasing normalized 

reaction rate with temperature and avoided negative reaction orders within the study's operational 

range. For the Sabatier reaction, they selected the Koschany expression. Ultimately, Zhang et al., 

[130] developed a mathematical model for the FXB reactor and tested its effectiveness by 

simulating the reactor with three different reaction rate expressions. They compared the model's 

predictions with existing experimental data, finding that the model's predicted temperature and 

CO2 conversion trends closely matched the experimental results qualitatively. 

 

Concerning this, comparing the catalytic activities of the same catalyst is beneficial for selecting a 

reaction rate expression and evaluating a chemical reactor. 

 

1.11.Boundary and initial conditions 

Section A.1 focuses on initial and boundary conditions in CO2 methanation reactor modeling. Most 

research sets initial composition, temperature, density, and pressure to match inlet flow values, 

with initial velocity either being zero or matching the inlet. Unlike some studies using the 

Danckwerts condition [30,51,52,56,57,60,61,63,67,71,90,93,110,135–137], 82 studies align these 

variables with inlet flow values at the inlet reactor. In the case of reactor outlet, it is typically 

assumed that temperature and composition gradients are absent, with constant pressure. 

Adiabatic conditions are maintained for the solid phase at both the inlet and outlet, specifically for 
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the monolithic HM reactor substrate (3/6) and the FXB reactor wall (2/64). In 2D and 3D analyses, 

symmetry is assumed at the reactor's center, except for annular reactors. Reactor walls are treated 

as impermeable, with no gas velocity at these surfaces, and the thermal condition affects the 

energy balance boundary condition at the wall. For catalyst particles, symmetry is presumed at 

their center, while catalytic washcoatings (e.g. HM, MC, PHE, foams, fiber, millichannels, plates, 

taps, U-channels and spirals reactors) are assumed to have no mass and energy gradients with 

the walls that cover. Furthermore, most research applies to the Robin condition at the gas and 

catalyst interface. This analysis suggests that selecting boundary conditions for a reactor's 

mathematical model depends on the study's goals and operational conditions. For experimental 

validation, it's crucial to choose appropriate boundary conditions; otherwise, the results may 

significantly differ from the actual reactor's observed behavior. 

 

1.12.Assumptions 

Section A.2.1 notes that most of studies (85) have determined the gas's physical properties using 

correlations based on pressure, temperature, and composition. For the tube containing the reactor 

(31), catalyst (100), and cooling medium (59), it is assumed that their properties remain constant, 

except for those influenced by temperature, like the reactor's radial thermal conductivity of HM 

reactor or the gaseous cooling medium's physical properties. Moreover, while catalyst porosity 

can be considered constant in scenarios without deactivation reactions, this is often not the case 

for reactors with catalyst particle beds (FB, SBC and some studies of FXB). The choice to assume 

constant properties can significantly impact mathematical model outcomes, as these properties 

are influenced by composition, temperature, and pressure.  

 

In section A.2.2 is observed that most reactor modeling studies for the Sabatier reaction do not 

assume isothermal conditions due to the highly exothermic nature of CO2 methanation. There are 

few studies on adiabatic conditions, despite the aim to replace adiabatic FXB reactor technology. 
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Most studies assume constant reactor wall and cooling medium temperatures, valid if there's a 

high flow rate of the cooling medium and minimal heat transfer resistance. For assessing cooling 

medium impact, determining optimal flow rates, or proposing suitable reactor designs, existing 

literature provides valuable insights for future research. 

 

From the information provided section A.2.3, a significant part of CO2 methanation reactor 

modeling research has focused on including the effects of both axial and radial mass and heat 

dispersion, as well as axial and radial conduction impacts on the monolithic HM reactor substrate 

and the FXB reactor wall. Additionally, many studies have mainly addressed the limitations of 

mass and heat transfer in surface and within the solid catalyst. These findings are particularly 

useful in scenarios where these phenomena are crucial, providing more accurate predictions of 

reactor performance. 

 

Section A.2.4 shows that the ideal gas equation is primarily used for modeling CO2 methanation 

reactors because the gas mixture involved (CO2, H2, CH4, H2O, etc.) behaves as an ideal gas 

under the usual industrial conditions of temperature, pressure, and composition [57,65,73].  

 

To simplify reactor modeling for the Sabatier reaction, researchers use a pseudo-stationary 

momentum conservation equation when solving transient state mass and energy conservation 

equations, focusing on the pressure drop as the key factor in the momentum equation (detailed 

explanation in section A.2.4). This simplification is based on no mass accumulation  [30,93], weak 

compressibility, or a plug flow velocity profile. These assumptions are made because the 

momentum balance introduces minor time constant effects compared to component mass and 

energy balances, which significantly increase the stiffness of the system's partial differential 

equations during non-steady-state conditions, thereby elevating computational costs 

[74,75,101,104]. The momentum balance resolution for deriving velocity and pressure profiles is 
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challenging without proper computational tools. Simplifications may be recommended if the 

study's primary focus is not on gas fluid dynamics and if velocity and density have lower time 

constants compared to composition and temperature. 

 

1.13.Contributions 

This review examines several contributions to comparative studies on anticipated reactor behavior 

concerning different model dimensions and phases. It analyzes the reactors' dynamic response to 

various H2 load fluctuations and other operational parameters. The review also includes a study 

on how different methodologies for calculating the effectiveness factor impact model predictions. 

Additionally, it investigates how catalytic activities linked to different reaction rate expressions 

influence the performance of the CO2 methanation reactor. 

 

In addition to the previously mentioned points, the primary contributions from most modeling 

studies of reactors used in the Sabatier reaction focus on evaluating the reactor's behavior under 

specific operating conditions. These studies conduct parametric analysis to explore the 

dependence of performance variables like CO2 conversion, temperature, and pressure on 

operational factors such as inlet flow, feed temperature, and cooling temperature. Some have also 

contributed to advancements in reactor design and optimization of operating conditions. Beyond 

these contributions, other significant advancements in modeling work include comparative studies 

of various reactor types and the creation of innovative operational methodologies (Section A.3).   

 

Section A.3.1 notes that comparing different reactor types, using the FXB reactor as a benchmark, 

is essential for selecting the appropriate technology for CO2 methanation. This choice depends on 

factors like budget, process scale, operational conditions, and the reactor's dynamic properties. 

Although these studies may not be as numerous as those on evaluation work, parametric studies, 

reactor design, and optimization, they can lay the groundwork for tackling future challenges in CO2 
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methanation reactor modeling and enhance the quality of results in related areas. Section A.3.2 

also illustrates other types of comparative studies that can lay the groundwork for addressing 

future challenges in CO2 methanation reactor modeling and improve the quality of results in related 

areas. Additionally, section A.3.3 describes that new methods have been developed to improve 

the catalytic efficiency and thermal management of CO2 methanation reactors. These proposals 

contribute to improving reactor performance, but securing adequate funding is essential to 

conducting tests and confirming their future applicability. Additionally, it is suggested that these 

studies extend to encompass other reactors beyond FXB and HM. 

 

Conclusions 

Reactor modeling is crucial in CO2 methanation for predicting equipment performance under 

specific conditions. It evaluates the impact of operational variables on the Sabatier reaction, aids 

in reactor design by determining dimensions, and identifies optimal operating conditions. It also 

facilitates comparative studies of different reactor types and methodologies. This review article 

focuses on these key aspects and aims to provide essential information for modeling a CO2 

methanation reactor.  

 

Initially, since 2014, there has been a rise in reactor modeling studies aimed at replacing the 

existing Sabatier reaction technology, specifically the adiabatic fixed bed reactor with intermediate 

cooling. Regions such as Asia and the Americas, like Europe, are striving to produce synthetic 

natural gas more efficiently and at lower costs, as shown by the increase in modeling research 

over the past decade. The dynamic modeling studies focus on the reactor's dynamic response to 

variations in H2 loading and other operational conditions. However, there is a significant lack of 

dynamic studies for reactors used in the Sabatier reaction that differ from the fixed bed reactor. 
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Secondly, in the field of CO2 methanation, the number of modeling studies with experimental 

validation is fewer than usual compared to those validated theoretically. One-dimensional models 

are predominantly used for mathematical modeling of CO2 methanation reactors, regardless of 

whether they consider the phase as pseudo-homogeneous or heterogeneous. Most 

heterogeneous model studies aim to determine concentration and temperature profiles within the 

catalyst, which helps calculate an effectiveness factor with high precision. These studies have 

shown that using a constant effectiveness factor is impractical due to its dependency on 

temperature and catalyst structure. 

 

As a third point to discuss, in the context of CO2 methanation reactors, nickel is commonly used 

as a catalyst in most studies. However, research using ruthenium as a catalyst serves as a 

benchmark for developing alternative reactors and Ni catalyst designs to achieve similar 

advantages. The Koschany and Xu-Froment expressions (with kinetic parameters customized to 

specific operating conditions) are typically used for modeling studies with nickel catalysts. In 

contrast, the Falbo kinetic expression is favored in studies using the Ru catalyst. Notably, there is 

a growing trend of developing unique kinetics, whether of the power-law or Langmuir-

Hinshelwood-Hougen-Watson type. 

 

Fourthly, Modeling studies of literature have calculated gas's physical properties with correlations, 

often assuming constant properties for reactor tube walls, monolithic substrates, and cooling 

mediums, which can vary by case. The energy balance for walls and cooling mediums depends 

on operational conditions and study goals. For the gas phase, models often consider mass 

dispersion and heat conduction both axially and radially, extending to solid axial and radial heat 

conduction in monolithic substrates and fixed bed reactor walls. Most works also account for inter- 

and intra-particle transport limitations. In modeling CO2 methanation reactors, the ideal gas 

equation is commonly used to determine gas density. Many studies apply a pseudo-stationary 
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momentum balance equation, focusing on pressure drop, assuming weak compressibility flow and 

no material accumulation. 

 

Finally, the focus of the modeling efforts has been on assessing, conducting parametric studies, 

designing and optimizing the reactor's operating conditions. There has been a notable increase in 

comparative studies involving different reactors alongside the fixed bed reactor, along with 

innovative proposals for its operation. 

 

Recommendations 

This article proposes future research suggestions for modeling CO2 methanation reactors based 

on the analyses and conclusions presented: 

• For emerging technologies, it is recommended to broaden the scope of dynamic studies 

because the hydrogen used in CO2 methanation is mainly derived from renewable energy 

sources, which leads to an inconsistent supply and variation in gas load. It is also advisable to 

explore how fluctuations in H2 load and disturbances in other operating variables affect the 

dynamic response of reactors beyond those with a fixed bed. 

• Calculating the concentration and temperature profiles within the catalyst requires substantial 

computational resources for accuracy. Future research should aim to develop methods that 

simplify the calculation of the effectiveness factor while maintaining accuracy comparable to 

the most precise models. 

• Comparing outcomes from the one-dimensional pseudohomogeneous model with those from 

more complex models helps in choosing the right features while ensuring theoretical and 

experimental validation. Hence, conducting comparative studies is advised to assess the 

influence of the reactor's phase and size, along with typical simplifications. 

• Finally, it is suggested to enhance the contributions from modeling studies, as they offer a 

foundation to address both new and existing challenges in solving CO2 methanation issues. 
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Chapter 2. 

Modeling the dynamic operation of a monolithic CO2 methanation 

reactor. Evaluation of the response to H2 load fluctuation 

 

The information provided in this chapter is redrafted after publishing in: Pérez-Vilela, D.E & Garcia, 

X. (2024). Modeling the dynamic operation of a monolithic CO2 methanation reactor. Evaluation 

of the response to H2 load fluctuation. International Journal of Hidrogen Energy, 77, 769-783. 

https://doi.org/10.1016/j.ijhydene.2024.06.148.  

 

ABSTRACT  

A full-scale, 2-D, axially symmetric, heterogeneous, and transient mathematical model is utilized 

to evaluate the dynamic operation of a honeycomb monolithic reactor during CO2 methanation. A 

base case is defined, which considers a step-type functionality for H2 load reduction (-20%) and a 

Ni catalyst. The impacts of the catalyst type (Ni vs Ru), the functionality of the H2 load disturbance, 

and the monolith's diameter on reactor performance are studied and compared to the base case. 

Results show that the use of Ru as catalyst, a ramp-type disturbance and a smaller reactor 

diameter generate a superior dynamic response to the H2 feed disturbance as well as favorable 

effects on thermal behavior. This is despite the higher temperature gradient generated when using 

Ru. These findings suggest that the monolithic reactor is a viable technological option for CO2 

methanation under flow variations, such as those encountered when employing green hydrogen. 

 

Keywords: CO2 methanation; H2 load fluctuation; Honeycomb monolithic reactor; Dynamic 

response; Thermal stability; Catalytic performance. 

 

https://doi.org/10.1016/j.ijhydene.2024.06.148
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2.1.Introduction 

Carbon dioxide (CO2), the main greenhouse gas, has amplified the effects of climate change in 

recent years. Among the numerous solutions proposed to reduce its emissions and convert them 

into useful products, the transformation of CO2 into methane (CH4) has gained significant interest 

[2–7]. To achieve this, the Power to Gas (PtG) technologies are being viewed as potential future 

energy systems. This process involves water electrolysis (H2O) to produce hydrogen (H2), followed 

by the thermal-catalytic hydrogenation of CO2 to CH4, also known as CO2 methanation or Sabatier 

reaction [2–9]. 

 

𝐶𝑂2(𝑔) + 4𝐻2(𝑔)  ↔   𝐶𝐻4(𝑔) + 2𝐻2𝑂(𝑔);  ∆𝐻𝑟𝑥𝑛
° = −165

𝑘𝐽

𝑚𝑜𝑙
 2.1 

 

Nickel (Ni) is typically employed as the active phase of the catalyst in this reaction due to its 

satisfactory CO2 conversion values and selectivity towards CH4. Moreover, it offers increased 

accessibility and is more cost-effective compared to other metals utilized in this reaction [3,5,10–

14]. However, given that this reaction is exothermic, the temperature may exceed the specified 

range, possibly leading to secondary reactions that could diminish methane production. It may 

also surpass the sintering and coking temperature, hastening the catalyst's deactivation [3,5,10–

14].  

 

The main technology used to overcome these limitations involves a series of fixed-bed adiabatic 

reactors with an intermediate cooling system at the end of each unit. However, this solution is 

complex in design and operation, and necessitates a significant investment [2,4,6,10]. 

Alternatively, the monolithic reactor is a desirable choice that meets the operational needs of this 

industrial application. When compared to a fixed-bed reactor, it generates a lower pressure drop 

due to the parallel distribution of its channels, a larger contact surface area (which notably 

decreases the mass/heat transfer limitations), and superior thermal properties [3,15–18]. 
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Consequently, the peak temperature of the reactor (hot spot) is significantly lowered, making it an 

excellent technological solution to surpass thermodynamic constraints and prevent the 

deactivation of the Sabatier reaction catalyst, at a lower cost and effort [3,15–18]. 

 

On the other hand, when green H2 is used as reactant, the temporary variations in its load, due to 

the intermittent nature of renewable energy sources (solar and wind power), must be considered. 

These will inevitably impact the performance of the Sabatier reaction in the PtG process 

[3,4,14,15].  A steady state operation, with enough stored H2 to ensure a constant gas flow, has 

been suggested. However, this operation model increases costs and operational constraints due 

to the low density of H2 [3,4,14,15]. Therefore, the transient operation of CO2 methanation reactor 

is still favored, but it requires flexibility and quick responses to H2 load fluctuations [3,4,14,15]. 

 

 For these reasons, a growing number of studies are proposing the use of honeycomb-type 

monolith reactors for CO2 methanation. The literature shows (see Table 2.1) that Ni, Al2O3, and 

ceramics are mainly used as the active phase, support, and substrate material (monolith), 

respectively. It's worth noting that these catalytic evaluations have yielded impressive results in 

terms of CO2 conversion, CH4 selectivity, and catalytic stability. Therefore, this type of reactor is 

an excellent choice for managing the heat produced by the reaction and preventing catalyst 

deactivation due to sintering during CO2 methanation. 

 

Research focusing on the modeling and simulation of this kind of structured reactor in the 

methanation of CO2 has also been carried out, utilizing mainly Nickel as the catalyst's active 

phase.  
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Table 2.1. Summary of the studies on catalytic CO2 methanation using honeycomb monolithic 
reactors. 

 

Catalyst Substrate material Reference 

Ru/γAl2O3 Cordierite [149] 

Ni/CeO2 Alumina [31,32] 

Ni/γAl2O3 Cordierite [34] 

Ni/GDC (ceria-doped gadolinium) Cordierite [18,150] 

Ni/CeO2, Ni/TiO2, Ni/Al2O3, Ni/Y2O3 Commercial ceramics [151] 

Ni/Al2O3, Ni-Ru/Al2O3, Ru/Al2O3 Cordierite [152] 

Ni/Al2O3 Ni/Al2O3 [153] 

Ni/CeO2-ZrO2 Silicium carbide [154] 

Commercial BASF ES Stainless steel [17] 

NiFe/Al2O3, NiFe/SiO2 Cordierite [155,156] 

Ru-Ni/MgAl2O4 Stainless steel [157] 

Ni/MgAl2O4 Stainless steel [33] 

Ni/CeO2 Stainless steel [158] 

Ru/γAl2O3 Cordierite [159] 

Ni/CeO2 Integral carbon [160] 

 

Sudiro et al., [38], carried out a dynamic simulation of a monolithic reactor using a one-

dimensional, heterogeneous, and dynamic model, starting from certain initial conditions up to the 

steady state. However, the main reaction in this study was the methanation of CO, with the 

Sabatier reaction being a secondary process. Schlereth et al., [161] employed stationary and 

heterogeneous models and performed a comparison between the full two-dimensional scale and 

the three-dimensional scale. These researchers noted that, under certain operational conditions, 

the axial symmetric two-dimensional scale could sufficiently represent the predicted trend in the 

three-dimensional situation. Schollenberger et al., [162] implemented the scale-up of a laboratory-

scale monolithic reactor to a demonstration scale using an axial symmetric, two-dimensional, 

pseudo-homogeneous, and stationary model. Consequently, they proposed the use of two 

reaction stages, the first with an aluminum monolith and the second with a stainless-steel monolith. 

A substantial production of CH4 and a higher conversion of CO2 were achieved. Huyhn et al., [156] 

employed a three-dimensional, pseudo-homogeneous, and stationary model to validate the 
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experimental results of a series of three monolithic reactors with equal and/or varying catalytic 

activities. By locating the hotspot and examining the temperature profile trend, these researchers 

concluded that a combination of monoliths with high and low catalytic activities is more appropriate 

for achieving outstanding CO2 methanation performance at low and controlled temperatures. 

Lastly, Méndez et al., [163] compared the performance of Baena Moreno et al.,’s gyroid-type 

monolithic reactor [33] with the honeycomb type reactor of Schlereth et al., [161]. A pseudo-

homogeneous, dynamic, and zero-dimensional model was utilized. Despite these authors' inability 

to satisfactorily replicate the experimental data of both monolith types, their findings showed that 

the gyroid's performance surpasses that of the honeycomb, solely due to differences in catalyst 

porosity and surface area. 

 

As can be seen, for CO2 methanation, there are more experimental studies of the honeycomb 

monolithic reactor compared to the modeling publications. Furthermore, the number of studies on 

the honeycomb monolithic reactor using dynamic modeling is significantly less than those 

considering the fixed-bed reactor with cooling as the most appropriate alternative for this industrial 

application. It should be noted that no research has been conducted on the dynamic response of 

a honeycomb-style monolithic reactor to green H2 load fluctuations. In the literature of CO2 

methanation reactor modeling, this aspect has been mainly examined in the context of fixed bed 

and slurry bubble column reactors. Various load functionality types for the total feed of H2 have 

been studied, including step [164–170]; ramp [168,171–174]; sinusoidal [175] and a sequence of 

steps [169,176,177]. A similar situation arises with the study of other operational parameters' 

impact on both the flexibility and performance of the reactor during the dynamic operation of the 

Sabatier reaction. 

 

In this article a mathematical model for a monolithic CO2 methanation reactor is formulated, with 

the purpose of determining how complex and sensitive its dynamic response is to the perturbation 
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of the H2 load. Additionally, the dependence of the reactor’s dynamic response on catalyst, type 

of load fluctuation, and monolith size was described and analyzed. This helped to determine how 

important each of these variables is for the transient behavior of this type of reactor in the Sabatier 

reaction. Thus, this study contributes to reducing the existing information gap and offers valuable 

insights regarding the transient operation of this structured reactor. 

 

2.2.Material and methods 

2.2.1.Modeling 

A full-scale, transient, two-dimensional, axial symmetric, and heterogeneous mathematical model 

was formulated. The restrictions of internal and external mass transfer within the catalytic layer of 

the channels were considered, given their potential impact on the reactor's performance. The 

effectiveness factor was computed using its formal definition (see more details in the appendix). 

Furthermore, the impacts of thermal transfer resistance in the interface gas-washcoating, as well 

as the axial heat/mass dispersion of the gas within the channels, were integrated into the model. 

 

2.2.1.1.Assumptions 

No mass transfer between the gas and the monolithic substrate was considered in the full-scale 

model, as the latter is impermeable. Variations from the ideal gas conditions are very small within 

the pressure, temperature, and composition range typically seen in this reaction [164]. Thus, in 

the current study, gas behaves as an ideal gas. Regarding the cooling system, its temperature 

remains constant and is equal to that of the gas fed to the reactor. The catalyst and the monolith's 

physical properties were assumed to be constant (with the monolith's thermal conductivity being 

the only exception), and the feed's lack of substances that could deactivate the catalyst due to 

poisoning was postulated. 
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2.2.1.2.Conservation equations 

Published full-scale models [36,39], along with several other contributions [37,38,40–42,161,162], 

have considered the monolithic substrate and the catalyst as a unified solid phase, emphasizing 

the isothermal nature of the catalyst. In line with Hayes et al.,'s recommendations [36], the 

effectiveness factor of the reaction was determined. The composition profiles of each substance 

within the catalyst were established using the methodology outlined in earlier papers [37,40,178–

181]. To depict the gas's velocity profile in the monolith, the same physical assumptions as those 

documented in previous research [37,38,40,182] were applied. Consequently, the conservation 

equations were averaged volumetrically for the full-scale model [36]. These are presented in Table 

2.2. 

 

Table 2.2. Conservation equations. 
 

Mass balance of each compound in the gas 

𝜀𝑔𝜌𝑔
𝜕𝑤𝑖,𝑔

𝜕𝑡
= −𝜌𝑔𝑢𝑧,𝑔

𝜕𝑤𝑖,𝑔

𝜕𝑧
 − 𝜀𝑔

𝜕

𝜕𝑧
(−𝜌𝑔𝐷𝑖_𝑎𝑥𝑖𝑎𝑙,𝑔

𝜕𝑤𝑖,𝑔

𝜕𝑧⏟            
𝑗𝑖𝑧,𝑔

)−  𝑎𝑣 𝑘𝑖,𝑔𝑠(𝜌𝑖,𝑔 − 𝜌𝑖,𝑠𝑢𝑟𝑓)⏟            
𝑚𝑖, 𝑔𝑠̇

 

 

2.2 

Energy balance in the gas 

𝜀𝑔𝜌𝑔𝐶𝑝,𝑔
𝜕𝑇𝑔

𝜕𝑡
= −𝜌𝑔𝑢𝑧,𝑔𝐶𝑝,𝑔

𝜕𝑇𝑔

𝜕𝑧
− 𝜀𝑔

𝜕

𝜕𝑧
(−𝜆𝑎𝑥𝑖𝑎𝑙,𝑔

𝜕𝑇𝑔

𝜕𝑧⏟        
𝑞𝑧,𝑔

) − 𝑎𝑣 ℎ𝑔𝑠(𝑇𝑔 − 𝑇 𝑠)⏟        
𝑞𝑔𝑠̇

 

 

2.3 

Energy balance in the solid 

(𝜀𝑐𝑎𝑡𝜌𝑐𝑎𝑡𝐶𝑝,𝑐𝑎𝑡 + 𝜀𝑠𝑢𝑝𝜌𝑠𝑢𝑝𝐶𝑝,𝑠𝑢𝑝)
𝜕𝑇𝑠
𝜕𝑡

= −
𝜕

𝜕𝑧
(−𝜆𝑎𝑥𝑖𝑎𝑙,𝑠

𝜕𝑇𝑠
𝜕𝑧⏟        

𝑞𝑧,𝑠

)−
1

𝑟

𝜕

𝜕𝑟

(

 
 
𝑟(−𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠

𝜕𝑇𝑠
𝜕𝑟⏟        

𝑞𝑟,𝑠

)

)

 
 
+ 𝑎𝑣 ℎ𝑔𝑠(𝑇𝑔 − 𝑇 𝑠)⏟        

𝑞𝑔𝑠̇

+ 𝜀𝑐𝑎𝑡𝜌𝑐𝑎𝑡∑𝜂𝑗𝑟𝑗|𝜌𝑖,𝑠𝑢𝑟𝑓,𝑇𝑠⏟      
𝑟𝑗̅

(−𝛥𝐻𝑟𝑥𝑛,𝑗)

𝑁𝑅

𝑗=1

 

 

2.4 

Mass balance of each compound within the catalyst  

𝜀𝑔,𝑐𝑎𝑡𝜌𝑔,𝑐𝑎𝑡
𝜕𝑤𝑖,𝑐𝑎𝑡
𝜕𝑡

= −
𝜕

𝜕𝜉

(

 −𝜌𝑔,𝑐𝑎𝑡𝐷𝑖_𝑒𝑓𝑓,𝑐𝑎𝑡
𝜕𝑤𝑖,𝑐𝑎𝑡
𝜕𝜉⏟              

𝑗𝑖𝜉,𝑐𝑎𝑡 )

 +𝑀𝑊𝑖𝜌𝑐𝑎𝑡∑𝜗𝑖,𝑗𝑟𝑗

𝑁𝑅

𝑗=1

 

 

2.5 

Continuity equation 2.6 
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𝜀𝑔
𝜕𝜌𝑔

𝜕𝑡
= −

𝜕(𝜌𝑔𝑢𝑧,𝑔)

𝜕𝑧
 

 
 Momentum balance in gas 

𝜌𝑔
𝜕𝑢𝑧,𝑔

𝜕𝑡
= −

𝜌𝑔𝑢𝑧,𝑔

𝜀𝑔

𝜕𝑢𝑧,𝑔

𝜕𝑧
− 𝜀𝑔

𝜕

𝜕𝑧
((−2𝜇𝑔 +

2

3
𝜇𝑔)

𝜕𝑢𝑧,𝑔

𝜕𝑧⏟            
𝜏𝑧𝑧,𝑔

)− 𝜀𝑔
𝜕𝑃

𝜕𝑧
+ 𝜀𝑔𝜌𝑔𝑔𝑧 − 𝑎𝑣 (

𝑓𝜌𝑔𝑢𝑧,𝑔
2

2𝜀𝑔
2
)

⏟      
𝜏𝑔𝑠̇

 2.7 

 

2.2.1.3.Initial and boundary conditions 

The initial conditions were taken from the literature and are detailed in Table 2.3. It is observed 

that the composition and temperature in both solid and gas phases are identical. Values that are 

congruent with those of the gaseous stream entering the reactor (Equations 2.8-2.9) were 

considered. Moreover, the initial values of gas velocity and pressure remain constant, matching 

those of the inlet gas stream (Equations 2.10-2.11). Ultimately, from these values, the initial density 

of the gas was determined (Equation 2.12) by applying the equation for ideal gas. 

 

Table 2.3. Initial conditions. 

 

𝑤𝑖,𝑔 = 𝑤𝑖,𝑐𝑎𝑡  = 𝑤𝑖,𝑔_0 = 𝑤𝑖,𝑐𝑎𝑡_0 = 𝑤𝑖,𝑔_𝑖𝑛 
 

2.8 

𝑇𝑔 = 𝑇𝑠 = 𝑇𝑔_0 = 𝑇𝑠_0 = 𝑇𝑔_𝑖𝑛 
 

2.9 

𝑃 =  𝑃0 = 𝑃𝑖𝑛 
 

2.10 

𝑢𝑧,𝑔 =  𝑢𝑧,𝑔_0 = 𝑢𝑧,𝑔_𝑖𝑛 
 

2.11 

𝜌𝑔 =  𝜌𝑔,𝑐𝑎𝑡 = 𝜌𝑔0 = 𝜌𝑔,𝑐𝑎𝑡0 = 𝜌𝑔𝑖𝑛 

 

2.12 

 

Table 2.4 shows the chosen boundary conditions. At the reactor's inlet (z = 0), the composition, 

temperature, pressure, and velocity values (Equations 2.13-2.14, 2.16-2.17) are equal to those of 

the gas stream that enters the reactor. It's noteworthy that the solid's temperature gradient at the 

reactor's inlet doesn't exist (Equation 2.15). Conversely, at the reactor's outlet (z = L), it was stated 

that there are no axial gradients for composition, temperature, and velocity (Equations 2.18-2.22). 
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When it comes to the radial direction, the solid's temperature profile was formulated to be 

symmetrical (Equation 2.23), with the heat transferred by radial conduction through the monolithic 

substrate's wall, matching the heat transferred between the monolith's outer surface and the 

reactor's cooling system (Equation 2.24). 

 

Table 2.4. Boundary conditions. 

 

𝑧 = 0 𝑤𝑖,𝑔 =  𝑤𝑖,𝑔_𝑖𝑛 2.13 

 𝑇𝑔 =  𝑇𝑔_𝑖𝑛 2.14 

 𝜕𝑇𝑠
𝜕𝑧
|
𝑧=0,𝑟

=  0 2.15 

 𝑃 =  𝑃𝑖𝑛  →  𝜌𝑔 =  𝜌𝑔_𝑖𝑛 2.16 

 𝑢𝑧,𝑔 =  𝑢𝑧,𝑔_𝑖𝑛  2.17 

𝑧 = 𝐿 𝜕𝑤𝑖,𝑔

𝜕𝑧
|
𝑧=𝐿,𝑟

=  0 2.18 

 𝜕𝑇𝑔

𝜕𝑧
|
𝑧=𝐿,𝑟

=  0 2.19 

 𝜕𝑇𝑐
𝜕𝑧
|
𝑧=𝐿

=  0 2.20 

 𝜕𝑇𝑠
𝜕𝑧
|
𝑧=𝐿,𝑟

=  0 2.21 

 𝜕𝑢𝑧,𝑔

𝜕𝑧
|
𝑧=𝐿,𝑟

=  0 2.22 

𝑟 = 0 𝜕𝑇𝑠
𝜕𝑧
|
𝑧,𝑟=0

= 0 2.23 

𝑟 = 𝑅 
𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠

𝜕𝑇𝑠
𝜕𝑟
|
𝑟=𝑅

= 𝑈𝑠𝑐(𝑇 𝑊𝑎𝑙𝑙 − 𝑇 𝑐) = 𝑈𝑠𝑐(𝑇𝑠|𝑟=𝑅 − 𝑇 𝑐);  𝑇 𝑐

= 𝑇𝑔_𝑖𝑛 (𝑐𝑜𝑛𝑠𝑡𝑎𝑛𝑡) 
2.24 

𝜉 = 𝛿 𝜕𝑤𝑖,𝑐𝑎𝑡
𝜕𝜉 

|
𝜉 = 𝛿

= 0 2.25 

𝜉 = 0 
𝜌𝑔,𝑐𝑎𝑡𝐷𝑖_𝑒𝑓𝑓,𝑐𝑎𝑡

𝜕𝑤𝑖,𝑐𝑎𝑡
𝜕𝑧

|
𝜉 = 0 

= 𝑘𝑖,𝑔𝑠(𝜌𝑖,𝑔 − 𝜌𝑖,𝑠𝑢𝑟𝑓) =  𝑘𝑖,𝑔𝑠 (𝜌𝑖,𝑔 − 𝜌𝑖,𝑐𝑎𝑡|𝜉 =  0
) 2.26 

 

With regards to the catalytic coating, it was determined that no mass transfer occurs between the 

catalyst and the monolith substrate (as indicated in Equation 2.25). Hence, it was stated that the 
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diffusive transport within the catalytic coating's surface equates to the interphase mass transfer 

between the gas and solid (Equation 2.26). 

 

The correlations used to calculate the mass/heat transfer coefficients, friction factor, axial 

dispersion and axial/radial thermal conductivity of the solid are those given in Table B.1 of the 

appendix. The correlations in Table B.2 were used to obtain the values of the physical properties 

of the gas. 

 

2.2.1.4.Kinetic expression, reaction heat and effectiveness factor 

As previously stated, Ni is the most utilized catalyst in the honeycomb monolithic reactor 

applications, which is why it was selected as the main catalyst in this study. Regarding the kinetics 

of this reaction, Xu & Froment's kinetics [144] are still in use, but there is a growing interest in the 

model developed by  Koschany et al., [146]. This was designed for a NiAl(O)X catalyst, with surface 

area, dispersion and average crystallite size of 235 m2/g, 6 % and 17 nm, respectively.  

Consequently, the Koschany’s equation was employed as the fundamental kinetic expression for 

the Ni-catalyst. The kinetic parameters of this expression are given in Equation 2.27. 

 

Koschany’s kinetic expression  

(𝟏𝟖𝟎 ≤ 𝑻[°𝑪] ≤ 𝟑𝟒𝟎;  𝟏 ≤ 𝑷[𝒃𝒂𝒓] ≤ 𝟏𝟓; 
𝑯𝟐

𝑪𝑶𝟐
 𝒘𝒊𝒕𝒉 𝒗𝒂𝒍𝒖𝒆𝒔 𝒐𝒇 𝟎. 𝟐𝟓, 𝟒 𝒐𝒓 𝟖) 

𝑟1 = 

𝑘𝑝𝐶𝑂2
0.5𝑝𝐻2

0.5

(

 1−
𝑝𝐶𝐻4𝑝𝐻2𝑂

2

𝑝𝐶𝑂2𝑝𝐻2
4𝐾𝑒𝑞⏟        

𝜑𝑒𝑞 )

 

𝐷𝐸𝑁2
;  𝐷𝐸𝑁 =  1 + 𝐾𝑂𝐻

𝑝𝐻2𝑂

𝑝𝐻2
0.5
+ 𝐾𝐻2𝑝𝐻2

0.5 +𝐾𝑚𝑖𝑥𝑝𝐶𝑂2
0.5; 

𝑘 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡 ∙ 𝑠 ∙ 𝑏𝑎𝑟
] = 𝑘𝑟𝑒𝑓𝑒𝑥𝑝(−

𝐸𝑎
𝑅𝑔𝑎𝑠𝑒𝑠

(
1

𝑇[𝐾]
−

1

𝑇𝑟𝑒𝑓
)) ; 𝐾𝑖 [𝑏𝑎𝑟

−
1
2] = 𝐾𝑖,𝑟𝑒𝑓𝑒𝑥𝑝(−

∆𝐻𝑎𝑑𝑠,𝑖
𝑅𝑔𝑎𝑠𝑒𝑠

(
1

𝑇[𝐾]
−

1

𝑇𝑟𝑒𝑓
)) ; 

𝐾𝑒𝑞[𝑏𝑎𝑟
−2] = 137 ∙ 𝑇−3.998𝑒𝑥𝑝 (

158700

𝑅𝑔𝑎𝑠𝑒𝑠𝑇
);  

 

2.27 

𝐸𝑎 = 77.5 
𝑘𝐽

𝑚𝑜𝑙
 ;  ∆𝐻𝑎𝑑𝑠,𝑂𝐻 = 22.4 

𝑘𝐽

𝑚𝑜𝑙
; ∆𝐻𝑎𝑑𝑠,𝐻2 = −6.2 

𝑘𝐽

𝑚𝑜𝑙
; ∆𝐻𝑎𝑑𝑠,𝑚𝑖𝑥 = −10 

𝑘𝐽

𝑚𝑜𝑙
; 𝑇𝑟𝑒𝑓 = 555 𝐾       

 

  

𝑘𝑟𝑒𝑓 = 3.46 ∙ 10
−4  

𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡 ∙ 𝑠 ∙ 𝑏𝑎𝑟
 ;  𝐾𝑂𝐻,𝑟𝑒𝑓 = 0.50 𝑏𝑎𝑟

−
1
2; 𝐾𝐻2,𝑟𝑒𝑓 = 0.44 𝑏𝑎𝑟

−
1
2; 𝐾𝑚𝑖𝑥,𝑟𝑒𝑓 = 0.88 𝑏𝑎𝑟

−
1
2  
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With respect to the reaction effectiveness factor, this was computed using its formal definition 

(Equation 2.28). The characteristic length definition of the catalytic coating of the channels (δ) 

([40,183–185]) was considered in this calculation. Lastly, if the reactor's temperature underwent a 

significant change, the reaction's heat was calculated using its formal definition (Equation 2.29). 

 

𝜂𝑗 = 

∫ 𝑟𝑗𝑑𝜉
𝛿

0

𝛿
𝑟𝑗|𝜌𝑖,𝑠𝑢𝑟𝑓,𝑇𝑠

=
𝐴𝑣𝑒𝑟𝑎𝑔𝑒 𝑟𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒 𝑤𝑖𝑡ℎ𝑖𝑛 𝑡ℎ𝑒 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡

𝑅𝑒𝑎𝑐𝑡𝑖𝑜𝑛 𝑟𝑎𝑡𝑒 𝑎𝑡 𝑡ℎ𝑒 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒
; 

𝛿 =  
𝑉𝑜𝑙𝑢𝑚𝑒 𝑜𝑓 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑜𝑐𝑐𝑢𝑝𝑖𝑒𝑑 𝑖𝑛 𝑡ℎ𝑒 𝑚𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑐𝑒𝑙𝑙

𝐼𝑛𝑡𝑒𝑟𝑛𝑎𝑙 𝑆𝑢𝑟𝑓𝑎𝑐𝑒 𝐴𝑟𝑒𝑎 𝑜𝑓 𝑡ℎ𝑒 𝐶ℎ𝑎𝑛𝑛𝑒𝑙 𝑖𝑛 𝑡ℎ𝑒 𝑀𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝐶𝑒𝑙𝑙
 

2.28                                          

 

𝛥𝐻𝑟𝑥𝑛,𝑗 = 𝛥𝐻𝑟𝑥𝑛,𝑗º + ∑ 𝜗𝑖,𝑗 ∫ 𝐶𝑝𝑖,𝑔
𝑇

𝑇º
𝑑𝑇𝑁𝐶

𝑖=1 ; 𝑇º = 298.15 𝐾 2.29                                                   

 

2.2.2.Operational conditions and restrictions 

2.2.2.1.H2 load fluctuation functionality 

The step-type fluctuation represents the most drastic scenario that can instigate significant 

alterations in reactor performance and operation [164–170]. This reasoning underlies the choice 

of this basic functionality type for the H2 load disturbance in the current study (Figure 2.1). 

Surveying the literature led to the decision that the fluctuation should result in a percentage 

decrease in the H2 load, as this would have a more substantial negative operational impact. 

Concerning the percentage reduction of hydrogen, values of 25 [175], 50 [175], 75 [175], 83 [167] 

and 100 % [170], [172] have been implemented. 
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Figure 2.1. Step fluctuation of the H2 load, with a reduction of 20 %. 

 

Given that transport limitations can significantly influence the dynamic response of the reactor to 

H2 load fluctuations, a reduction of 20 % in the H2 flow was established (Figure 2.1). This value is 

proximate to the lowest value documented in existing literature [167,170,172,175]. It's also crucial 

to keep a constant H2/CO2 ratio throughout the reactor's dynamic operation for this industrial 

application. If this is not done and H2/CO2 < 4, the effect of secondary reactions must be 

considered. These affect selectivity towards CH4. For this reason, it was decided to keep the 

H2/CO2 ratio constant for all the case studies in this work, and for this purpose, the CO2 flow was 

reduced in the same proportion as the H2 load at the time the fluctuation was generated. 

 

Lastly, under the initial and operational conditions outlined in this study, a steady state was attained 

within a time of 100 seconds or less. Hence, it was considered that the H2 load disturbance would 

originate from this value. 
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2.2.2.2.Operating conditions 

To select the values outlined in Table 2.5, the operational conditions, and the dimensions of the 

monolith, experimental (Table 2.1) as well as modeling studies were analyzed. 

 

Table 2.5. Operating conditions, reactor dimensions and physical properties of the catalyst. 

 

Operating conditions 

Input H2/CO2 molar ratio 4/1 

Inlet gas pressure [kPa] 101.325 

Inlet gas temperature [ºC] 280 

Inlet GHSV [1/h] 2130 

Type of cooling system Double-tube with external cooling   

Cooling system temperature [ºC] (constant) Inlet gas temperature 

Gas Flow direction Horizontal 

Dimensions of the honeycomb monolith 

Channel shape Square 

Diameter [cm] 2.54 

Length [m] 2 

CPSI (cells per square inch) 26 

Substrate thickness between channels [μm] 612 

Catalytic coating thickness 200 

Substrate material and physical properties of the catalytic coating 

Substrate material Cordierite 

Catalytic coating density [kgwashcoat/m3
washcoat] 900 

Porosity of the catalytic coating [m3
gas in washcoat/m3

washcoat] 0.70  

Catalytic coating pore diameter [nm] 50 

Catalytic coating tortuosity [-] 4 

 

The values of the H2/CO2 (4/1) ratio, operational pressure (1 atm), and temperature (280 °C) are 

within the range of typical values used for CO2 methanation, which were also selected based on 

their compatibility with the range of validity of the kinetic expressions chosen for this research. 
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In terms of GHSV, the value from Table 2.5 was employed to achieve a CO2 conversion of 95 % 

or more. A double-tube cooling system with external cooling was chosen for thermal control. The 

thicknesses of the catalytic coating in the monolith cell and the substrate between the channels 

were determined based on the values provided by Schlereth et al., [161]. This choice was 

influenced by the significant heat and mass transfer limitations between phases and within the 

catalyst. For the remaining dimensions of the monolith, the data from these authors were also 

adopted, coinciding with the measurements of the monolithic square channel reactor developed 

by Groppi et al., [186]. In the literature of catalytic monolithic reactors (Table 2.1), the use of an 

average value of 2 cm diameter has been observed and a length range between 2 to 15 cm has 

been applied. For the case of a pilot-scale monolithic reactor such as Schollenberger et al., [162], 

the diameter was between 3.5 and 10.5 cm, while the range of equipment length was between 10 

and 50 cm. Therefore, the values selected for size of the monolithic reactor are within the range 

of the values mentioned previously. Cordierite was chosen as the support material to create a 

stronger resistance to heat transfer compared to the metal monolithic support. The density and 

porosity values of the catalytic coating were taken from Sudiro et al., [38], to avoid a higher impact 

of intraparticle mass transfer limitations. Lastly, the tortuosity and pore diameter values were in 

line with the approximate values suggested in various literary sources. 

 

2.2.2.3.Operational restrictions 

Gao et al., [27] recommend a reaction temperature below 300 °C, a pressure greater than 30 atm, 

and a H2/CO2 ratio above 4. However, it is crucial to adhere to the limitations associated with the 

range of application of the kinetic expressions selected in this research. Moreover, it's important 

to recognize that the deactivation (sintering) temperature for the Nickel catalyst, which is 590 °C, 

should not be surpassed [28,187]. In terms of deactivation by nickel carbonyl, [3,19], this could 

occur if the reactor's temperature falls below 230 °C and there is a significant concentration of CO. 
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2.2.3.Numerical resolution 

Figure 2.2 shows a schematic of the problem-solving domain, which contains equispaced 

elements in the zr-plane of the entire monolithic reactor.  

 

 

 
Figure 2.2. Mathematical model resolution domain. 

 

This domain is governed by the gas conservation equations and the solid energy balance of the 

selected mathematical model. It is also seen that each element contains a one-dimensional 

equispaced subdomain, which is governed by the mass conservation equation of the catalytic 

coating. 

 

The numerical methods employed in the referenced modeling studies, along with specifics found 

in the literature [188], were used to solve the system of partial differential equations of the full-

scale, two-dimensional, axially symmetrical, heterogeneous, and dynamic model in the resolution 

domain of Figure 2.2. 

 



76 
 

First, the spatial derivatives of the transport terms and the boundary conditions for each 

conservation equation were discretized, resulting in a system of differential equations with an initial 

value problem. For diffusive terms and boundary conditions of the Neumann type, a spatial 

discretization, utilizing a second order centered finite differences scheme was adopted. For 

convective terms and pressure gradients, spatial discretization with a first order backward finite 

difference scheme was utilized. 

 

The conservation equations, along with their discretized boundary conditions, were solved using 

Matlab software. This was done in combination with their initial and operational conditions, 

correlations to determine mass/heat transfer coefficients between phases, and the physical 

properties of the gas. Additionally, kinetic expressions, H2 feed disturbances, and the dimensions 

of the monolithic reactor were included. The ode15s subroutine was employed to solve the system 

of differential equations with initial value problem. This subroutine can solve stiff differential 

equation problems via numerical differentiation formulas of first through fifth order and is a step 

adaptive subroutine. 

  

The number of points, and consequently, the size of the integration step, is variable for the time 

interval used. It's crucial to note that the default accuracy of the ode15s subroutine must be 

achieved. It was suggested that 50 evenly spaced intervals be used based on the discretization 

of the axial coordinate, as well as 5 equispaced intervals for the radial and spatial coordinates 

designated for the catalytic coating of the monolith channels. 

 

2.2.4.Study cases. Dynamic response to different operational characteristics 

To compare the results of the selected study cases with those of the base case, same operating 

and reaction conditions were used, emphasizing that in all cases the same values of catalyst 

density and GHSV from Table 2.5 were used, as well as the same mass percentage and dispersion 
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of the active phase of the selected catalyst. In this way, all results are comparable to each other. 

It is also important to note that, as described in section 2.2.1, the H2/CO2 ratio was kept constant 

for all study cases throughout the dynamic operation of the monolithic reactor. 

 

2.2.4.1.Base case 

After confirming the accuracy of the mathematical model, the trends in temperature and pressure 

profiles of the monolithic reactor were examined, along with the performance of the CO2 

conversion profile, from the start-up to the point of steady state condition. The impact of mass 

transfer limitation during the entire dynamic operation of the monolithic reactor was also analyzed.  

The operational conditions outlined in Table 2.5, as well as the kinetic expression by Koschany et 

al., [146], for a NiAl(O)X catalyst, were used as the base case. Following this, the dynamic 

response of the monolithic reactor when decreasing the hydrogen load by 20 % for a step 

fluctuation was analyzed. The results derived from the reactor's response to this variation were 

compared against the start-up condition. Key points of analysis included the recovery time 

required to reach the new steady state, the shift in the hot spot, the rise in the reactor's maximum 

temperature, and the impact this had on CO2 conversion. 

 

2.2.4.2.Study Case 1: Effect of the catalyst 

Ruthenium emerges as a viable substitution for nickel as the active phase of the catalyst. This 

metal shows excellent dynamic stability [14] and superior resistance to thermal sintering in 

comparison to nickel and other non-precious metals [3,5,10–14]. Consequently, an evaluation of 

the performance of the monolithic reactor was conducted, using either Ni or Ru as the active phase 

of the catalyst. Concerning the kinetic expression, the proposition made by Falbo et al., [148] 

(Equation 2.30) for a 0.5 wt % Ru/Al2O3 catalyst (103 m2/g, 35 % and 4 nm), which is an amplified 

version of the expression first derived by Lunde & Kester [147], was employed, because this is 

the most widely used expression in the literature related to CO2 methanation reactors modeling. 
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Falbo’s kinetic expression (𝟐𝟓𝟎 ≤ 𝑻[°𝑪] ≤ 𝟒𝟏𝟎;  𝟏 ≤ 𝑷[𝒂𝒕𝒎] ≤ 𝟕;  𝟏 ≤
𝑯𝟐

𝑪𝑶𝟐
≤ 𝟓) 

𝑟1 = 
𝑘𝑝𝐶𝑂2

𝑛𝑝𝐻2
4𝑛

1+𝛼𝑝𝐻2𝑂
(1 − (

𝑝𝐶𝐻4𝑝𝐻2𝑂
2

𝑝𝐶𝑂2𝑝𝐻2
4𝐾𝑒𝑞⏟      

𝜑𝑒𝑞

)

𝑛

)  

𝑘 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡∙𝑠∙𝑎𝑡𝑚
5𝑛
] = 𝑘0𝑒𝑥𝑝 (−

𝐸𝑎

𝑅𝑔𝑎𝑠𝑒𝑠𝑇[𝐾]
) ;  𝐾𝑒𝑞[𝑏𝑎𝑟

−2] = 137 ∙ 𝑇−3.998𝑒𝑥𝑝 (
158700

𝑅𝑔𝑎𝑠𝑒𝑠𝑇
)  

𝐸𝑎 = 75.3 
𝑘𝐽

𝑚𝑜𝑙
 ;   𝑘0 = 95.43 

𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡∙𝑠∙𝑎𝑡𝑚
5𝑛
 ;  𝛼 = 0.91 𝑎𝑡𝑚−1;  𝑛 = 0.152  

2.30 

 

Since the values of loading (0.5 %) and dispersion (35 %) of Ru of Falbo are different from those 

of the Koschany's Ni catalyst (58 % loading and 6 %), a multiplication factor was applied to 

Equation 2.30 so that the values of the reaction rates of both kinetic expressions were a function 

of the same loading and dispersion of the active metal. Based on the above, Equation 2.31 was 

obtained and used. Its derivation can be consulted in section B.3 of the appendix. In this way, a 

comparison of the effect of the type of catalyst on the dynamic response of the reactor under the 

same reaction conditions was carried out. 

 

𝑟𝐹𝑎𝑙𝑏𝑜,𝑐𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
] = 342.45 

𝑘𝑚𝑜𝑙𝑁𝑖 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒

𝑘𝑚𝑜𝑙𝑅𝑢 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒
 𝑟𝐹𝑎𝑙𝑏𝑜 [

𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
]   2.31                                                   

 

2.2.4.3.Study Case 2: Effect of the functionality of the H2 load fluctuation 

The ramp-type functionality in the H2 load offers a more gradual adjustment in the response of the 

reactor, as opposed to the abrupt changes seen in the step variation. This results in improved 

control and stability in both the operation and performance of the process variables during the 

recovery of the new steady state [168,171–174].  

 

Therefore, in line with the comparative research conducted by Try et al., [165] and Theurich et al., 

[168], this study also explored the impact of the functionality in the H2 load disturbance on the 

performance and dynamic operation of the honeycomb monolithic reactor during CO2 methanation 

(Figure 2.3).  
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Figure 2.3. Ramp fluctuation of the H2 load, with a duration of 50 s and a final reduction of 20 %. 
 

A duration time of 50 seconds was chosen (Figure 2.3), which falls within the range of values 

employed by Fache et al., [171–173] and Prabhakaran et al., [174]. Lastly, like the step-type 

variation of the base case, it was also postulated for the ramp disturbance, that the H2 load was 

decreased by 20 % (Figure 2.3). 

 

2.2.4.4.Study Case 3: Effect of the monolithic reactor diameter 

As a final analysis, the impact of the monolith diameter on the reactor's dynamic response to H2 

load fluctuation was examined. A diameter larger than the base case was chosen, specifically a 

3.5 cm diameter, like the monolithic reactor designed by Schollenberger et al., [162]. 

 



80 
 

2.3.Results and discussion 

It is important to mention that the mathematical model was previously validated. To this end, the 

independence of the results concerning the number of intervals used for each spatial coordinate 

was first confirmed. Subsequently, the model was validated using the methodology recommended 

by Fache et al., [171,172]. The methodology applied and the results obtained from the validation 

of the mathematical model can be found in section B.4 of the appendix. 

 

2.3.1.Base case 

In Figure 2.4.A, the temperature at the reactor's central axis (r/R = 0) over time is depicted for 

varying values of the dimensionless axial coordinate (z/L). Upon initiating the reaction (t > 0), an 

increase in the reactor's temperature (Treactor) is noticeable, a consequence of the reaction's 

exothermic nature. 

 

This temperature starts to decrease when z/L > 0.02, attributable to the cooling system aimed to 

control the heat produced by the reaction. Furthermore, all temperature profiles in Figure 2.4.A 

reach a steady state (ss) at 74 s. The temperature profile along the reactor's central axis was also 

examined in Figure 2.4.B, as a function of z/L, for various values of t. 

 

The presence of a hot spot was confirmed for different times. Moreover, the hot spot appears at 

z/L = 0.02 regardless of the time. This location, near the reactor's inlet, is a result of the significant 

amount of heat generated by the reaction (∆𝐻𝑅𝑥𝑛
𝑜 = −165 𝑘𝐽/𝑚𝑜𝑙). As can be seen in Figure 2.4.B, 

there is a noticeable rise in reactor temperature over time until it stabilizes. This is a result of the 

heat accumulation caused by the reaction. The highest temperature is 300 °C. Following this, the 

temperature consistently drops due to the cooling system's impact. 
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Figure 2.4. Temperature profile at centerline reactor (r/R = 0) with respect to time (A) and z/L 

(B). (C) CO2 conversion, with respect to z/L at r/R = 0. Base case. Startup (  A: z/L = 0.02, 
B: t = 10 s, C: t = 2 s;  A: z/L = 0.10, B: t = 20 s, C: t = 6 s;  A: z/L = 0.20, B: t = 40 

s, C: t = 18 s;  A: z/L = 0.30, B, C: t = 74 s;   A: z/L = 1.00). 
 

The steady-state temperature profile based on the z/L function is similar to that of Schlereth et al., 

[161], Schollenberger et al., [162], and Huynh et al., [156]. The hot spot's closeness to the reactor 

inlet is consistent with the results obtained by Schollenberger and the values calculated by Huynh 

when using their most active catalyst and an operating temperature of 300 °C. However, both 

studies considered the gas's preheating before it enters the reactor, which is a result of the solid's 

axial heat conduction. The differences in the maximum steady-state reactor temperature between 

these authors (425 – 500°C and 390 °C) and this study (300 ºC) can be attributed to the varying 

operating conditions, reactor sizes, and catalysts used in each case. As regards the outlet 
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temperature, the value achieved in this research matches the cooling temperature, which is also 

the case with the stainless-steel monolith presented by Schollenberger et al., [162]. 

 

Regarding the hot spot’s location, although Schlereth et al.,'s study utilized identical reaction 

conditions, the hot spot's location is z/L = 0.13. The difference is attributed to the elevated GHSV 

value (5000 h-1 vs. 2130 h-1) and the kinetic expression (Xu & Froment vs. Koschany) employed 

by these researchers. Concerning the hot spot temperature, (375 vs 300 °C), the difference is also 

a result of the increased spatial velocity, coupled with the higher pressure (3 bar) and inlet 

temperature (342 °C). According to Gao et al., [27] such parameters favor CO2 methanation, 

leading to a rise in the reaction temperature (Huynh et al., [156]). 

 

Figure 2.4.C shows the CO2 conversion (XCO2) profile. This increases with both time and distance 

along the reactor, culminating in a steady state condition after 74 seconds, with a value equivalent 

to 96.53 %. The XCO2 value at the reactor exit was compared to the one reported by Gao [27], 

confirming that it is the same for 1 atm, H2/CO2 = 4, and 280 °C. This suggests that the condition 

of chemical equilibrium in a steady state was attained under these conditions. This was also 

corroborated by achieving an equilibrium approach (φeq) value of one for z/L > 0.6 (Figure 2.4.C). 

 

2.3.1.1.Response to the H2 load variation 

Figure 2.5.A and Figure 2.5.B demonstrate the impact of altering the H2 feed flow (at t = 100 s, 

while keeping the H2/CO2 ratio constant) on the temperature profile computed along the reactor's 

central axis. When the H2 load undergoes a 20 % reduction in a step functionality, a very slight 

decrease in the reactor temperature occurs, by 1 °C, until a new steady state is achieved at 144 

s. No displacement of the hot spot was detected. This decrease in temperature is attributed to a 

lower release of heat of reaction, which in turn is explained by the decrease in the average reaction 

rate, (𝑟1̅̅ ̅̅ ), as shown in Figure B.3 and Figure B.4 of the appendix. 
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Figure 2.5. Comparison between the base case and the responses to a 20 % H2 load 

fluctuation. (A) Temperature and (C) CO2 conversion profile at r/R = 0 with respect to time. (B) 
Temperature profile as a function of z/L at r/R = 0. (D) Effectiveness factor profile at r/R = 0, with 
respect to z/L (  A, C: z/L = 0.02, B: t = 100 s, D: first steady state;  A, C: z/L = 0.10, 

B: t = 106 s, D: second steady state;  A, C: z/L = 0.20, B: t = 110 s  A, C: z/L = 
0.30, B: t = 144 s;   A, C: z/L = 1.00). 

 

Same findings are reported by Lefebvre et al., [164]. It's worth noting that with the decrease of H2 

flow, a temporary minimum (Lefebvre et al., [164] and Try et al., [165]) or an increase in maximum 

reactor temperature (Fischer et al., [166,169]) were not detected under the conditions of this study. 

 

This is attributed to the cooling system effectively countering the heat dispersed radially from the 

solid (a maximum difference of 12 °C between the center and the monolith wall) and the reduction 

in the gas's convective heat transport. 
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By reducing the H2 flow, the total flow decreases (since the H2/CO2 ratio must be maintained). This 

results in an increment of the residence time of the fluid in the reactor, which in turn implies a 

higher conversion of the reactants. This is predominantly seen in the conversion curves of Figure 

2.5.C, generated for the smaller values of z/L < 0.3, until a new steady state is achieved (tss,2 = 

144 s). 

 

Another key point to consider is that the steady-state values of XCO2 at the reactor exit (z/L = 1) 

remain unaffected by the disturbance in the H2 flow. This is because the reaction re-establishes 

the chemical equilibrium condition when the new steady state is attained. (see Figure 2.4.B,Figure 

B.5 and Figure B.6). It is also noted that XCO2 have a similar trend (step) to that of the fluctuation 

in H2 load over 100 s, aligning well with previously published results [166,167,169]. 

 

In this way, it was possible to observe the degree of complexity and sensitivity of the monolithic 

reactor to the fluctuation of the H2 load, where although a nonlinear decreasing trend of the 

temperature concerning time was evidenced, the change of its maximum value at the location of 

the hot spot (1 °C) was not significant when the second steady state was recovered. A shift of the 

hot spot was also not witnessed for this study. All this may support the good thermal control of this 

reactor under fluctuating feed flow conditions. About the conversion, its change was also not 

considerable in the presence of H2 flow perturbation, because of the good temperature control 

during the dynamic operation of the honeycomb monolith. 

 

2.3.1.2.Mass transfer limitations 

Firstly, it is important to note that no mass transfer limitations were evident on the catalyst surface. 

The maximum absolute percentage deviation of the mass compositions of both phases 

corresponds to CO2 near the reactor inlet (z/L = 0.02), having a value around 2 %. When the H2 

load perturbation was generated, the value of this deviation practically did not change. The latter 
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was due to the surface area of the catalytic coating used, leading to the fact that the mass transfer 

limitation on the catalyst surface was not relevant for the case studies of this work. 

 

Instead, as evidenced in Figure 2.5.D, the effectiveness factor falls a 4 to 8 % below 100 %, 

evidencing the presence of diffusional limitations within the catalyst, both in the first and second 

steady state. 

 

It was observed that this parameter decreases immediately at the reactor inlet, as a consequence 

of the sudden increase of the hot spot temperature, which further favors diffusional limitations. Its 

subsequent growth is related to the decrease of the system temperature after the hot spot location, 

which caused the reaction rate to decrease as well (Figure B.3-Figure B.6). Then, a maximum 

value was reached, and the effectiveness factor subsequently decreased, due to the higher 

consumption of the reagents and the proximity to the chemical equilibrium condition of the Sabatier 

reaction. About the shift of the effectiveness factor profile concerning time towards a location closer 

to the reactor inlet, this was caused by the decrease of the system temperature due to the 

fluctuation of the H2 load, where there is a higher effectiveness factor due to the reduction of 

diffusional limitations at locations close to the reactor inlet. 

 

Therefore, it can be confirmed that although diffusional limitations are not negligible, they do not 

affect the dynamic performance of the monolithic reactor upon H2 load fluctuation. 

 

2.3.2.Study Case 1: Effect of Catalyst (Ni vs Ru) 

Figure 2.6.A and Figure 2.6.B demonstrate that when the Ru catalyst developed by Falbo et al., 

[148] is applied in place of the Ni catalyst from Koschany et al., [146], the first steady state was 

attained quicker (68 s instead 74 s), and a greater maximum temperature was observed (362 °C 

rather than 300 °C).  
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Figure 2.6. Temperature profile as a function of (A) time and (B) z/L at r/R = 0. (C) CO2 

conversion with respect to z/L at r/R = 0. Ru as the active phase of the catalyst (  A: z/L = 
0.02, B: t = 10 s, C: t = 2 s;  A: z/L = 0.04, B: t = 20 s, C: t = 4 s;  A: z/L = 0.06, B: t 

= 30 s, C: t = 6 s;  A: z/L = 0.08, B, C: t = 68 s;   A: z/L = 1.00). 
 

These variations are due to the incremented average reaction rates associated with the Ru 

catalyst (Figure B.3-Figure B.6), as opposed to the rates calculated when Ni is used as the catalyst 

[146]. Consequently, this results in an increment of the heat released by the reaction. 

 

Additionally, φeq = 1 (the system reaches the chemical equilibrium), and there are important effects 

of mass and heat transfer limitations. The CO2 equilibrium conversion when using the noble metal 

catalyst is equal to when Ni is used (Figure 2.6.C). However, in the case of Ru, the equilibrium 

conversion was reached at a distance closer to the reactor inlet (z/L > 0.1), in contrast to that 

observed for Ni (z/L > 0.6). 
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As described in the existing literature [3,5,10–14], Ruthenium catalyst has a higher catalytic 

activity in contrast to Nickel catalyst. This was evidenced by the higher reaction rate of the Falbo's 

Ru catalyst (see Figure B.3-Figure B.6 of the appendix), which resulted in faster consumption of 

the reactants in contrast to what was observed in the base case, which is why the equilibrium 

conversion was reached at a distance closer to the reactor inlet. This resulted in a greater release 

of the heat of the reaction, causing a significant increase in the hot spot temperature at the reactor 

inlet. Additionally, as the reaction was terminated closer to the reactor inlet, the cooling medium 

was able to cool the rest of the monolith faster. 

 

2.3.2.1.Response to the H2 load variation 

Utilizing Ru as a catalytic agent, the system attained a new steady state in 150 s, after the 

perturbation of H2 load. The maximum temperature was reduced to 348 °C and there was no shift 

in the hot spot's position (Figure 2.7.A). XCO2 did not show a significant increase after the 

perturbation (Figure 2.7.B). Concerning the trend of temperature and XCO2 in function of time, 

behaviors like those of the base case were obtained, which are shown in Figure B.7 and Figure 

B.8 (section B.6 of the appendix). 

 

With Ru serving as the catalyst's active phase, the time taken to regain the new steady state (trec,ss) 

post-disturbance (50 s vs 44 s) and the alteration in the reactor's peak temperature (14 °C vs 1 

°C, post-disturbance) were greater compared to those of  the Ni catalyst.  

 

Although it can be concluded that the dynamic performance was lower for the Falbo catalyst 

because of the higher catalytic activity compared to the Koschany’s catalyst, the recovery time of 

the new steady state was not much lower for these severe reaction conditions. This observation 

is consistent with previous reports suggesting superior stability [3,5,10–14] in response to H2 load 

variations for the Ru catalyst. 
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Figure 2.7. (A) Temperature  and (B) CO2 conversion profiles at r/R = 0 as a function of z/L. (C) 
Effectiveness factor profile at r/R = 0 in function to z/L. Ru as the active phase of the catalyst, 

after the H2 load disturbance (  A, B: t = 100 s, C: first steady state;  A: t = 106 s, B: t 
= 150 s, C: second steady state;  A: t = 112 s;  A: t = 150 s). 

 

Concerning the temperature change upon perturbation of the H2 load, an important dependence 

on the level of reactivity of the catalyst is observed. Whereas the reaction rate increases, there 

will be a greater release of the heat of the reaction, causing the system to have a greater energy 

change upon the fluctuation of the H2 flow. This generates a greater temperature gradient during 

the recovery of the new steady state. 

 

About the XCO2 trend upon perturbation of the H2 feed, this is again due to the chemical equilibrium 

condition, only that for this case study, the change is reflected closer to the reactor inlet compared 

to the base case, due to the higher reactivity of the Ru catalyst.  
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Therefore, the response of the monolithic CO2 methanation reactor to the fluctuation of H2 load 

shows a significant sensitivity to catalytic activity. However, for the applied conditions, the reactor 

showed a high dynamic stability, despite the temperature gradients caused by the high catalytic 

reactivity of Ru. 

 

2.3.2.2.Mass transfer Limitations 

In this case, interparticle mass transfer limitations become more important in contrast to the base 

case. The maximum absolute percentage deviation of the mass compositions of both phases 

corresponds to CO2 near the reactor inlet (z/L = 0.02), having a value of 9 %. This is attributed to 

the effect of the higher temperature on the kinetic parameters. After H2 fluctuation, the deviation 

is reduced to 7 %. 

 

In Figure 2.7.C it is observed that the effectiveness factor is between 17 and 46 %, being much 

lower than the base case (83 - 96 %). This reflects significant diffusional limitations during reactor 

operation, due to the higher reactivity of the Ru catalyst. 

 

As the H2 load fluctuation was generated, this factor also increased due to the reduction of the 

reaction rate. In contrast to the base case, this effect was seen only at distances closer to the 

reactor inlet, because of the higher reagent consumption and the chemical equilibrium condition, 

which is rapidly reached. However, as in the base case, there was also no significant difference 

between the results obtained for the first and second steady state. 

 

Because the equilibrium condition is reached at distances closer to the reactor inlet (z/L > 0.1) in 

contrast to the Koschany ‘s Ni catalyst (z/L > 0.6), a maximum does not occur as in the base case. 

Therefore, it was evidenced that, although the system is significantly limited by the diffusional 
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resistance in the catalytic washcoat, no significant change in the response of the reactor to the 

fluctuation of H2 load was observed. 

 

2.3.3.Study Case 2: Effect of H2 Load Functionality (ramp vs Step) 

Figure 2.8.A and Figure 2.8.B illustrate the variations in Treactor and XCO2 with the time (at r/R = 0) 

when a ramp fluctuation is applied to the H2 load. A linear decrease of gas flow for 50 seconds, 

leading to a 20 % reduction was considered. As depicted in Figure 2.8.A, there is a gradual shift 

in the reactor's temperature paralleling the CO2 conversion (Figure 2.8.B), which adheres to a 

linear trend. Upon concluding the ramp-like disruption (150 s), it can be seen that trec,ss is reached 

16 s ahead of that of the base case (trec,ss = 44 s). 

 

 

 
Figure 2.8. Temperature and (B) CO2 conversion profile at r/R = 0, with respect to time. Ramp 

as a functionality of H2 load (  z/L = 0.02,  z/L = 0.10,  z/L = 0.20,  z/L = 
0.30,  z/L = 1.00). 

 

This corroborates the existing literature [168,171–174], which reports a quicker system recovery 

time, improved control over operational variables, and an appropriate response to this type of 

disturbance. Although, it's more plausible that sudden alterations (step) in the H2 load might occur, 

given the intermittent nature of the renewable resources utilized in water hydrolysis H2 [164–170]. 
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Thus, it was proved with this study that the monolithic reactor can respond adequately to different 

fluctuations of the H2 load, even to fluctuations that generate sudden changes, such as those 

evidenced in the case of a step-type perturbation. 

 

2.3.3.1.Mass transfer Limitations 

As in the base case, no mass transport limitations were evident on the catalyst surface either, as 

mentioned in section 3.1.2. The same effectiveness factor profile of the base case is obtained in 

function of z/L, since the second steady state is the same for both cases. The difference can be 

seen concerning the dependence of this factor in function of time, where for this case study, a 

linear trend is obtained between 100 and 150 s, for the functionality of H2 load fluctuation. 

 

2.3.4.Study Case 3: Effect of the Reactor Diameter 

As shown in Figure 2.9.A, by using a larger diameter, 3.5 cm (Schollenberger et al., [162]), a more 

significant temperature increase was obtained, varying from 280 °C to 326 °C. It's also noteworthy 

that the hot spot was consistently located at z/L = 0.02, equal to the base case. The time to reach 

a steady state in this case was either equal to or more than 100 s, which is greater than the time 

necessitated by the 2.54 cm diameter monolithic reactor by Groppi et al., [186] and Schlereth et 

al., [161], of 74 s. As known, the resistance to heat transfer in the radial direction increases with 

the diameter, making it more demanding for the cooling system to manage the reaction heat's 

impact. This results in the reactor temperature rising more significantly compared to the base case, 

and the system requires more time to achieve a steady state due to higher energy accumulation. 

Regarding the XCO2, the outlet of the reactor showed the same value as the base case, indicating 

that a chemical equilibrium state was achieved (Figure 2.9. B). It is also observed that for the case 

in which a diameter of 3.5 cm is used, a higher conversion is achieved at distances closer to the 

reactor inlet, in contrast to the base case. This trend is due to the thermal effects outlined in the 

previous paragraph also impact the rate of reaction, increasing with the reactor's diameter. 
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Figure 2.9. (A)Temperature as a function of time and (B) CO2 conversion with respect to z/L. 

Profiles at r/R = 0. Effect of diameter in first steady state (  A: Base case z/Lhotspot = 0.02, 
B: Base case;   A: D = 3.5 cm, z/Lhotspot = 0.02, B: D = 3.5 cm). 

 

2.3.4.1.Response to the H2 load variation 

When a 3.5 cm diameter is used, the reactor's maximum temperature drops by 2.52 °C (Figure 

2.10.A), and the time it takes for the new steady state to recover increases (trec,ss > 200 s) due to 

the heightened limitation of energy transfer in the radial direction. For z/L values close to the 

reactor's exit (Figure 2.10.B), no changes in XCO2 were noticeable when the diameter value was 

altered as the chemical equilibrium condition had been met.  In contrast, for z/L near the reactor 

inlet, a reduction of XCO2 is evidenced, due to the reduction of the temperature by the fluctuation 

of the H2 load. However, this reduction was not significant, because the equilibrium condition is 

reached faster and there is a higher reagent consumption in contrast to the base case. 

 

Therefore, the diameter not only has an important effect on the thermal and catalytic performance 

of the monolithic reactor but also has an important influence on the response of this equipment to 

the fluctuation of the H2 load, whereby increasing this parameter, a longer recovery time of the 

system to reach a new steady state is evidenced. Additionally, it was observed that despite the 

use of a larger diameter than the base case, the system has a greater stability in its dynamic 

response compared to the case where a more reactive catalyst is used. 
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Figure 2.10. (A) Temperature, (B) CO2 conversion and (C) effectiveness factor profile at r/R = 0 

as a function of z/L. Effect of diameter after H2 load fluctuation (  First steady   
Second steady state). 

 

2.3.4.2.Mass transfer Limitations 

The maximum absolute percentage deviation of the mass compositions of both phases 

corresponds to CO2, near the reactor inlet (z/L = 0.02), having a value of 3 %. This is attributed to 

the effect of the higher temperature on the kinetic parameters by increasing the diameter of the 

monolith. After H2 fluctuation, the deviation is reduced to 2 %. While there is a greater effect of 

mass transfer limitation on the catalyst surface in contrast to the base case, it is not considered to 

be as significant as that observed in the case where a more reactive catalyst was used.  

 

 

    
 

 
 



94 
 

In comparison to the case where a diameter of 2.54 cm was used, in the case of the Figure 2.10.C 

a lower value of the effectiveness factor (82 %) is shown for z/L values closer to the reactor inlet, 

when using a diameter of 3.5 cm. This is caused by the higher temperature increase when using 

a larger diameter value, causing an increase in the reaction rate, and therefore generating greater 

diffusional limitations inside the catalyst. However, the same tendency of the base case is reflected 

when increasing z/L, caused by the same arguments mentioned in section 2.3.1.2. A final value of 

92 % is obtained when the chemical equilibrium condition is reached. 

 About the dynamic response to the fluctuation of the H2 load, the same tendency of the base case 

was also obtained, an increase of the effectiveness factor for z/L values close to 0, due to the 

reduction of the reactor temperature during the recovery of the second steady state. However, no 

significant change in this parameter was observed because of the H2 flow perturbation, obtaining 

the same value of the effectiveness factor of the first steady state when the chemical equilibrium 

condition was reached. Thus, it was again confirmed that the diffusional limitations also had no 

significant effect on the dynamic response of the reactor to H2 load fluctuation as the diameter of 

the monolith increased. 

 

Conclusions 

The honeycomb monolithic reactor offers a promising solution for the satisfactory performance of 

CO2 methanation, demonstrating an appropriate response to the green H2 load disturbance under 

varying operational conditions. The response of the monolithic CO2 methanation reactor to the 

fluctuation of H2 load shows a significant sensitivity to catalytic activity. However, for the applied 

conditions, the reactor showed a high dynamic stability, despite the temperature gradients caused 

by the high catalytic reactivity of Ru. In terms of the H2 feed fluctuation functionality, the monolithic 

reactor exhibits adequate control and response to a step-type disturbance. However, improved 

results can be achieved in terms of thermal and dynamic stability, with a more moderate fluctuation 

of the H2 load (e.g. ramp). Regarding reactor dimensions, increasing its diameter results in higher 
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thermal limitations, which negatively affects its dynamic response to H2 flow fluctuation. Longer 

recovery time to the new steady state is required. On the other hand, no relevant effect of the 

effectiveness factor on the dynamic behavior of the reactor was observed since the variations of 

this parameter were not significant. In summary, this research contributes valuable data 

concerning the response and dynamic stability of the honeycomb monolithic reactor to the H2 load 

disturbance. The findings can be viewed as useful information for subsequent studies related to 

the dynamic modelling of such reactors, which will provide a foundation for improved design, 

scaling, and application of this technology for the Sabatier reaction.
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Chapter 3. 

Dynamic behavior of a monolithic CO2 methanation reactor to H2 

load disturbance. Experimental validation and theoretical 

comparison with fixed bed. 

 

The information provided in this chapter will be submitted for publication.  

 

ABSTRACT  

The dynamic performance of a monolithic CO2 methanation reactor was experimentally analyzed 

by changing the H2 flow rate while maintaining a constant H2/CO2 ratio. The feed flow was 

suddenly increased by 50% after achieving the first steady state. This adjustment resulted in a 

rise in the peak gas temperature (hot spot) and CO2 conversion until a new steady state was 

achieved. No significant temporal maximum or minimum in the hot spot were observed throughout 

the process, and its axial displacement was minimal. The experimental findings enabled the 

establishment of boundary conditions and thermal characteristics for a mathematical model, which 

qualitatively validated its capability to represent the experimental trends observed in both steady 

and non-steady state. The model, however, exhibited discrepancies in the temperature profile, 

particularly beyond the hot spot, and predicted CO2 conversion rates higher than those observed 

experimentally. These differences arise from extrapolating the reaction rate to temperatures that 

fall outside the suitable range for the chosen kinetic expression. Furthermore, a parametric study 

confirmed that the predicted outcomes for temperature, CO2 conversion, and the recovery time to 

a new steady state depend significantly on the radial thermal conductivity of the monolith and the 

heat transfer coefficient between the monolith and cooling medium. Once the model was 

experimentally validated, it was applied to forecast the dynamic behavior of the monolithic reactor 
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under conditions like those in selected fixed-bed reactor studies, demonstrating better dynamic 

stability during H2 load disturbances. 

  

Keywords: CO2 methanation; H2 load fluctuation; Honeycomb monolith; Reactor modeling; 

Experimental validation; Dynamic-thermal stability; Fixed-bed comparison. 

 

3.1.Introduction 

Power to Gas (PtG) technologies effectively reduce carbon dioxide (CO2) emissions by converting 

it into methane (CH4). The process starts with the electrolysis of water to produce hydrogen (H2), 

which is then used in a thermal-catalytic process to hydrogenate CO2, producing CH4. This method 

is known as CO2 methanation or the Sabatier reaction [2–9].  

 

𝐶𝑂2(𝑔) + 4𝐻2(𝑔)  ↔   𝐶𝐻4(𝑔) + 2𝐻2𝑂(𝑔);  ∆𝐻𝑟𝑥𝑛
° = −165

𝑘𝐽

𝑚𝑜𝑙
 

 

Nickel (Ni) is a common choice as catalyst in this reaction due to its ability to achieve high CO2 

conversion and acceptable CH4 selectivity under optimal conditions, while also being more 

accessible and affordable than other metals [3,5,10–14]. However, the reaction's exothermic 

nature can cause reactor temperatures to rise excessively, potentially initiating secondary 

reactions that decrease CH4 production and lead to sintering and coking, thus accelerating catalyst 

deactivation [3,5,10–14]. 

 

The primary technology to overcome these limitations uses fixed-bed adiabatic reactors with an 

intermediate cooling system. This approach is complex in design and operation, requiring 

substantial financial investment [2,4,6,10]. Catalytic evaluation studies indicate that monolithic 

reactors for CO2 methanation have demonstrated excellent activity and stability [20,21]. This type 

of reactor is an appealing option for industrial applications due to its advantages over a fixed-bed 
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reactor. It offers a reduced pressure drop because of its parallel channel arrangement, provides a 

greater surface area for better mass and heat transfer, and has enhanced thermal characteristics 

[3,15–19]. Consequently, the reduction in maximum temperature within the reactor significantly 

addresses thermodynamic limitations and prevents the deactivation of the Sabatier reaction 

catalyst, offering a cost-effective and efficient technological solution [3,15–19].  

 

In addition, when using green hydrogen, it's important to consider the temporal variations in 

hydrogen load due to the intermittent nature of renewable energy sources like solar and wind. 

These variations can affect the effectiveness of the Sabatier reaction within the Power to Gas 

(PtG) process [3,4,14,15]. A steady-state operation proposes storing enough hydrogen to ensure 

a constant supply. However, this results in higher costs and operational limitations because of 

hydrogen's low density [3,4,14,15]. Therefore, transient operation of the CO2 methanation reactor 

is still recommended to ensure flexible operation and rapid adaptation to inevitable fluctuations in 

hydrogen load [3,4,14,15]. 

 

In line with the previous information, research has been conducted to examine the impact of 

varying H2 load on the reactor's dynamic behavior. It is crucial to highlight that most studies 

maintained a constant H2/CO2 ratio (fluctuation of total feed flow) while establishing a new steady 

state. This approach was taken to prevent the side reactions' influence on the catalytic 

performance of the reactor. Research has been carried out to examine how reactors respond to 

variations in total feed due to multiple temporal changes [30,90,97,100], or ramp perturbations 

[20,72,92,117]. However, the dynamic response of the reactor to a sudden (step) change in gas 

inlet has been further examined. Conversely, while dynamic studies have been conducted on 

reactors such as the honeycomb monolith (HM) [20], plate heat exchanger (PHE) [67], and slurry 

bubble column (SBC) [72,73], the fixed bed (FXB) reactor is the most extensively researched in 
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terms of its dynamic behavior in response to changes in H2 flow, with the H2/CO2 ratio remaining 

constant. 

 

These investigations have examined the time-related aspects of reactor behavior during sudden 

changes in feed flow (Table 3.1). Try et al., [118] and Lefebvre et al., [73] identified a wrong-way 

behavior, marked by a temporary minimum or maximum in the reactor's highest temperature (hot 

spot) as the feed flow increases or decreases. This phenomenon is important because it can lead 

to thermal runaway, trigger the formation of side reactions, or result in the deactivation of catalysts 

[118]. 

 

Tauer et al., [105] also observed wrong-way behavior, noting that unlike previous research, the 

hot spot temperature increased when the feed flow suddenly rose. They also identified a temporary 

minimum during the transition to a new steady state.  However, Fischer et al., [100,102] did not 

show wrong-way behavior when the feed flow unexpectedly increased, neither was this noted in 

either an adiabatic FXB [92], an isothermal SBC [73] or a PHE [67].  

 

Regarding CO2 conversion, this decreases with increased feed flow unless chemical equilibrium 

is reached. On the other hand, in the studied reactors, except for the isothermal SBC, the sudden 

increase in feed flow shifts the hot spot to locations farther away from the reactor inlet. 

Furthermore, the time needed for reactors to achieve a new steady state is influenced by factors 

like operating conditions (Table C.1), catalyst properties (Table C.2), and reactor dimensions 

(Table C.3), especially under adiabatic operation. Lastly, it's important to note that each type of 

reactor (FXB, SBC, PHE, and HM) displays different dynamic behaviors for their specific 

phenomenology. 
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Table 3.1. Transient characteristics of reactor dynamic response to sudden (step) changes in feed flow rate. 
 

Reactor 
Percentage of 

change [%] 
Recovery 
time [s] 

Maximum temperature 
Type of CO2 

conversion change 
Reference Greater or less than the 

first steady state after 
recovery? 

Temporal maximum or 
minimum? 

Location shift 
from inlet? 

FXB 

+ 40.0 70 Less Maximum Yes, further away Reduction [118] 

- 40.0 70 Less Minimum Yes, closer. Increment [118] 

+ 700.0 
120 (model) and 300 

(experiment) 
Greater 

N/A (model) and 
minimum (experiment) 

Yes, further away Reduction [105] 

- 87.5 
120 (model) and 330 

(experiment) 
Less 

N/A (model) and 
maximum (experiment) 

Yes, closer. Increment [105] 

+ 10.0 218 Less N/A Yes, further away Reduction [102] 

- 10.0 78 Greater N/A Yes, closer. Increment [102] 

+ 100.0 540 N/A (Adiabatic)   Maximum Yes, further away N/A (Adiabatic) [92] 

- 50.0 1440 N/A (Adiabatic) Oscilating Yes, closer. N/A (Adiabatic) [92] 

+100.0 112 Less N/A Yes, further away Reduction [100] 

-50.0 600 Greater N/A Yes, closer. Increment [100] 

+ 33.3 18 Less Maximum Yes, further away Reduction [73] 

- 25.0 15 Greater Minimum Yes, closer Increment [73] 

SBC 
+ 33.3 600 Greater N/A Isothermal Reduction [73] 

- 25.0 600 Less N/A Isothermal Increment [73] 

PHE + 40.0 300 Greater None Yes, further away N/A [67] 
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Concerning the studies on dynamic modeling of HM, Perez-Vilela & García [20] research has been 

the only one known to date. It explored the impact of reducing 20 % of H2 load while keeping a 

constant H2/CO2 ratio [20]. It revealed that using a catalyst with higher activity than Ni doesn't 

show hot spot movement or change in the recovery time to a new steady state (44 s). The reactor 

proved resilient to both gradual H2 loading changes, like ramps, and sudden changes, such as 

step increases. In addition, the study showed that the time for the reactor to stabilize to a new 

steady state has an important dependence on the monolith's diameter. Moreover, although the hot 

spot temperature dropped due to a sudden decrease in total feed flow, no wrong-away behavior 

and hot spot location shift were observed. Finally, the CO2 conversion did not change with total 

flow perturbation, because the reaction reached chemical equilibrium condition. 

 

Pérez-Vilela & García demonstrated that HM shows significant promise for the dynamic operation 

of CO2 methanation, mainly due to its excellent adaptability to changes in H2 load. However, these 

conclusions have only been validated theoretically. To fill this gap, dynamic experiments with HM 

were conducted, to analyze and compare experimental trends with those predicted by the dynamic 

model of reactors used in the Sabatier reaction. This will provide experimentally confirmed insights 

into the dynamic behavior of the monolithic reactor under H2 fluctuating conditions.  

 

As mentioned, the FXB is the most studied in the literature on CO2 methanation reactors. Thus, 

after validation, a mathematical model is used to compare the dynamic behavior of the monolithic 

HM and FXB reactor under H2 loading changes. The parameters mentioned in Table 3.1 are used 

to compare both reactors. The same operating conditions, catalyst properties, reactor dimensions 

and hydrogen feed fluctuations used in selected FXB studies were applied for the comparative 

analysis. 
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3.2.Methodology 

3.2.1.Experimental setup and dynamic test of Honeycomb Monolith Reactor (HMR) 

3.2.1.1.Experimental setup 

The experimental setup, depicted in Figure C.1, includes a reactor, a gas supply system for water 

vapor production, and a separation process. A stainless steel double-tube reactor was used for 

dynamic testing, featuring an inner tube with a 54.50 mm internal diameter and a 2.90 mm 

thickness. Inside, a honeycomb monolith made of corrugated and flat stainless steel plates was 

placed. The monolith's channels were coated with a commercial Ni/Al2O3 catalyst.  

 

Feed gas passed through these channels, while a commercial thermal oil, acting as a cooling 

medium, flowed externally in the opposite direction. Two fiber optic probes were positioned within 

the monolith to monitor axial temperature (Figure 3.1), with one at the center and another near the 

honeycomb wall, taking measurements every 1.3 mm. 

 

           

 
Figure 3.1. Measurement of axial temperature profile in center and wall of HMR 

 

CO2, H2, and N2 gases from pressurized cylinders were measured with a Bronkhorst mass flow 

controller to form the stream entering the reactor. A system was established to add water vapor to 

the reactor as needed. A valve could reroute the gas to bypass the reactor for composition 

analysis. The reactor's piping featured electric heating to raise the temperature of the pre-mixed 
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gases to match the reactor wall's temperature, adjustable via a regulator. A Julabo high-

temperature thermostat regulated the temperature of the cooling medium. The reactor gases were 

cooled to 3 °C using a water-cooled heat exchanger, causing condensation. The water was then 

removed with a centrifugal separator. The pipes connecting the reactor to the heat exchanger were 

electrically heated to prevent early condensation. Following water removal, the test apparatus's 

pressure was regulated using a Bronkhorst valve, which established the reactor's operating 

pressure. A portion of the gas was analyzed for its components using an Agilent micro-GC by 

reducing the product gas pressure to atmospheric levels. The micro-GC was calibrated to identify 

elements including CO2, H2, N2, CH4, CO, C2H4, C2H6, and C3H8. 

 

3.2.1.2.Dynamic test 

Table 3.2 details the sizes and characteristics of the equipment used. During the dynamic 

experiment, each species' initial concentrations and the reactor's gas temperature matched those 

of the inlet flow. After reaching the first steady state (t = 0 s), a sudden increase of 50 % was 

introduced to the inlet flow as a step (ramp over 0.001 s). 

 

Table 3.2.  Dimensions and properties of HMR 
  

Parameter Value 

Channel geometry 
Sinusoidal  

(Figure 7 and Figure C.3) 

Internal diameter [mm] 50 

External diameter [mm] 53 

Length [mm] 90 

CPSI [cells / in2] 200 

Gas gap [μm] 750 

Substrate thickness in cell [μm] 110 

Washcoat thickness [μm] 10-50 

Specific surface area of catalyst [m2
catalyst surface /m3

reactor] 1465 

Gas volumetric fraction [m3
gas/m3

reactor] 0.82 

Catalyst volumetric fraction [m3
washcoat/m3

reactor] 0.04 

Substrate material Stainless steel 

Catalyst load [kgcatalyst/m3
reactor] 110.6 
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Table 3.3 presents experimental values for the H2/CO2 ratio, gas pressure (Pgas), inlet space 

velocity (GHSVinlet), and the cooling medium temperature (Tcool). A copper coating was applied to 

the monolithic reactor, to remove the thermal resistance effect of the gas in the monolith-inner 

tube gap. Gas was routed through a fabric packing before entering the reactor to enhance flow 

distribution and preheat the gas.  

 

3.2.2.HMR Modeling 

A detailed mathematical model from Pérez-Vilela & García was used [20]. The model is full-scale, 

transient, two-dimensional, axially symmetric, and heterogeneous. 

 

Table 3.3.  Operation conditions. 
 

Parameter Value 

H2/CO2 4/1 (5 % molar N2) 
Pgas [bar] (constant) 8 bar 

GHSVinlet [1/h] 1800 and 2700 
Tcool [ºC] 240 

  

This model considered the restrictions of internal and external mass transfer within the catalytic 

layer of the channels due to their potential impact on reactor performance [36]. Additionally, the 

model integrated the effects of interparticle thermal transfer resistance in the coating and the gas’ 

axial heat/mass dispersion within the channels. Unlike the catalyst particles in the FXB reactor, 

the HMR catalyst washcoating generally does not exhibit an intraparticle temperature gradient due 

to its smaller size [3,15–20,22,36–42]. However, despite the isothermal nature of the catalyst in 

the HMR, significant temperature gradients exist within the monolith substrate, both axially and 

radially [18–20,22,36–42]. Lastly, the assumptions, averaged governing equations, 

initial/boundary conditions, constitutive equations, and physical properties correlations can be 

consulted in Pérez-Vilela & García [20]. 
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3.2.2.1.Numerical resolution 

Figure 3.2 shows the resolution domain of HMR with evenly spaced elements in the z-r plane. This 

domain is governed by equations for gas conservation and solid energy balance within the 

selected mathematical model. In this type of reactor, the catalytic washcoating is primarily 

isothermal, meaning that the model treats the solid as a combination of both the washcoating and 

the monolith substrate [3,15–20,22,36–42]. It is also seen that each element consists of a one-

dimensional equispaced subdomain, governed by the mass conservation equation of the catalytic 

washcoating. 

 

 

 
Figure 3.2. Mathematical model resolution domain. 

 

The numerical approach from Pérez-Vilela & García [20] was applied to discretize the conservation 

equations and boundary conditions to solve the partial differential equations system in the 

resolution domain. The Matlab ode15s subroutine to solve the differential equations system with 

initial value problem was used, incorporating initial and operational conditions, reactor dimensions, 

the reaction rate expression, feed flow fluctuations, constitutive equations, and the gas’ physical 
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properties correlations. The integration step can change depending on the time interval utilized. 

It's important to emphasize that the default precision of the ode15s subroutine must be maintained. 

 

3.2.3.Experimental validation of the HMR mathematical model 

To validate the mathematical model of the HMR, a numerical simulation was conducted using the 

previously established model. This simulation used the same operating conditions and reactor 

sizes as detailed in the experimental test from section 3.2.1.2. In this case, the priority was to 

consider the application range of the selected kinetics in contrast to the thermodynamic restrictions 

[27]. Moreover, the sintering temperature for Nickel should not exceed 590 °C [28,187]. 

 

The fluctuation was directly applied to the total feed flow. After reaching the initial steady state, the 

total feed was abruptly increased by 50%. Finally, the system was deemed to have achieved a 

new steady state when the temperature difference between two consecutive times at each reactor 

location fell below 0.1 °C. This value is lower than the maximum (1-2 °C) and average (0.20-0.30 

°C) temperature difference observed in the experiment.  

 

3.2.3.1.Adaptation of boundary conditions to experimental trends. 

The radial position affects the HMR inlet temperature profile due to preheating upstream. The 

reactor entrance temperature also varies over time because of the experimental setup's load 

change and temperature fluctuations. Thus, developing a function linking the inlet temperature 

with the radial coordinate and time within the HMR is crucial. It is also necessary to apply the same 

methodology for the temperature derivative at the outlet of the HMR, due to the temperature 

fluctuations in the experimental setup and the cooling of the gas in the section downstream of the 

HMR outlet. The axial derivative of the solid's outlet temperature will match the expression derived 

from the axial derivative of the gas temperature at that location. At the same time, the adiabatic 

condition at the inlet will remain applicable for the solid phase. Choosing between Dirichlet and 
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Danckwerts boundary conditions for the reactor inlet composition depends on the Peclet number. 

It is assumed that there are no composition gradients at the reactor outlet. A pressure value is 

implemented at the reactor exit. Lastly, with the reactor inlet pressure established, the velocity at 

this location can be determined using the equation of state. 

 

3.2.3.2.Reaction rate 

The research employed a commercially available Ni catalyst. Also, Schollenberger et al., [23,189] 

utilized this catalyst and developed a corresponding rate law (r1), which adheres to the power law 

model (Equation 3.1). For this reason, this expression was used in this work.  

 

Schollenberger’s kinetic expression (𝟐𝟎𝟎 ≤ 𝑻[°𝑪] ≤ 𝟑𝟎𝟎;  𝟐 ≤ 𝑷[𝒃𝒂𝒓] ≤ 𝟏𝟕) 

𝑟1 =  𝑘𝑝𝐶𝑂2
0.47𝑝𝐻2

0.54(1 −
𝑝𝐶𝐻4𝑝𝐻2𝑂

2

𝑝𝐶𝑂2𝑝𝐻2
4𝐾𝑒𝑞⏟      

𝜑𝑒𝑞

); 𝑘 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡∙𝑠∙𝑏𝑎𝑟
1.01] = 9.98 ∙

102𝑒𝑥𝑝 (−
84 𝑘𝐽𝑚𝑜𝑙−1

𝑅𝑔𝑎𝑠𝑒𝑠𝑇[𝐾]
) ;  

3.1 

 

The reaction effectiveness factor was calculated using its formal definition from Equation 2.28 

considering the characteristic length of the catalytic washcoating within the channels [40,183–

185]. Additionally, when there were significant temperature changes in the reactor, the heat of the 

reaction was determined using its formal definition from Equation 2.29. 

 

3.2.3.3.Radial thermal conductivity of solid 

To validate the model, Schollenberger's formula [189] (Equation 3.2) was used instead of Equation 

B.6 to determine the radial thermal conductivity of the solid (λradial,s). This decision was made 

because the Schollenberger equation was specifically designed for the same reactor type used in 

the study, which features sinusoidal channels rather than square ones. 
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𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑒𝑓𝑓 ∙
𝑠𝑖𝑛(𝛾 + 60°)  +  𝑠𝑖𝑛(𝛾 + 120°)

𝑠𝑖𝑛(60°)  +  𝑠𝑖𝑛(120°)
+ 𝜆𝑠𝑢𝑝

𝑑

𝑏
𝑠𝑖𝑛(𝛾); 

𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑒𝑓𝑓 = 
1

2𝑅1 + 𝑅2 +
𝑅3
2

 =  
1

2 (
𝑑

2𝑏𝜆𝑠𝑢𝑝
) + (

2𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠
𝑑𝜆𝑔

) +
1
2

𝑏
𝑑𝜆𝑠𝑢𝑝

 
3.2 

 

This formula, based on an analysis of thermal resistance [189], is influenced by the design 

parameters d, b, γ, and  𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠. Detailed information regarding these parameters is available in 

section C.3. The experimental data establishes fixed values for d and b at 110 µm and 1.85 mm, 

respectively. There is no available information regarding the value of γ. In this study, the 

assumption is made that γ is 0°, meaning that 𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑒𝑓𝑓. The parameter 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 has a 

value that lies between 0 and 50 µm, where the maximum value corresponds to the maximum 

thickness of the catalytic washcoating.  

 

3.2.3.4.Heat transfer coefficient of solid – cooling medium 

Glockner [190] also used the same type of reactor as this study. These authors used a rigorous 

equation (Equation 3.3) to calculate the heat transfer coefficient of the monolith-cooling medium 

(Usc), considering the thermal resistances of the monolith wall, monolith gap, inner tube wall, and 

cooling medium. 

 

𝑈𝑠𝑐 = 
1

𝑅𝑚𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑤𝑎𝑙𝑙 + 𝑅𝑔𝑎𝑝 + 𝑅𝑖𝑛𝑛𝑒𝑟 𝑡𝑢𝑏𝑒 + 𝑅𝑐𝑜𝑜𝑙𝑎𝑛𝑡
; 

𝑅𝑚𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑤𝑎𝑙𝑙 =
𝑀𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑖𝑛𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠

𝜆𝑚𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑤𝑎𝑙𝑙
∙ 𝑙𝑛 (

𝑀𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑒𝑥𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠

𝑀𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑖𝑛𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠
); 𝑅𝑔𝑎𝑝 =

𝑚𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑔𝑎𝑝 

𝜆𝑠𝑢𝑏𝑠𝑡𝑎𝑛𝑐𝑒 𝑖𝑛𝑠𝑖𝑑𝑒 𝑔𝑎𝑝
; 

𝑅𝑖𝑛𝑛𝑒𝑟 𝑡𝑢𝑏𝑒 =
𝑀𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑖𝑛𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠

𝜆𝑖𝑛𝑛𝑒𝑟 𝑡𝑢𝑏𝑒
∙ 𝑙𝑛 (

𝐼𝑛𝑛𝑒𝑟 𝑡𝑢𝑏𝑒 𝑒𝑥𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠

𝐼𝑛𝑛𝑒𝑟 𝑡𝑢𝑏𝑒 𝑖𝑛𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠
); 𝑅𝑐𝑜𝑜𝑙𝑎𝑛𝑡 =

1 

𝑈𝑐𝑜𝑜𝑙𝑎𝑛𝑡
∙
𝑀𝑜𝑛𝑜𝑙𝑖𝑡ℎ 𝑖𝑛𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠

𝐼𝑛𝑛𝑒𝑟 𝑡𝑢𝑏𝑒 𝑒𝑥𝑡𝑒𝑟𝑛𝑎𝑙 𝑟𝑎𝑑𝑖𝑢𝑠
 

3.3 

 



109 
 

The monolith’s gap is covered by copper instead of gas (𝜆𝑠𝑢𝑏𝑠𝑡𝑎𝑛𝑐𝑒 𝑖𝑛𝑠𝑖𝑑𝑒 𝑔𝑎𝑝 = 𝜆𝑐𝑢𝑝𝑝𝑒𝑟). The 

dimensions of the monolith and inner tube are known. To calculate the thermal conductivities of 

the monolith wall and inner tube, the Glockner correlations [190] were used. Regarding the heat 

transfer coefficient of the cooling medium, its value is around 200 W/(m2°C). 

 

3.2.3.5.Influence of λradial,s and Usc on results predicted by the HMR mathematical model. 

To reduce the discrepancy between the model's forecasted temperature profile and experimental 

data, the value of 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 was adjusted to range between 0 and 50 µm. Moreover, the temperature 

profile at the monolith wall may significantly differ between model predictions and experimental 

data due to the computed Usc value during simulations. To address this, altering the Ucoolant value, 

which contributes the most variation compared to other thermal resistances, is recommended.  

 

3.2.4.HMR vs. FXB: Analysis of dynamic behavior for both reactors during CO2 methanation. 

After validation, the mathematical model was used to compare the dynamic behavior of the HMR 

reactor with that of FXB reactor under fluctuating green H2 loads. With this purpose, three 

modeling studies of FXB reactors, proposed by Tauer et al., [105], Fischer et al., [102], and 

Lefebvre et al [73] were selected as case studies for this comparison.  

 

To effectively compare the HMR and FXB reactors, identical operating conditions (Table C.1), 

catalyst properties, reaction rate expression (Table C.2), and reactor dimensions (Table C.3) were  

applied in both scenarios. Furthermore, the same pattern of temporal variation in feed flow (Table 

3.1) was implemented.  

 

Tauer et al., [105]'s study was picked as the first choice, because their findings show "wrong-way" 

behavior. As a second study case, Fischer et al., [102]'s work was selected as the initial 

comparison point because their model did not exhibit "wrong-way" behavior when the feed flow 
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was altered. Lastly, Lefebvre et al., [73]'s research was chosen as a third option, as it displayed 

wrong-way behavior, manifesting a temporal minimum and maximum with decreasing and 

increasing flow rates. 

 

It is also crucial to mention that, unlike experimental validation, the boundary conditions from 

Pérez-Vilela & García model [20]  were applied, as they align with the conditions of the above 

mentioned studies selected for comparison. To compute λradial,s, equation B.6 is used because of 

the square geometry of the HMR channels. Moreover, a constant Usc value is set, matching the 

one required to achieve the same peak temperature of the FXB reactor.   

 

From literature concerning catalytic evaluations of HMR for the Sabatier reaction, the catalyst 

volume fraction in experimental studies ranges from 0.013 [158] to 0.031 [24,155]. In contrast, 

simulations show a range from 0.04 [189,190] to 0.134 [20,22]. These values are lower compared 

to those used in FXB, which range from 0.518 to 0.612 (as shown in Table C.2). This discrepancy 

arises because, in FXB, the catalyst particles occupy more space within the reactor, unlike the 

catalytic coatings in HMR. Consequently, the catalyst loading in HMR is much lower, ranging from 

11 [24,155] to 500 [18] kg/m3, compared to 630-1475 kg/m3 in FXB (refer to Table C.2). Therefore, 

this parameter cannot be matched for both reactors in the comparative studies. Values for CPSI 

(from 26 [20,22] to 2063 [157]), catalytic washcoating size (from 2 [157,158] to 200 [20,22]) and 

substrate thickness between channels (from 50 [158] to 612 [20,22]) are  selected to obtain the 

highest possible catalyst loading of the HMR in the comparative studies.This approach allows for 

a comparison of the recovery time to a new steady state, the final maximum reactor temperature, 

the new location of the HMR hot spot, and final CO2 conversion after a change in feed flow. These 

results can then be compared with values from selected studies of the FXB reactor under specific 

operating conditions. 
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3.3.Results and Discussion 

3.3.1.Dynamic test of HMR 

As mentioned in sections 3.2.3.3 and 3.2.3.4, this study utilized the same reactor as in 

Schollenberger [189] and Glockner [190], making their experimental results a key point of 

comparison for analyzing the experimental results of this work.  

 

The experiment revealed that the reactor reached a new steady state in 281 seconds after feed 

flow fluctuation (Figure 3.3). The maximum temperature at the monolith center (Tmax) was around 

446 °C in the first steady state, like Glockner [190]'s findings (450 ºC with 1800 h-1) 

 

 

 
Figure 3.3. Axial temperature profile at 0 and 281 s. Experimental data at the center and the 
reactor wall.  Center, first steady state (t = 0 s). Center, second steady state (t = 281 s).  

Wall, first steady state (t = 0 s).  Wall, second steady state (t = 281 s).  Cooling medium 
temperature. 
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However, the location of the hot spot (zTmax), positioned 16 mm ahead compared to the entrance 

location noted by Schollenberger [189] and Glockner [190]. The cooling post-hot spot was more 

gradual than in previous observations. Additionally, CO2 conversion (XCO2) was lower, at 78%, 

compared to Schollenberger's 80% and Glockner's 82%, both measured at a GHSV of 1800 h-1. 

Regarding the reactor's dynamic behavior, a sudden increase in feed flow led to a rise in Tmax from 

446 to 558 °C, enhancing XCO2 from 78 to 83%. 

 

3.3.1.1.Analysis of experimental results at steady state 

The behavior of axial profile of gas temperature (Tg) at the center and wall of the monolith matches 

with that observed by Schollenberger [189] and Glockner [190] (results of these authors are 

presented in section C.4). Regarding the values of Tmax and zTmax, there are deviations between 

the values obtained in this work and those reported by Schollenberger [189] and Glockner [190]. 

These differences may arise from measurement deviations due to axial conduction through the 

protective capillary, significant non-uniformity of the catalyst within the monolith channels between 

0 < z < zTmax, and variations in the phenomenological aspects of heat transfer within the monolith 

in both axial and radial directions [189]. 

 

For the first steady state, the reduction in Tg after zTmax at r = 0 mm was less than what Glockner 

observed for a 100 mm monolith with a GHSV of 1800 h-1. This is due to Tg at the reactor's exit 

being about 302 °C, higher than Glockner's 263 °C. The reduced cooling effect is linked to both 

the reactor length of 90 mm compared to 100 mm, and the unique heat transfer characteristics of 

the monolith. This, combined with thermal behavior and possible uneven catalyst distribution in 

the monolith channels, led to a lower XCO2 of 78%, compared to the 80-82% reported by other 

authors for the same GHSV of 1800 h-1, with a different zTmax value. 
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3.3.1.2.Analysis of the dynamic response of HMR to feed flow fluctuation 

Increasing the GHSV from 1800 to 2700 h-1, while keeping a constant H2/CO2 ratio, resulted in a 

rise in Tg throughout the reactor over time (Figure 3.4).  

 

 

 

 
Figure 3.4. Axial temperature profile for different times in center (top) and wall (bottom) of 

HMR.  t = 0 (first steady state), t = 40 s,   t = 80 s,  t = 281 s (final steady state).   
Cooling medium temperature. 
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Although increased gas velocity led to intensified convective heat transport and reduced residence 

time, these did not counteract the increased reaction heat, due to more reactants entering GHSV 

= 2700 h-1. 

 

Moioli et al., [67] identified a similar trend with the increment of feed flow, observing that Tmax 

moved further away from the reactor inlet after this fluctuation. This shift was attributed to an 

increase in convective heat transport, resulting in delayed reactor activation and increased heat 

transfer from the cooling medium. 

 

Therefore, unlike previous studies by Try et al., [118], and Lefebvre et al., [73], this experiment did 

not show a temporal maximum in Tmax. There was also no evidence of a temporal minimum or 

decrease, contrary to findings by Tauer et al., [105] and Fischer et al., [100,102] respectively. In 

summary, the experiment showed no wrong-way behavior. Moreover, as reported in earlier 

studies, there was no shift in hot spot location. Lastly, it was found that from a stationary 

perspective, Tg increased with the GHSV, consistent with the results of Schollenberger, Glockner, 

and Moioli. 

 

3.3.2.Adaptation of HMR Model to Experiment Results 

Several key factors were considered to validate the mathematical model's accuracy during the 

analysis of experimental outcomes: 

I) The simulation was focused on the range from z = 0 mm to z = 90 mm to reduce 

computational costs, as temperature temporal changes at the reactor's inlet and outlet are 

already known (Refer to section C.2 for the full HMR experimental diagram). 

II) Therefore, a function was developed to describe the Tg profile at the reactor's inlet, varying 

with time and the radial coordinate. This was also applied to the derivative of Tg at the 

reactor's exit. 
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III) At the reactor entrance, recorded Peclet numbers were close to 40, indicating an intermediate 

amount of dispersion within the reactor [191]. As a result, the Danckwert condition was 

applied to the inlet composition. 

IV) In the experiment, the pressure drop was negligible, thus a pressure drop of 0.001 kPa was 

considered in the simulation. 

 

3.3.2.1.Inlet temperature and axial gradient of outlet temperature 

Figure 3.5 displays the experimental inlet temperature (Tinlet) profile for r = 0 (center) and r = 25 
mm (wall).  
  

 

 

 

Figure 3.5. Inlet temperature profile for different times in center (top) and wall (bottom).  

Experiment, - - - Model. 
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The experimental Tinlet data correspond closely with the fitted functions shown by the red curves 

in Figure 3.5, attaining a coefficient of determination (R2) of 0.96. It is important to mention that 

Tinlet rises over time because the heat of the reaction increases, driven by the accumulation of 

reactants at the inlet during fluctuations. 

 

The axial gradient of the gas temperature at the reactor outlet (∂T/∂zoutlet) decreases over time, 

showing that the gas cools more rapidly as it exits the HMR (Figure 3.6). This accelerated cooling 

is due to the increased temperature difference between the gas and the cooling medium, resulting 

from the rise in gas exit temperature following the disturbance in the feed flow. The fitted functions 

used to represent ∂T/∂zoutlet closely match the experimental data, with R2 values between 0.97 and 

0.98. 

 

3.3.2.2.Functionality of Tinlet and ∂T/∂zoutlet in relation to time and the radial coordinate  

After examining the trends for Tinlet and ∂T/∂zoutlet over time, a relationship was established 

regarding the radial coordinate. Unlike Schollenberger [189] and Glockner [190]'s investigations, 

there was no data on the axial temperature profile for radial positions other than the center and 

wall of the HMR. Therefore, a symmetric parabolic profile for Tinlet and ∂T/∂zoutlet was assumed, 

peaking at r = 0. This led to the formulation of the Tinlet and ∂T/∂zoutlet as function of both radius and 

time, expressed in Equation 3.4. 

 

𝑇𝑖𝑛𝑙𝑒𝑡(𝑟, 𝑡) =  𝑇𝑖𝑛𝑙𝑒𝑡,𝑐𝑒𝑛𝑡𝑒𝑟(𝑡) + (𝑇𝑖𝑛𝑙𝑒𝑡,𝑤𝑎𝑙𝑙(𝑡) − 𝑇𝑖𝑛𝑙𝑒𝑡,𝑐𝑒𝑛𝑡𝑒𝑟(𝑡)) (
𝑟

25 𝑚𝑚
)
2

 

𝜕𝑇

𝜕𝑧
|
𝑜𝑢𝑡𝑙𝑒𝑡

(𝑟, 𝑡) =  
𝜕𝑇

𝜕𝑧
|
𝑜𝑢𝑡𝑙𝑒𝑡,𝑐𝑒𝑛𝑡𝑒𝑟

(𝑡) + (
𝜕𝑇

𝜕𝑧
|
𝑜𝑢𝑡𝑙𝑒𝑡,𝑤𝑎𝑙𝑙

(𝑡) −
𝜕𝑇

𝜕𝑧
|
𝑜𝑢𝑡𝑙𝑒𝑡,𝑐𝑒𝑛𝑡𝑒𝑟

(𝑡)) (
𝑟

25 𝑚𝑚
)
2

 

3.4 
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Figure 3.6. Axial gradient in outlet temperature for different times. Center (top) and wall 

(bottom).  Experiment, - - - Model. 

 

3.3.3.Validation of the HMR mathematical model  

A theoretical validation of the mathematical model of the HMR was presented in Pérez-Vilela & 

García research [20]. The model's solutions are unaffected by the number of elements in axial and 

radial directions, or by the number of subintervals in the mass balance resolution domain within 

the catalyst. 
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3.3.3.1.Effect of 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 and Ucoolant on results predicted by the model 

To ensure temperatures exceed 240 °C at both the reactor center and wall, 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 (Figure C.3) 

must be at least 10 µm, and Ucoolant should be 125 W/(m2°C) maximum. These conditions are 

essential to counteract the cooling influence at the reactor outlet. Figure 3.7 illustrates the 

influence of  𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠  values on the gas temperature profile in both steady states, with a Ucoolant of 

125 W/(m2°C).  

 

 
 
Figure 3.7. Effect of 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 on temperature profile, with Ucoolant = 125 W/(m2°C). Center (A, B) 

and wall (C, D) of HMR. First (A, C) and second (B, D) steady state.  𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 10 micron,  

 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 20 micron,  𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 30 micron,    𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 40 micron, ··· 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 50 

micron,  Experiment. 
 

In Figure 3.7.A-B, as 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠  increases, the center temperature rises. This occurs because λradial,s 

decreases with higher 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 values, which means the solid's thermal resistance increases. 
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Consequently, heat, from the Sabatier reaction, accumulates. Concerning the wall temperature 

(Figure 3.7.C-D), its decrease is noticeable. When λradial,s decreases, the heat transferred to the 

surroundings diminishes, indicating that the cooling effect is confined to areas near the wall, rather 

than throughout the entire reactor as operationally desired. 

 

Figure 3.8. A-B shows that reducing Ucoolant leads to an increase in the center temperature in both 

steady-state conditions. This is because the cooling medium becomes less effective to counteract 

the heat generated during CO2 methanation. However, this temperature increase is not as 

significant as the increase observed when 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 is raised. 

 

 

 

 
Figure 3.8. Effect of Ucoolant on temperature profile, with 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 10 µm. Center (A, B) and wall 

(C, D) of HMR. First (A,C) and second (B, D) steady state.   Ucoolant = 25 W/(m2°C),    

Ucoolant = 50 W/(m2°C),   Ucoolant = 75 W/(m2°C),     Ucoolant = 100 W/(m2°C), ··· Ucoolant = 

125 W/(m2°C),  Experiment. 
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On the other hand, decreasing the Ucoolant significantly affects the wall temperature. This happens 

because the thermal resistance of the cooling medium increases. Therefore, the temperature 

gradient between the monolith wall and the medium increases, resulting in substantial radial 

heating of the HMR due to the heat of reaction, especially in locations near the monolith wall. 

 

Table 3.4 highlights the differences between the model's predicted outcomes and the actual 

experimental results for various 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠  values. When 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 is set to 20 µm, the results show 

the lowest errors, along with the greater R2 value. However, accurately predicting the maximum 

reactor temperature is crucial to avoid exceeding the catalyst's sintering temperature. A 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 

of 10 µm provides the least discrepancies between predicted and actual maximum temperatures, 

except at the HMR center during the second steady state. 

 

Table 3.4.  Deviations between model predictions and experimental results. Effect of 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠, 

with Ucoolant = 125 W/(m2°C). 
 

 𝜹𝝀𝒓𝒂𝒅𝒊𝒂𝒍,𝒔 [µm] 10 20 30 40 50 

R2 [-] 0.89 0.93 0.90 0.87 0.84 

Standard error [°C] 28.94 24.66 31.64 37.87 42.45 

Average relative error [%] 7.48 6.20 7.99 9.54 10.60 

Relative error of maximum temperature in HMR center [%] 

First steady state 0.24 2.46 3.80 4.59 5.11 

Second steady state 7.35 5.37 4.54 4.11 3.86 

Relative error of maximum temperature in HMR wall [%] 

First steady state 10.50 14.29 16.37 17.70 18.63 

Second steady state 9.63 15.37 18.35 20.19 21.45 

 

Table 3.5 compares the predicted model outcomes with experimental results after varying Ucoolant, 

using  𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 10 µm. As shown in Figure 3.8 C-D, the smallest average relative and standard 

errors, along with the highest R2 value, were achieved for a Ucoolant of 75 W/(m2°C).  
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Table 3.5.  Deviations between model predictions and experimental results. Effect of Ucoolant 
with  𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 10 µm. 

 

Ucoolant [W/(m2°C)] 25 50 75 100 125 

R2 [-] 0.68 0.93 0.95 0.93 0.89 

Standard error [°C] 42.43 20.86 18.22 23.09 28.94 

Average relative error [%] 10.50 4.66 3.83 5.60 7.48 

Relative error of maximum temperature in HMR center [%] 

First steady state 2.11 1.15 0.47 0.03 0.24 

Second steady state 5.61 6.27 6.64 7.02 7.35 

Relative error of maximum temperature in HMR wall [%] 

First steady state 18.28 7.91 1.23 6.96 10.50 

Second steady state 19.62 12.14 5.29 2.89 9.63 

 

Regarding the maximum deviation of the center temperature, the smallest deviation was observed 

during the initial steady state with Ucoolant at 100 W/(m2°C), although this deviation increased in the 

subsequent steady state as Ucoolant increased. A notable benefit is the reduction of maximum 

temperature deviation at the HMR wall, with the lowest values occurring at 75 and 100 W/(m2°C) 

during the first and second steady states, respectively. 

 

As shown in Figure 3.8 C-D, the smallest average relative and standard errors, along with the 

highest R2 value, were achieved for a Ucoolant of 75 W/(m2°C). Regarding the maximum deviation 

of the center temperature, the smallest deviation was observed during the initial steady state with 

Ucoolant at 100 W/(m2°C), although this deviation increased in the subsequent steady state as 

Ucoolant increased. A notable benefit is the reduction of maximum temperature deviation at the HMR 

wall, with the lowest values occurring at 75 and 100 W/(m2°C) during the first and second steady 

states, respectively. 

 

By performing parametric studies using a Ucoolant value of 75 W/(m2°C) with varying 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 values, 

and a 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 of 20 µm with different Ucoolant values, these studies confirmed that these specific 
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values again reduce the discrepancy between the model's predictions and the experimental 

results. Considering the outcomes discussed earlier, a 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 of 20 µm and a Ucoolant of 75 

W/(m2°C) were used to verify the model. Table 3.6 shows the differences between the model's 

predictions and the experimental results using these parameters. By applying these values, 

discrepancies between the model's predictions and experimental results are minimized, as 

evidenced by a reduced average relative error and standard error, as well as a higher R2 value 

compared to those in Table 3.4 and Table 3.5. 

  

Table 3.6.  Deviations between model predictions and experimental results. Ucoolant = 75 
W/(m2°C) and 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 20 µm. 

 

R2 [-] 0.97 

Standard error [°C] 15.40 

Average relative error [%] 3.37 

Relative error of maximum temperature in HMR center [%] 

First steady state 1.42 

Second steady state 2.45 

Relative error of maximum temperature in HMR wall [%] 

First steady state 4.11 

Second steady state 0.11 

 

Although the deviations in maximum temperatures aren't the smallest, especially regarding the 

initial steady-state wall temperature, the model accurately forecasts the peak temperature at the 

reactor's center, which is the highest during the reaction. These values also allow for precise 

prediction of the highest outlet temperature at the HMR's center. These trends can be observed 

in Figure 3.9 as described in the following section. 

 

3.3.3.2.Validation of the model: Steady state. 

Figure 3.9 compares the model's outcomes with experimental findings, showing a similar axial 

temperature profile to that of studies by Glockner [190] and Schollenberger [189]. The model 
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reflects an initial rise in Tgas, followed by cooling along the reactor, with the central reactor area 

being hotter than the monolith wall. The Tmax values predicted by the model, although not perfectly 

match the experimental HMR values, they are considered as satisfactory with discrepancies in the 

range of 0 and 4 %. As can be appreciated in Figure 3.9, the position of zTmax at r = 0 differs for 

both steady states, with the model showing it closer to the inlet compared to the experimental data 

(9 vs 16.40 mm). The model also predicts a slower cooling process at the center of the HMR, 

aligning with Glockner and Schollenberger's findings. At r = 25 mm, the difference between the 

model and experimental Tmax is larger during the first steady state. 

 

 

 
Figure 3.9. Model validation, with 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 20 µm and Ucoolant = 75 W/(m2°C). Experiment 

(points) and model (lines).   Center (first steady state), Center (second steady state),   Wall 

(first steady state),  Wall (second steady state).   Center (first steady state),    Center 

(second steady state),  Wall (first steady state),     Wall (second steady state). 
 

Like Glockner [190], the discrepancies between the model's predicted values and the 

experimentally measured temperatures for the HMR center and wall could be due to the model's 
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limitations to capture the true thermal behavior of the HMR. Furthermore, the model does not 

account for the possible non-uniform distribution of the catalyst within the monolith channels, 

which can also significantly influence the prediction of temperature profiles. 

 

On the other hand, the XCO2 values calculated at the reactor outlet (Figure 3.9) represent the radial 

average at z = 90 mm for any given time. The XCO2 predicted by the model is higher due to 

Schollenberger's reasoning, which suggests that his mathematical model calculates reaction rates 

that are higher than those found in experimental observations. This discrepancy arises from 

extrapolating the reaction rate for temperatures exceeding 300 °C, leading the model to forecast 

a higher XCO2 at the reactor's exit. Additionally, this accounts for the model's prediction of the hot 

spot being nearer to the reactor inlet, contrary to what is observed experimentally. 

 

3.3.3.3.Validation of the model: Dynamic response to load fluctuation. 

Figure 3.10.A-C show a very good prediction of the increase in Tgas after a disturbance in the feed 

flow. The higher reactant concentration at the monolith entrance leads to more energy 

accumulation, raising Tgas due to increased heat release during the reaction until a new steady 

state is reached. 

 

The conversion of CO2 near the wall (Figure 3.10.D) is reduced due to the lower temperature, 

which slows down the reaction process and consumption of reagents. An increase in load resulted 

in a reduction in CO2 conversion at the center of the HMR (Figure 3.10.B), consistent with previous 

research of FXB reactor [73,100,102,105,118]. 
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Figure 3.10. Model validation, with 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 20 µm and Ucoolant = 75 W/(m2°C). .   t = 0 s,  

   t = 100 s (A, C) and t = 50 s (B, D),   t = 200 s (A, C) and t = 100 s (B, D),    t = 281 s, 

··· t = 485.75 s. 

 

However, the conversion increased over time at the wall, even reaching a temporal minimum. In 

the center, a shorter residence time decreased reagent consumption. Nevertheless, at the wall, 

increased convective heat transfer did not compensate for the rise in reaction rate due to reagent 

accumulation in the inlet reactor, leading to an increment in temperature and CO2 conversion as 

time progressed. This explains the reason for the observed increase in average CO2 conversion 

at the outlet. This finding is consistent with the experimental results obtained in this study and 

aligns with the research conducted by Schollenberger [189] and Glockner [190] on the HMR. 

 

Therefore, the mathematical model accurately reflects the steady-state behavior of the HMR, 

similar to Schollenberger [189]and Glockner [190]'s research findings. However, like these 
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authors, there are differences between the model's predictions and experimental observations, 

suggesting that further improvements to the model are necessary for more precise results. 

 

Nonetheless, the developed model predicts outcomes with a deviation of 1-4% compared to 

experimental data and accurately represents the behavior of the HMR. More revelant, the 

proposed model correctly simulates the HMR's dynamic response to feed flow changes, 

contributing to the dynamic analysis of CO2 methanation reactors.  

 

As a result, the model is considered fully validated both, theoretically and experimentally, enabling 

its use in future HMR research (e.g., design, parametric studies), as Schollenberger and Glockner 

did in their studies on this reactor type following experimental validation. 

 

3.3.4.HMR vs. FXB: Analysis of dynamic behavior for both reactors in the Sabatier reaction  

As a explained in section 3.2.4, following experimental validation, the mathematical model was 

used to evaluate the HMR's response under the same operating conditions as those of three 

selected dynamic FXB studies  [73,100,105]. The evaluation results of HMR were compared 

based on recovery time to a new steady state, final maximum reactor temperature, new HMR hot 

spot location, and final CO2 conversion. 

 

Stainless steel was selected for the HMR due to its common use in FXB reactors. This decision 

ensures that the monolithic substrate's physical and thermal properties, especially thermal 

conductivity, do not affect the HMR model's results across the three case studies. 

 

Besides, a 200 CPSI HMR with a substrate thickness of 110 µm between channels is used, like 

the stainless-steel monolith used by Schollenberger [189] and Glockner [190]. These 
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specifications are chosen for their capability to create a large gas volume fraction, achieving 0.86 

and 0.88 for sinusoidal and square channels, respectively. 

 

Based on the above, a catalyst coating thickness of 200 µm was employed, as in the works of 

Schlereth [22] et al., and Pérez-Vilela & García [20], to maximize the catalyst volume fraction. This 

resulted in a catalyst volume fraction of 0.3685 in a square channel HMR, achieving the maximum 

catalyst loading possible for this reactor type. However, as mentioned in section 3.2.4, this catalyst 

load remains lower than what is achieved with the FXB reactor. 

 

3.3.4.1.HMR vs. FXB: Operation conditions of Tauer et al., 

Figure 3.11 shows that as the feed flow increased from 27 to 217 h-1, the temperature at the center 

of the HMR also rose over time. The peak temperature within the HMR increased from 190 to 193 

°C. A Usc value of 56 W/(m2°C) was adjusted to achieve these results. On the other hand, Tauer 

et al., [105].'s model forecasted a change from 192 to 193 °C for FXB. Additionally, the position of 

the highest temperature within the HMR shifted, now extending from 4.4 to 11 cm, which is further 

from the reactor inlet compared to both the experimental data (4.17 to 5.26 cm) and the forecasts 

by Tauer et al., [105] (1.46 to 2.31 cm) in the FXB reactor. Furthermore, the recovery time for the 

new steady state in the HMR was 253 s, which is longer than the 120 s predicted by Tauer et al., 

but closer to the 300 s observed by this authors experimentally.  

 

Like section 3.3.1.2, the temperature profile trends predicted by Tauer et al., [105] and this study 

are consistent with the experimental results from Moioli et al., [67]. These authors attribute the 

behavior of the temperature profile to the increase in reaction heat and changes in thermal 

properties as the feed flow rises. They emphasize that the hot spot shifts further from the reactor 

inlet due to increased convective heat transport, potentially delaying thermodynamic and kinetic 

equilibrium, slowing reactor activation, and increasing heat transfer to the cooling medium. 



128 
 

 

 

 
Figure 3.11.  Temperature profile for different times for the operation conditions of Tauer et al., 
[105]. Centerline of HMR. Increment of GHSV, from 27 to 217 h-1. Lines for HMR and points for 

FXB.  and .   for t = 0 s,  and    for t = 60 s, and   for t = 180 s,  for t = 360 s 

and    for t = 253 s. Tauer’s FXB model,  t = 0 s and ··· for t = 360 s. 

 

Figure 3.12 shows the temporal profile of peak reactor temperature at the hot spot. Both Tauer et 

al.,'s research and the current study don't show a temporal minimum of peak temperature, unlike 

the experiment. Tauer et al., [105] attribute this to delayed equilibrium in H2O adsorption, which is 

overlooked in the stationary selected kinetic model (Koschany et al., [146]). The kinetic model 

assumes instantaneous reactions at specific temperatures; thus, the reactor's mathematical model 
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only considers transient thermal effects, excluding the influence of kinetic desorption and 

adsorption capabilities of the catalyst [105]. 

 

This explains why reaching the new steady state takes longer than predicted by mathematical 

models for both reactor types. The delay is due to the water content in the gas, as initially, the 

reaction rate and the temperature of the hot spot decrease until the excess adsorbed water is 

released from the gas [105]. 

 

On the other hand, CO2 conversion was nearly 100% in the first steady state. However, a sudden 

increase in feed flow led to reduced CO2 consumption due to a shorter residence time. In the 

second steady state, CO2 conversion reduced to 83% for the HMR, surpassing Tauer et al.,'s 

forecast of 69% and the 60% achieved experimentally. Tauer et al., noted that discrepancies 

between predictions and experimental results were due to inaccuracies related to high H2O/H2 

ratios [105]. 

 

 
Figure 3.12.  Temporal profile of maximum temperature in hotspot location. Operation conditions 

of Tauer et al., [105]. Increment of GHSV, from 27 to 217 h-1.  Experiment, - - HMR,  

Tauer’s FXB model. 
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Moreover, Figure C.6 shows a different trend from Figure 3.12 when the feed flow is reduced from 

217 to 27 h-1, resulting in a reduction in maximum temperature across all case studies. In the 

experimental case, a temporary temperature peak is observed. Tauer et al., [105] explain that this 

is due to increased adsorption of water produced near the hot spot. This aspect is not included in 

the mathematical models of the FXB reactor proposed by these authors or in the HMR model of 

this study, due to the use of stationary kinetics. 

 

3.3.4.2.HMR vs. FXB: Operation conditions of Fischer et al., 

A Usc value of 342 W/(m2°C) was used, resulting in a peak temperature of 508 K (235 °C) at the 

centerline of HMR (Figure 3.13). 

 

 

 
Figure 3.13. Temperature profile for different times for the operation conditions of Fischer et al., 
[102]. Centerline of HMR. Increment of GHSV, from 1572 to 3144 h-1. Lines for HMR and points 

for FXB.  and    for t = 0 s,  and   for t = 2 s, and  for t = 4.5 s,  and    for t = 

16 s, x for t = 112 s (final steady state) and ··· for t = 285 s (final steady state).  for t = 117 s 

(transient maximum). 
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Increasing the GHSV from 1572 to 3144 h-1 raised the peak temperature from 508 to 510 K (235 

to 237 °C), reaching the second steady state in 285 s. At 117 s, the HMR hot spot experiences a 

temporary temperature peak, reaching 512 K (239 °C) at 1.27 m. The location of the peak 

temperature shifted further from the reactor inlet, moving from 0.59 to 1.17 m. 

 

This pattern contrasts with Fischer et al.,'s findings, where doubling the GHSV decreased the 

maximum temperature from 508 to 485 K (235 to 212 °C) in 112 s, with a more pronounced shift 

in peak temperature location from 0.70 to 2.33 m.  

 

Fischer et al., note that FXB's reaction to a higher feed flow rate results from increased convective 

heat transport and improved heat transfer from the cooling medium. Despite this, the reaction-

generated heat escalates more significantly over time in HMR, attributed to the accumulation of 

reactants at the inlet. After 117 s, the convective heat transfer and cooling rate become more 

important than the heat generated by the CO2 methanation reaction in the HMR. Despite this, the 

peak temperature during the second steady state is still higher than the peak temperature before 

the fluctuation in feed flow for HMR. 

 

Figure 3.14 shows that an increase in feed flow leads to a decrease in CO2 conversion for both 

reactor types due to reduced residence time. In the HMR, a brief peak in outlet temperature at 11 

s results in a maximum reaction rate, partially compensating for the reduced CO2 conversion. This 

effect increases the parameter from 11 s until stabilizing at 285 s. 

 

It is important to note that the highest difference between the center and wall temperature of the 

HMR ranges from 15 to 16 °C, leading to decreased reagent consumption at the wall (Figure 3.14). 

Consequently, the average CO2 conversion in the reactor is lower than predicted by Fischer et 

al.,'s one-dimensional pseudohomogeneous model for the FXB. 
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Figure 3.14. Temporal profile of outlet CO2 conversion for the operation conditions of Fischer et 

al., [102]. Increment of GHSV, from 1572 to 3144 h-1.  FXB, - - Centerline HMR,  Average 

HMR, ··· Wall HMR. 

 

Furthermore, reducing the feed flow from 3144 to 1572 h-1 lowers the maximum temperature at 

the center of the HMR from 510 K to 508 K (237 to 235 °C) (Figure C.7) and increases the average 

CO2 conversion at the reactor exit from 80% to 95% (Figure C.8). The reduction in inlet flow 

decreases convective heat transport and slows the cooling process, favoring an increase in 

temperature. However, the HMR maximum temperature briefly dropped to 505 K (232 °C) at 0.68 

m and 53 s. After this point, the convective heat transfer and cooling rate decreased relative to the 

heat generated by the CO2 methanation reaction. Nevertheless, the peak temperature during the 

second steady state was still lower than the maximum temperature noted before the abrupt 

change in feed flow. Finally, the system reached a new steady state in 340 s, with the hot spot 

moving from 1.17 to 0. 59 m. 
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3.3.4.3.HMR vs. FXB: Operation conditions of Lefebvre et al., 

Lefebvre et al., [73] initially employed a two-dimensional model for the FXB reactor but switched 

to a one-dimensional model due to lengthy calculation times. In this study, the radial temperature 

gradient in the HMR was notably significant, with a 150 °C difference between the center and the 

wall. This difference is considerably larger than the results obtained for HMR with operation 

conditions by Tauer et al., [105], who observed a 2 °C difference, and Fischer et al., [102], who 

found a 15 °C difference. 

 

It is important to note that, like Lefebvre et al.,'s study, the mass transfer limitation within the 

catalytic washcoat was considered relevant in this case. In contrast, this limitation was negligible 

for the Tauer [105] and Fischer [102] studies. On the other hand, the concentration gradient 

between the gas and the catalyst surface was found to be negligible for the HMR under the 

operating conditions of the three FXB studies. This confirms the correct application of the Mears 

criterion in the work of Lefebvre et al., [73]. 

 

On the other hand, Lefebvre et al., [73] using Anderson and Mears criteria highlighted that there 

are no heat transfer limitations inside the catalyst or on its surface. This work confirmed that the 

HMR operates without heat transfer constraints within the catalytic coating for operational 

conditions of fixed-bed studies. 

 

 With the conditions of Tauer et al., [105]  and Fischer et al., [102], no temperature gradient is 

observed between the gas and the catalyst surface in the HMR. However, the operational 

conditions of Lefebvre et al., [73]  are not the case. The small temperature difference between the 

gas and the catalytic washcoat surface near the inlet meets the Mears criterion, according to 

Lefebvre et al.,'s study on FXB reactor.  Nevertheless, the temperature difference becomes more 

pronounced near the 0.35-0.38 m length of the HMR, where the main reaction occurs. In the HMR, 
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the maximum solid-gas temperature gradient was about 25 °C during the first steady state and 

increased to 150 °C in the second steady state. 

 

Based on the above, the radial and interparticle heat transfer limitations notably impact the 

recovery time and dynamic trend of the HMR under the conditions studied by Lefebvre et al., [73] 

differing from the predictions made with a pseudohomogeneous 1D model for a FXB reactor. This 

lead to an imbalance in their comparison. For the third comparative study, the dynamic-

heterogeneous model of the HMR was simplified into a one-dimensional case without gas-solid 

heat transport limitations. 

 

Figure 3.15 shows the temperature profile shift to the right for the two reactor types. The HMR 

reactor has a hot spot shift (from 0.44 to 0.59 m) like FXB (from 0.46 to 0.60 m). To achieve peak 

temperatures in the HMR similar to those in the FXB, an Usc value of 811.5 W/(m²°C) was used.  

 

In Lefebvre et al., [73] 's study, the FXB reactor's maximum gas temperature decreased from 510 

to 351 °C, whereas the HMR reactor's hotspot temperature rose from 395 to 397 °C. The FXB 

reactor reached its new steady state in 18 s, while the HMR took 49 s. 

 

Lefebvre et al., [73] note that trends are influenced by the increase in axial convective heat of the 

gas and the reactor cooling rate due to a sudden rise in feed flow. These factors decrease the gas 

temperature, counteracting the heat of reaction. However, they do not fully compensate for the 

increased heat of reaction in the HMR, which is caused by the accumulation of reactants at the 

reactor inlet after the disturbance, leading to a light rise in gas temperature in the HMR. 
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Figure 3.15. Temperature profile for different times for the operation conditions of Lefebvre et al., 
[73]. Centerline of HMR. Increment of GHSV, from 44762 to 59683 h-1. Lines for HMR and points 

for FXB.  and   for t = 0 s,  and   for t = 4 s, and  for t = 8 s,  and    for t = 10 

s, x for t = 16 s (final steady state) and ··· for t = 49 s (final steady state).  for t = 21 s 

(transient maximum). 
 

Figure 3.16 presents maximum temperature time profiles for the FXB reactor from Lefebvre et al., 

[73] and the HMR reactor from this study. In Lefebvre et al's FXB reactor, a temporary peak occurs 

as the hot spot temperature rises from 510 to 579 °C within 7 s, then drops to 351 °C. The FXB 

reactor achieves a new steady state in 18 s. In the case of the HMR, the maximum gas 

temperature reaches a peak of 510 °C over 21 s. Lastly, the temperature declines from 510 to 397 

°C, stabilizing at this new steady state after 49 s. 

  



136 
 

 

 
Figure 3.16.  Temporal profile of maximum temperature in hotspot location. Operation conditions 

of Lefebvre et al., [73]. Increment of GHSV, from 44762 to 59683 h-1.  FXB, - - HMR 

 

The initial rise in the maximum FXB hot spot temperature results from the significant heat of 

reaction during the first few seconds, which is due to the already observed accumulation of 

reactants at the equipment inlet. Subsequently, again, axial convective heat transport and the 

cooling rate surpass the heat of reaction, leading to a decrease in the hot spot temperature to a 

new steady state. In the HMR case, the maximum gas temperature rises due to increased heat of 

reaction. A temporal maximum is noted after 21 s, when axial convective heat transport and reactor 

cooling rate exceed the heat of reaction.  

 

Figure 3.17 illustrates the time evolution of CO2 conversion. Initially, CO2 conversion is reduced 

from 86 to 76 %, due to increased flow that shortens residence time. However, the heat from the 

reaction surpasses convective axial heat transport, leading to a temperature rise. This temperature 

increase enhances the reaction rate, thereby boosting CO2 consumption from 76 to 86 %.  
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Figure 3.17. Temporal profile of outlet CO2 conversion of HMR, for the operation conditions of 
Lefebvre et al., [73]. Increment of GHSV, from 44762 to 59683 h-1.  

 

Lastly, this parameter decreased again for the effect of axial convection heat until a new steady 

state is achieved with a final conversion to 69 %. Concerning to Lefebvre et al study, the CO2 

conversion decreases from 92 to 47 %. 

 

3.3.4.4.HMR vs. FXB: Effect of GHSV and pressure 

For the three cases analyzed, differences are observed in dynamic trends, maximum temperature 

changes, and hotspot displacement. Tauer et al use lower pressure and GHSV. Lefebvre, on the 

other hand, employs higher GHSV and pressure. Fischer's conditions fall in between these two 

approaches.  

 

Under low GHSV conditions, high CO2 consumption is favored. This explains the increase in the 

maximum temperature at a sudden increase of the feed flow and the higher CO2 conversion values 

in the first case for both reactors. 
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In contrast, despite the pressure increase in the intermediate case, increased GHSV leads to an 

increment of axial convective heat in the FXB reactor, being more dominant than the heat of 

reaction. As a result, the temperature of the FXB reactor decreased under a sudden increase in 

feed flow. On the other hand, in the HMR reactor, the maximum temperature increases with a 

sudden rise in inlet flow because its thermal properties cause the heat of reaction to dominate 

over axial convective heat transport.   

 

In the latter case, high pressure supports the Sabatier reaction, thereby balancing the reduced 

CO2 consumption resulting from using a higher GHSV. In this extreme case, GHSV was 40 to 

1000 times higher than in previous studies, showing that axial convective heat transport is 

significantly greater. The extreme differences result in a noticeable drop in maximum temperature, 

a significant decrease in CO2 conversion, and a considerable shift of the hot spot in the FXB 

reactor, all due to fluctuations in the feed flow. This also creates a maximum transient in the peak 

temperature. In the HMR case, there's an increase in maximum temperature because of its distinct 

thermal properties compared to the FXB reactor. Convective transport is more dominant, greatly 

reducing the maximum temperature gradient after the temporal peak, unlike the intermediate case. 

 

3.3.4.5.HMR vs. FXB: Comparison 

It was confirmed that axial mass dispersion of the gas and temperature gradient within catalyst 

was negligible. On the other hand, there are no mass and heat transfer limitations on catalyst 

surface. In the case of Lefebvre et al, mass transport limitations within the catalyst were 

acknowledged, supported by an effectiveness factor ranging from 22 to 86%, while in another 

study, there is no concentration gradient inside the catalyst. In addition, it was also confirmed that 

heat dispersion effect was negligible, except for Tauer et al. 
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When solving the FXB reactor case of Tauer et al with a one-dimensional model, few differences 

with the rigorous model were found, except for the steady state recovery time, reporting 266 s 

instead of 253 s. Furthermore, the axial thermal conductivity of the pseudohomogeneous medium 

is higher in the Tauer case, ranging from 0.41 to 2.6 W/(m°C), whereas the monolith has an axial 

thermal conductivity of 1.7 W/(m°C). 

 

In contrast to the previous case, Fischer's study indicates a larger radial temperature gradient of 

15 °C, compared to Tauer's 2 °C. In this case, the axial heat dispersion was neglegible. This results 

in the one-dimensional model predicting a CO2 conversion of 82% at the second steady state, 

higher than the 79% estimated by the two-dimensional model.  Additionally, the recovery time for 

the new steady state increases to 408 s from 285 s, due to the effect of radial thermal resistance.  

 

When the effect of dimensions and phase are disregarded, it is noted that the behavior of FXB 

and HMR is affected by the different volume fractions of catalyst, with the HMR containing an 

additional solid, the stainless-steel substrate. On the other hand, the catalyst loading is lower in 

the HMR. In addition, the heat transfer coefficient between the wall and the cooling medium varies 

significantly in the fixed bed, while it remains constant in the HMR, supporting the use of a constant 

Usc value for this case (verify with Equations 3.3 and B.7). These elements account for the 

differences in results for each reactor across the three study cases. 

 

Lastly, it’s important to say that the thermal conductivity of the catalyst (λcat) and substrate material  

significantly impacts the results obtained with the HMR in the bidimensional case, where  the axial 

conduction heat and resistance to radial heat transfer are not negligible, particularly influencing 

the axial and radial thermal conductivities as the catalyst volume fraction increases. These 

parameters, along with those previously mentioned, result in a longer recovery time and improved 

dynamic response for the HMR compared to the FXB reactor. 
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Conclusions 

Dynamic modeling of the CO2 methanation reactor is crucial since the reaction may experience 

non-steady state conditions due to variations in the H2 flow, which are caused by the renewable 

energy sources that produce it. Operationally, it is crucial to maintain a constant stoichiometric 

H2/CO2 ratio to prevent side reactions. Consequently, similar to other studies, this research 

concentrated on the change of the total gas flow entering the reactor.  

 

The maximum reactor temperature, referred to as the hot spot, can change directly or inversely 

with time based on operating conditions and total flow changes. Temporary maximum or minimum 

in the hot spot temperature may appear before a new steady state is achieved. Monitoring this 

temporary maximum temperature is essential, as it might surpass the allowable maximum 

temperature, potentially deactivating the catalyst or causing a temperature runaway in the reactor. 

 

Based on the results of this study, it is concluded that in a monolithic honeycomb reactor, both the 

maximum temperature and CO2 conversion increase when there is a sudden rise in the total flow 

rate. Additionally, for a step fluctuation in the reactor feed, no temporary minimum occurs before 

reaching a new steady state under these conditions.   

 

On the other hand, the correct handling of boundary conditions is crucial for ensuring the 

mathematical model of the monolithic reactor aligns accurately with experimental data. 

Additionally, achieving accurate values for the radial thermal conductivity of the monolith and the 

heat transfer coefficient between its wall and the cooling medium is important. This ensures that 

the mathematical model fits correctly with the experimental data from the dynamic test. However, 

to reduce the discrepancy between the model and experimental data, employing a kinetic 

expression that spans a broad temperature range and considers the uneven distribution of the 

catalyst within the monolith channels is recommended. Also, axial temperature profiles should be 
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obtained at different radial locations, not only at the center and the wall. It's also important to 

consider errors in fiber optic temperature measurements and other heat transfer phenomena that 

affect the thermal behavior of the monolithic reactor. For these reasons, it is also essential that the 

mathematical model of the reactor accurately represents its real thermal behavior. 

 

After experimentally validating the mathematical model, comparative tests were conducted with 

studies on the fixed-bed reactor. The tests maintained the same operating conditions and 

dimensions, differing only in catalyst loading and the internal dimensions of the honeycomb 

monolith. In both reactor types, CO2 conversion diminishes as the feed flow increases. The 

monolithic reactor experiences a rise in maximum temperature with higher flow rates, whereas the 

fixed-bed reactor generally shows a decrease. When feed flow is abruptly increased, the hot spot 

shifts in both reactor types, moving the maximum temperature further from the reactor inlet. 

Additionally, temporary maximum occurs in the monolithic reactor when there is high pressure, 

large flow and lower catalyst load. 

 

When operating a monolithic reactor under fluctuating conditions akin to a fixed-bed reactor, there 

were smaller changes in maximum temperature. A lesser reduction in CO2 conversion was noted, 

even with lower catalyst load. Lastly, the monolithic reactor has a longer steady state recovery 

time under the fluctuation of feed flow. 

 

This work demonstrated that the mathematical model formulated is adequate to predict the 

monolithic honeycomb reactor's dynamic behavior under fluctuating feed flow conditions. This 

model showed that this type of reactor is a promising technology for dynamic operation of CO2 

methanation, outperforming the traditional fixed-bed reactor. However, optimizing its design 

variables is crucial to enhance CO2 conversion while using less catalyst. 
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General Conclusions 

The honeycomb monolith is an promising technology to replace fixed-bed reactors in CO2 

methanation, aiming to reduce emissions of this greenhouse gas more economically and simply. 

Adaptation to fluctuating H2 load—due to the intermittent nature of renewable energy sources to 

generate it—is crucial for the reactor's operation. This study evaluated the monolithic reactor's 

dynamic response to these fluctuations while maintaining a constant stoichiometric H2/CO2 ratio. 

First, a review of reactor modeling studies determined that a full-scale, dynamic, two-dimensional 

axialsymmetric heterogeneous model is appropiate for modeling the honeycomb monolith in this 

industrial application. Additionally, the effectiveness factor was calculated based on its formal 

definition, reflecting its dependence on temperature and catalyst structure, rather than using a 

constant value. The mathematical model of the reactor was theoretically validated using chemical 

equilibrium and kinetic regime methodologies. Additionally, it was confirmed that the model results 

were independent of the solution domain's element size.  

Parametric studies were conducted under typical CO2 methanation conditions with varying H2 flow, 

while keeping the H2/CO2 ratio constant. It was found that despite Ru's high catalytic activity, the 

reactor had the same recovery time as when Ni was used, indicating good response under high 

reaction rate conditions. The reactor performed best with ramp changes, but also handled step 

changes well, showing it can manage different inlet flow disturbances. However, as the reactor 

diameter increases, the dynamic response becomes more complex due to increased radial heat 

transfer resistance. 

After performing model evaluations in different operational scenarios, the model was 

experimentally validated, reinforcing the validity of its predicted results. During the experimental 

dynamic evaluation of the monolithic reactor, no temporary maximum or minimum of the hot spot 

temperature was observed with a sudden increase in the feed flow. In addition, it was noted that 

in this type of reactor, both equipment temperature and CO2 conversion increased with increasing 

gas inflow. 

Finally, this work compared theoretically the dynamic response of a monolithic honeycomb reactor 

to a fixed-bed reactor under differents feed flow conditions, keeping operating conditions and 

dimensions consistent, except for catalyst loading and internal dimensions. The monolithic reactor 

demonstrated less fluctuation in peak temperature and CO2 conversion, though it took longer to 

reach a new steady state. 

Thus, the monolithic reactor is shown as a promising technological alternative to the fixed bed 

reactor for CO2 methanation. It is recommended to optimize its operational variables to enhance 

CO2 conversion with minimal catalyst loads. The thesis results encourage further studies on this 

reactor type and provide a foundation for increasing dynamic investigations in CO2 methanation, 

crucial for improving the Power to Gas process. 
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A. Appendix A: Supporting Information of CO2 Methanation 

Reactors Modeling. Reviewing the last decade. 

 

A.1.Boundary and initial conditions 

Reactors often have unique starting conditions, but dynamic modeling studies frequently assume 

that the initial composition, temperature, and pressure align with the feed flow of the equipment. 

This approach also applies to velocity, with most studies choosing the feed flow velocity as the 

initial value rather than a specific value or a scenario where the fluid is stationary (zero velocity). 

 

In reactor modeling for CO2 methanation, the Dirichlet condition (82) is commonly used at the 

reactor entrance. It sets constant values for gas composition, temperature, pressure, and velocity, 

reflecting the feed flow parameters. However, some studies prefer Robin's condition (
𝜕𝑦

𝜕𝑧
= 𝑎𝑦 + 𝑏) 

for gas composition and temperature, employing Danckwerts conditions when the system is 

closed-closed [30,51,52,56,57,60,61,63,67,71,90,93,110,135–137]. If axial dispersion of mass 

and heat is significant, Danckwerts conditions are advised, as fixed inlet values may lead to 

inaccurate predictions. For the solid's temperature, the Neumann condition (5) is mainly applied, 

suggesting an adiabatic state (
𝜕𝑇𝑠𝑜𝑙𝑖𝑑

𝜕𝑧
= 0) at the inlet, particularly relevant to the monolithic 

substrate of the HM reactor (3/6) and the FXB reactor wall (2/64).  

 

For the reactor outlet boundary condition, the Neumann condition is often used (40), indicating no 

gradients (
𝜕𝑦

𝜕𝑧
= 0) in gas composition and temperature at the exit. Another approach involves 

setting the second derivatives of composition and concentration concerning the axial direction (z) 

to zero (
𝜕2𝑦

𝜕𝑧2
= 0) [30,67,90,93], relevant when the reaction rate remains significant at the outlet, 

suggesting linear gradients along the axial coordinate [30,93]. For the monolithic substrate and 
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FXB wall scenarios, outputs are suggested to be adiabatic (5). When considering axial momentum 

dispersion, most models assume a constant pressure at the reactor outlet (34), differing from 

studies that consider a zero velocity gradient at the outlet [20,45,49,84,134] .  

 

In studies involving 2D-3D modeling of reactors, a symmetric boundary condition is typically 

assumed at the reactor's center, except in cases focusing on annular reactors where the catalyst 

is in the shell area. This symmetrical assumption implies the absence of gradients in composition, 

temperature, pressure, or velocity along the reactor's central axis (
𝜕𝑦

𝜕𝑟
= 0).  

 

In modeling studies, it's suggested that there should be no gradient in gas composition at the 

reactor wall, assuming the equipment is neither permeable nor membrane-surrounded. If these 

conditions aren't met, a Robin condition should be used to model mass transport at that point. 

Regarding velocity, most studies use the non-slip condition, meaning the gas velocity at the wall 

is zero. The gas temperature boundary condition depends on the model's thermal situation. In an 

adiabatic reactor, there is no radial temperature gradient at the wall. If a cooling medium maintains 

the wall temperature effectively, the gas temperature can be assumed to match it, assuming no 

heat transfer resistance exists. Alternatively, a Robin condition is advised for detailed energy 

transfer representation between the gas and wall. For a monolithic substrate and FXB wall, similar 

temperature considerations apply, necessitating an appropriate boundary condition to accurately 

reflect the reactor's radial behavior (r).    

 

In scenarios involving catalyst particles, composition and temperature profiles typically show 

symmetry along their central axis. However, when catalysts are applied to channel walls in 

structures like HM, MC, PHE, foams, fibers, millichannels, plates, taps, parallel channels, U-

channels, and spirals, if the walls are impermeable, it is assumed that there are no composition 

and temperature gradients at the interface catalyst-channel wall. At the catalyst gas-surface 
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interface, HET studies use Robin's condition for mass and energy transfer or assume fixed gas 

composition and temperature values matching the bulk gas, assuming minimal resistance to mass 

and energy transfer. 

 

This analysis suggests that selecting boundary conditions for a reactor's mathematical model 

depends on the study's goals and operational conditions. For experimental validation, it's crucial 

to choose appropriate boundary conditions; otherwise, the results may significantly differ from the 

actual reactor's observed behavior. 

 

A.2.Boundary and initial conditions 

This section will highlight the key aspects of assumptions used in modeling CO2 methanation 

reactors, organized into four main subsections. 

 

A.2.1.Physical properties 

In many reviewed studies (85), the physical properties of gas—viscosity, specific heat, thermal 

conductivity, and diffusivity—are determined using established literature correlations, with few 

instances of them being assumed constant. This meticulous determination is essential for 

industrial applications. The choice to assume constant properties can significantly impact 

mathematical model outcomes, as these properties are influenced by composition, temperature, 

and pressure. 

 

The physical properties of the reactor tube (31), catalyst (100), and cooling medium (59) are 

generally considered constant, especially for the solid-phase tube and catalyst, except for 

temperature-dependent properties. This constancy also applies to the monolithic substrate of HM 

(4). However, the cooling medium's properties can vary significantly with temperature changes, 



161 
 

and whether this simplification is applicable depends on the cooling fluid. For example, if water or 

air are used as the cooling medium, this simplification is not recommended. 

 

Moreover, while catalyst porosity can be considered constant in scenarios without deactivation 

reactions, this is often not the case for reactors with catalyst particle beds. In FB and SBC reactors, 

bed porosity usually varies because of particle movement. Other reactors using catalyst particle 

beds or foams have been studied in modeling research, which considers porosity changes relative 

to the radial coordinate [53,74,75,98,99,115,117]. 

 

Consequently, most modeling publications calculate the gas's physical properties, while further 

examination is needed to determine if other properties should be considered constant, based on 

the reactor's conditions and study objectives. 

 

A.2.2.Thermal conditions 

Nine modeling studies have investigated CO2 methanation reactors operating under isothermal 

conditions [25,54,55,58,59,62,69–71]. Conversely, there are 6 published studies focused on 

reactors that operate under adiabatic conditions [43,48,60,92,94,121]. Additionally, some studies 

have investigated how changing the temperature of the cooling medium 

[26,30,52,93,102,113,115,116,124,126,135,136,140,141,143] (15) and/or the reactor wall 

impacts the process  [23,92,94,96,106,113–119,124,126,127,140,141] . 

 

It is observed that most reactor modeling studies for the Sabatier reaction do not assume 

isothermal conditions due to the highly exothermic nature of CO2 methanation. However, 

isothermal conditions might be feasible with substantial cooling, effective mixing, and superior 

thermal characteristics. There are few studies on adiabatic conditions, despite the aim to replace 

adiabatic FXB reactor technology. Existing studies help improve reactor operation and design 
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under adiabatic conditions. Most studies assume constant reactor wall and cooling medium 

temperatures, valid if there's a high flow rate of the cooling medium and minimal heat transfer 

resistance. For assessing cooling medium impact, determining optimal flow rates, or proposing 

suitable reactor designs, existing literature provides valuable insights for future research.    

 

A.2.3.Effects of axial/radial dispersion and limitations on energy and mass transport. 

To begin with, much of the research has focused on axial mass dispersion with 76 publications 

and heat dispersion of gas with 71 publications. There is also significant examination of radial 

dispersion of mass and heat in 2D-3D modeling studies. 

 

The influence of axial diffusion of mass and energy on gas composition and temperature in a 

reactor can be significant or negligible, depending on operating conditions and reactor dimensions. 

Radial gradients in composition and temperature are typically insignificant with substantial mixing 

and minimal radial thermal resistance. Correct boundary conditions at the reactor's entrance must 

be selected based on the level of axial dispersion, using either Dirichlet or Danckwerts closed-

closed conditions. For the FXB reactor’s wall and the HM reactor’s monolithic substrate, analyses 

account for axial and radial heat dispersion, assuming negligible gradients in solids with high 

thermal conductivity. 

 

Conversely, 63 studies focus on the limitations of mass and heat transfer at the gas-catalyst 

boundary. These resistances can be ignored if fluid velocity and contact specific surface area are 

large enough, potentially aligning the composition at the catalyst surface with that in the gas. For 

intraparticle mass (75) and heat (79) transfer limitations, most modeling studies take them into 

account. However, these resistances can be overlooked if the catalyst size is sufficiently small. 
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From the information provided, a significant part of CO2 methanation reactor modeling research 

has focused on including the effects of both axial and radial mass and heat dispersion, as well as 

axial and radial conduction impacts on the monolithic HM reactor substrate and the FXB reactor 

wall. Additionally, many studies have mainly addressed the limitations of mass and heat transfer 

within the solid catalyst. These findings are particularly useful in scenarios where these 

phenomena are crucial, providing more accurate predictions of reactor performance. 

 

A.2.4.Equation of state and fluid dynamics 

The ideal gas equation is primarily used for modeling CO2 methanation reactors because the gas 

mixture involved (CO2, H2, CH4, H2O, etc.) behaves as an ideal gas under the usual industrial 

conditions of temperature, pressure, and composition [57,65,73]. For instance, Lefebvre et al., 

[73] illustrated that the difference between the density estimated using the ideal gas equation and 

that obtained with the Peng Robinson equation of state was less than 1%. Moreover, there are 

investigations that have calculated gas density using tabulated values [135,136] and the Soave-

Redlich-Kwong equation of state [96], while in some instances, the density is assumed to remain 

constant [47,103,105,132]. 

 

In examining fluid dynamics within reac}}tors, modeling studies often adopt various assumptions 

to simplify calculations. Some assume weak compressibility (27), others a plug flow velocity profile 

(57), while some consider pressure drop insignificant (22) and restrict fluid movement to the axial 

direction (58). Additionally, some studies disregard axial and radial momentum transport (60). 

These assumptions are made because the momentum balance introduces minor time constant 

effects compared to component mass and energy balances, which significantly increase the 

stiffness of the system's partial differential equations during non-steady-state conditions, thereby 

elevating computational costs [74,75,101,104]. Most studies in literature, excluding those using 

computational fluid dynamics tools, focus on the pressure drop as the key factor in the momentum 
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equation. They use a pseudo-stationary momentum conservation equation when solving transient 

state mass and energy conservation equations. To simplify reactor modeling for the Sabatier 

reaction, researchers often assume constant gas density over time. This assumption addresses 

the problem's stiffness and is based on no mass accumulation  [30,93], weak compressibility, or 

a plug flow velocity profile. 

 

Therefore, the ideal gas equation is considered a suitable alternative for calculating gas density 

under the operating conditions of CO2 methanation. It is suggested to compare these results with 

those from more accurate equations of state. The momentum balance resolution for deriving 

velocity and pressure profiles is challenging without proper computational tools. Simplifications 

may be recommended if the study's primary focus is not on gas fluid dynamics and if velocity and 

density have lower time constants compared to composition and temperature. 

 

A.3.Contributions 

This review examines several contributions to comparative studies on anticipated reactor behavior 

concerning different model dimensions and phases. It analyzes the reactors' dynamic response to 

various H2 load fluctuations and other operational parameters. The review also includes a study 

on how different methodologies for calculating the effectiveness factor impact model predictions. 

Additionally, it investigates how catalytic activities linked to different reaction rate expressions 

influence the performance of the CO2 methanation reactor. 

 

In addition to the previously mentioned points, the primary contributions from most modeling 

studies of reactors used in the Sabatier reaction focus on evaluating the reactor's behavior under 

specific operating conditions. These studies conduct parametric analysis to explore the 

dependence of performance variables like CO2 conversion, temperature, and pressure on 
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operational factors such as inlet flow, feed temperature, and cooling temperature. Some have also 

contributed to advancements in reactor design and optimization of operating conditions. 

 

Beyond these contributions, other significant advancements in modeling work include comparative 

studies of various reactor types and the creation of innovative operational methodologies.  

 

A.3.1.Comparative studies: Alternative technologies vs FXB reactor 

In comparative studies on reactors, the FXB reactor is often used as a benchmark due to its 

prevalent use in modeling studies and its adiabatic form in CO2 methanation technology. However, 

Raghu et al.,'s research deviates from this trend, showing that a spiral reactor outperforms a U-

shaped reactor [78]. In contrast, the U-shaped reactor performs better for CO2 methanation than 

a parallel channel reactor operating in a co-current manner [77]. 

 

Schlereth et al., [22] found that the HM reactor maintains consistent temperatures even at high 

levels, unlike the FXB reactor. However, the FXB reactor's temperature variation can lead to higher 

CO2 conversion rates if the temperature hot spot is moderate. They suggest combining both 

reactors: starting with the HM reactor for intermediate conversion and stable temperatures, 

followed by the FXB reactor to achieve a higher conversion rate than either reactor alone. 

Conversely, Zhang et al., [26] discovered that the HM reactor has less pressure drop and better 

heat transfer than the FXB reactor, though it converts less CO2. They noted that smaller channel 

sizes can improve conversion but warned this could increase pressure drop. If the conversion rate 

per pressure drop decreases too much, the FXB reactor might become more effective, potentially 

negating the HM reactor's advantages. 

 

Currie et al., [52] emphasized that using a hydrogen-selective membrane in the FXB reactor aids 

in preventing catalyst deactivation due to coking and ensures a more uniform temperature 
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distribution. Similarly, Faria et al., [56] showed that adding a hydrogen-selective membrane greatly 

improves the performance of the FXB reactor over a wide range of operations. Conversely, it is 

essential to mention that Iwakiri et al., [51] conducted research using a membrane with low 

selectivity and suggested that besides enhancing the membrane's material properties, employing 

a flow-splitting strategy to divide the M reactor into two zones could provide the benefits of a water-

selective membrane. Lastly, Harkou et al., [54] performed studies similar to previous research, 

evaluating two membranes with varying selectivities. They discovered that changing the 

membrane's thickness was not beneficial for one membrane, but reducing the thickness of the 

other was recommended to optimize its use in the FXB reactor.  

 

In examining the FB reactor, Ngo et al., [71] discovered that it provides better thermal regulation 

than the FXB reactor in different operational settings. They suggest using recirculation currents 

and arranging reactors in series to attain comparable thermal efficiency in a FXB reactor. 

Conversely, Lefebvre et al., [73] compared the SBC reactor with the FXB reactor under both 

stationary and transient conditions. They found that the FXB reactor operates at a higher space 

velocity in a steady-state. However, the SBC reactor outperforms in thermal control and maintains 

product quality during non-steady conditions with fluctuating feed. Furthermore, Kiewidt et al., 

[74,75] conducted a comparative analysis of the foam reactor and FXB reactor, finding the foam 

reactor promising for small to medium-scale operations in transient scenarios. It offers exceptional 

thermal properties but operates at lower gas loads than the FXB reactor. While the foam reactor 

has reduced pressure drops compared to traditional reactors, this advantage is offset by the need 

for a smaller window diameter to achieve optimal performance. 

 

Therefore, comparing different reactor types, using the FXB reactor as a benchmark, is essential 

for selecting the appropriate technology for CO2 methanation. This choice depends on factors like 

budget, process scale, operational conditions, and the reactor's dynamic properties. 
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A.3.2.Other type of comparative studies 

Moreover, various studies have examined the efficiency of FXB and SBC reactors [73], as well as 

examining the thermal characteristics of the fiber reactor [79,80]. In contrast, research by Kiewidt 

et al., [88] highlighted that optimizing the Semenov number can create an ideal temperature profile 

for an FXB reactor, balancing kinetic and thermodynamic constraints to achieve high CO2 

conversion rates. Additionally, research has focused on kinetic [50,59,69,83,87,89,111,112] and 

fluid dynamic [68,70] studies. Lastly, there have been investigations utilizing neural networks [132] 

and LBM-DEM simulations [129] to assess the performance of the FXB reactor. 

 

Although these studies may not be as numerous as those on evaluation work, parametric studies, 

reactor design, and optimization, they can lay the groundwork for tackling future challenges in CO2 

methanation reactor modeling and enhance the quality of results in related areas. 

 

A.3.3.New operating methodologies 

Over time, new methods have been developed to improve the catalytic efficiency and thermal 

management of CO2 methanation reactors. 

 

The FXB reactor utilizes a recirculation method effectively for both adiabatic and polytropic 

operations. This approach meets the required operational standards for steady-state and transient 

conditions and is efficient for reactor startup and achieving a new steady-state following a 

disturbance [92,94]. Similar research on steady-state operations was conducted by Yamamoto et 

al., [131].  

 

Conversely, the placement of the bed inside the reactor is crucial for optimal temperature 

distribution, with a recommendation to extend the inlet zone of the reaction system [133]. 



168 
 

Furthermore, efforts have been focused on improving the FXB reactor's performance by optimizing 

the arrangement of cylindrical catalysts within the bed and identifying the ideal number of holes 

they should have [125]. Bolt et al., [138] aimed to enhance the FXB reactor's performance through 

four strategies: using series reactors, creating a dual compartment with equal volumes for gas and 

coolant flow, and employing rectangular prism and helicoid designs. In contrast, Herrmann et al., 

[96] proposed a 4-chamber reactor design to enhance the performance of FXB reactors. Lastly, 

Zhang et al., [127] investigated different configurations for radial gas flow in the FXB reactor, 

finding that centrifugal flow provides better thermal regulation and centripetal flow improves 

selectivity towards CH4. 

 

In their study of HM reactors, Schollenberger et al., [23] explored HM reactors by using two 

reactors in series, each made from different materials. The first reactor is aluminum, allowing 

controlled heat management during reactions. The second is stainless steel, preventing rapid 

cooling and achieving higher conversion rates than when each material is used independently in 

HM reactors. Conversely, Huynh et al., [24] developed a sequence of three HM reactors, with the 

first two having lower catalytic activity than the third. This setup improves temperature control, 

reduces hot spots, and boosts CO2 conversion. Furthermore, Zhang et al., [26] proposed 

modifying the HM reactor by obstructing some channels to create a chess pattern. This change 

enhances heat transfer efficiency and reduces hot spot formation, though it lowers CO2 

conversion. By blocking only half of the channels, the pressure drop decreases, while maintaining 

the conversion rate of the original HM reactor. This makes it potentially more effective than the 

FXB reactor evaluated in the study. 

 

According to the analysis mentioned above, these proposals contribute to improving reactor 

performance, but securing adequate funding is essential to conducting tests and confirming their 
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future applicability. Additionally, it is suggested that these studies extend to encompass other 

reactors beyond FXB and HM. 
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B. Appendix B: Supporting Information of Modeling the dynamic 

operation of a monolithic CO2 methanation reactor. 

Evaluation of the response to H2 load fluctuation. 

 

B.1.Mass/heat transfer coefficients, friction factor, axial dispersion, and axial/radial thermal 

conductivity of the solid 

Table B.1 exhibits the correlations chosen for this study to compute the heat and mass transfer 

coefficients between phases, the friction factor, and the axial/radial thermal conductivities of the 

solid for the monolithic honeycomb reactor. 

 

Table B.1. Correlations to calculate mass/heat transfer coefficients, friction factor, axial 
dispersion, and axial/radial thermal conductivity of the solid. 

 

Gas-solid heat transfer coefficient 

𝑁𝑢𝑔𝑠 = 
ℎ𝑔𝑠𝑑ℎ

𝜆𝑔
= 3.095 + 8.9336 ∙ (

1000

𝐺𝑟𝑧,𝑇
)

−0.5386

𝑒𝑥𝑝 (
−6.7275

𝐺𝑟𝑧,𝑇
) ; 

𝐺𝑟𝑧,𝑇 =
𝑅𝑒𝑔 ∙ 𝑃𝑟𝑔 ∙ 𝑑ℎ

𝑧
;  𝑅𝑒𝐺 = 

𝜌𝑔𝑢𝑧,𝑔𝑑ℎ

𝜀𝑔𝜇𝑔
;  𝑃𝑟𝑔 = 

𝐶𝑝,𝑔𝜇𝑔

𝜆𝑔
 

 

B.1 

Gas-solid mass transfer coefficient 
 

𝑆ℎ𝑖,𝑔𝑠 = 
𝑘𝑖,𝑔𝑠𝑑ℎ

𝐷𝑖,𝑔
= 3.095 + 8.9336 ∙ (

1000

𝐺𝑟𝑧,𝑚
)

−0.5386

𝑒𝑥𝑝 (
−6.7275

𝐺𝑟𝑧,𝑚
) ;  

𝐺𝑟𝑧,𝑚 =
𝑅𝑒𝑔 ∙ 𝑆𝑐𝑖,𝑔 ∙ 𝑑ℎ

𝑧
; 𝑆𝑐𝑖,𝑔 = 

𝜇𝑔

𝜌𝑔𝐷𝑖,𝑔
 

 

B.2 

Friction factor 

𝑓𝑅𝑒𝑔 = 14.227 + 17.76323 ∙ (1000𝑧𝑓,𝑅𝑒𝑔)
−0.4715

𝑒𝑥𝑝 (−59.57𝑧𝑓,𝑅𝑒𝑔) 

𝑧𝑓,𝑅𝑒𝑔 = 
𝑧

𝑅𝑒𝑔 ∙ 𝑑ℎ
 

 

B.3 

Axial dispersion of each compound in the gas   

𝐷𝑖_𝑎𝑥𝑖𝑎𝑙,𝑔 = 𝐷𝑖,𝑔 +

(
𝑢𝑧,𝑔
𝜀𝑔
𝑑ℎ)

2

192 ∙ 𝐷𝑖,𝑔
 

 

B.4 

Axial thermal conductivity of the solid 
𝜆𝑎𝑥𝑖𝑎𝑙,𝑠 = 𝜀𝑐𝑎𝑡𝜆𝑐𝑎𝑡 + 𝜀𝑠𝑢𝑝𝜆𝑠𝑢𝑝  

 
B.5 
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Radial thermal conductivity of the solid 

𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 = 𝜆𝑠𝑢𝑝

(

 
 
 
 

𝜆∗2

𝜆𝑠𝑢𝑝
2

1 − (𝜀𝑔 + 𝜀𝑐𝑎𝑡)

1 + (𝜀𝑔 + 𝜀𝑐𝑎𝑡)
+
𝜆∗

𝜆𝑠𝑢𝑝

3(𝜀𝑔 + 𝜀𝑐𝑎𝑡)
2
+ 2(𝜀𝑔 + 𝜀𝑐𝑎𝑡) + 3

(1 + (𝜀𝑔 + 𝜀𝑐𝑎𝑡))
2 + 2

1 − (𝜀𝑔 + 𝜀𝑐𝑎𝑡)

1 + (𝜀𝑔 + 𝜀𝑐𝑎𝑡)

𝜆∗2

𝜆𝑠𝑢𝑝
2 (
1 − (𝜀𝑔 + 𝜀𝑐𝑎𝑡)

1 + (𝜀𝑔 + 𝜀𝑐𝑎𝑡)
)

2

+ 3
𝜆∗

𝜆𝑠𝑢𝑝

1 − (𝜀𝑔 + 𝜀𝑐𝑎𝑡)

1 + (𝜀𝑔 + 𝜀𝑐𝑎𝑡)
+ 2

)

 
 
 
 

; 

 𝜆∗ = 𝜆𝑐𝑎𝑡

(

  
 

𝜆𝑔
2

𝜆𝑐𝑎𝑡
2

1 − 𝜀𝑔
1 + 𝜀𝑔

+
𝜆𝑔
𝜆𝑐𝑎𝑡

3𝜀𝑔
2 + 2𝜀𝑔 + 3

(1 + 𝜀𝑔)
2 + 2

1 − 𝜀𝑔
1 + 𝜀𝑔

𝜆𝑔
2

𝜆𝑐𝑎𝑡
2 (
1 − 𝜀𝑔
1 + 𝜀𝑔

)
2

+
𝜆𝑔
𝜆𝑐𝑎𝑡

1 − 𝜀𝑔
1 + 𝜀𝑔

+ 2
)

  
 

 

 

B.6 

Solid-Cooling System Heat Transfer Coefficient 

𝑈𝑠𝑐 [
𝑊

𝑚2 ∙ 𝐾
] = 2410.1𝜆𝑔 + 271.64; 𝜆𝑔 𝑖𝑛 

𝑊

𝑚 ∙ 𝐾
  

 

B.7 

 

The expression for determining the ℎ𝑔𝑠 value (Equation B.1) suggested by Groppi et al., [182]  is 

an adjusted version, tailored for square channels, of Grigull & Tratz's original formulation for 

laminar flow in circular channels [192]. The calculation for k𝑖,𝑔𝑠 was performed through Equation 

B.2, which was also a formulation by Groppi et al., [182]. Shah & London's expression was utilized 

for the friction factor f (Equation B.3), which is designed for ducts in laminar flow and has been 

adjusted for square monolith channels [38,40,193,194]. In contrast, the axial dispersion of gas in 

the channels was derived from the Aris & Taylor equation (Equation B.4). This has been applied 

in situations involving monoliths with square channels in laminar flow [37,40,178]. According to 

Visconti et al., [195] Equations B.5 and B.6 are suitable for computing 𝜆𝑎𝑥𝑖𝑎𝑙,𝑠 and 𝜆𝑟𝑎𝑑𝑖𝑎𝑙 in the 

square channel monolithic reactor. Finally, the 𝑈sc value was derived from Equation B.7 as 

proposed by Groppi & Tronconi [196]. 

 

B.2.Physical properties of the gas 

Upon reviewing the literature and considering the recommendations of Poling et al., [197], VDI, 

2010 [198], and Green et al., [199] , the selected correlations for calculating the physical properties 

of the gas phase for both individual compounds and their mixture are presented in Table B.2. 

Following this, the mass concentration of each compound was determined using their formal 
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definition (Equation B.8). The DIPPR equation was chosen for the calculation of viscosity 

(Equation B.9) and thermal conductivity (Equation B.13) for each gaseous compound. The Wilke 

and Wassiljewa mixing rules were applied for calculating the viscosity (Equation B.10) and thermal 

conductivity (Equation B.14) of the gas. It was established that the axial thermal conductivity of 

the gas phase matches that of the bulk gas. To calculate the specific heat at constant pressure for 

each species in an ideal gas state, the Aly-Lee equation (Equation B.11) was employed. The 

specific heat of the ideal gas mixture was then determined using its formal definition (Equation 

B.12). The Fuller equation (Equation B.15) was used to calculate the binary diffusivities of the 

gaseous compounds [37,38,41,161,165,166,175,200,201] . The diffusivity of each compound in 

the gas was calculated with the Equation B.16. Lastly, Equation B.17 was used to determine the 

effective diffusivities of each gaseous species within the catalyst. This required obtaining the 

molecular and Knudsen diffusivity values for each gaseous compound in the solid. 

 

Table B.2. Correlations and definitions of physical properties. 

 

Gas density 

𝜌𝑔 = 
𝑃 ∙ 𝑀𝑊

𝑅𝑔𝑎𝑠𝑒𝑠 ∙ 𝑇𝑔
 →  𝜌𝑖,𝑔 = 𝑤𝑖,𝑔𝜌𝑔 

 

B.8 

Viscosity of each compound in the gas 

𝜇𝑖,𝑔[𝑃𝑎 ∙ 𝑠] =  
𝐴𝜇𝑖𝑇𝑔

𝐵𝜇𝑖

1 +
𝐶𝜇𝑖
𝑇𝑔
+
𝐷𝜇𝑖
𝑇𝑔
2

;  𝑇𝑔 𝑖𝑛 𝐾  

 

B.9 

Gas viscosity 

𝜇𝑔 =∑
𝑥𝑖,𝑔 ∙ 𝜇𝑖,𝑔

∑ 𝑥𝑗,𝑔 ∙ 𝜁𝜇_𝑖,𝑗
𝑁𝐶
𝑗=1

𝑁𝐶

𝑖=1

; 𝜁𝜇_𝑖,𝑗 = 

(1 + (
𝜇𝑖,𝑔
𝜇𝑗,𝑔

)
1/2

(
𝑀𝑊𝑗
𝑀𝑊𝑖

)
1/4

)

2

√8(1 +
𝑀𝑊𝑖

𝑀𝑊𝑗
)
1/2

 

 

B.10 

Specific heat of each compound in the gas 

𝐶𝑝𝑖,𝑔 [
𝐽

𝑘𝑚𝑜𝑙 ∙ 𝐾
] =  (𝐴𝐶𝑝𝑖 +𝐵𝐶𝑝𝑖 (

𝐶𝐶𝑝𝑖

𝑇
𝑐𝑠𝑐ℎ(

𝐶𝐶𝑝𝑖

𝑇
))

2

+ 𝐷𝐶𝑝𝑖 (
𝐸𝐶𝑝𝑖

𝑇
𝑠𝑒𝑐ℎ (

𝐸𝐶𝑝𝑖

𝑇
))

2

); 𝑇 𝑖𝑛 𝐾 

 
 

B.11 

Specific heath of gas B.12 
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𝐶𝑝,𝑔 = ∑𝑤𝑖,𝑔𝐶𝑝𝑖,𝑔

𝑁𝐶

𝑖=1

 

 
Thermal conductivity of each compound in the gas 

𝜆𝑖,𝑔 [
𝑊

𝑚 ∙ 𝐾
] =  

𝐴𝜆𝑖𝑇𝑔
𝐵𝜆𝑖

1 +
𝐶𝜆𝑖
𝑇𝑔
+
𝐷𝜆𝑖
𝑇𝑔
2

;  𝑇𝑔 𝑖𝑛 𝐾 

 

B.13 

Thermal conductivity of the gas 

𝜆𝑎𝑥𝑖𝑎𝑙,𝑔 = 𝜆𝑔 =∑
𝑥𝑖,𝑔 ∙ 𝜆𝑖,𝑔

∑ 𝑥𝑗,𝑔 ∙ 𝜁𝜆_𝑖,𝑗
𝑁𝐶
𝑗=1

𝑁𝐶

𝑖=1

; 𝜁𝜆_𝑖,𝑗 =  1.065

(1 + (
𝜇𝑖,𝑔
𝜇𝑗,𝑔

)
1/2

(
𝑀𝑊𝑗
𝑀𝑊𝑖

)
1/4

)

2

√8(1 +
𝑀𝑊𝑖

𝑀𝑊𝑗
)
1/2

 

 

B.14 

Binary diffusivity of each compound in the gas 

𝐷𝑖,𝑗_𝑔 [
𝑐𝑚2

𝑠
] =  

0.0143 ∙ 𝑇1.75

𝑃 ∙ 𝑀𝑊𝑖,𝑗

1
2 ((Σ𝑣𝑖)

1
3 + (Σ𝑣𝑗)

1
3
)

2 ;  𝑀𝑊𝑖,𝑗 = 2(
1

𝑀𝑊𝑖

+
1

𝑀𝑊𝑗
)

−1

; 

𝑇𝑔 𝑖𝑛 𝐾 𝑎𝑛𝑑 𝑃 𝑖𝑛 𝑏𝑎𝑟  

 

B.15 

Diffusivity of each compound in the gas 

𝐷𝑖,𝑔 = (1 − 𝑥𝑖,𝑔)( ∑
𝑥𝑗,𝑔

𝐷𝑖,𝑗_𝑔

𝑁𝐶

𝑗=1.𝑗 ≠𝑖

)

−1

 

 

B.16 

Effective diffusivity of each compound in the catalyst 

𝐷𝑖𝑒𝑓𝑓,𝑐𝑎𝑡 = 
𝜀𝑔,𝑐𝑎𝑡

𝜏𝑐𝑎𝑡
(

1

𝐷𝑖,𝑔_𝑐𝑎𝑡
+

1

𝐷𝑖,𝐾
)

−1

;  𝐷𝑖,𝑔_𝑐𝑎𝑡  𝑤𝑖𝑡ℎ 𝐸𝑞. 42 𝑓𝑜𝑟 𝑥𝑖,𝑔 𝑎𝑛𝑑 𝐷𝑖,𝑗_𝑔 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡; 

 𝐷𝑖,𝐾 = 
𝑑𝑝𝑜𝑟𝑒

3
√
8𝑅𝑇𝑠

𝜋𝑀𝑊𝑖
 (𝐾𝑛𝑢𝑑𝑠𝑒𝑛 𝑑𝑖𝑓𝑓𝑢𝑠𝑖𝑜𝑛 𝑜𝑓 𝑐𝑜𝑚𝑝𝑜𝑛𝑒𝑛𝑡 𝑖) 

 

B.17 

 

B.3.Multiplication factor applied to Falbo’s reaction rate expression 

To perform the comparative study of the effect of the type of catalyst on the dynamic response of 

the monolithic reactor to the fluctuation of H2 loading, a multiplication factor was applied, which 

transforms the reaction rate from the Falbo kinetic expression (Equation 2.30) to turnover 

frequency. This factor contains the mass percentage and the dispersion of Ru in the Falbo catalyst. 

 

𝑇𝑂𝐹𝐹𝑎𝑙𝑏𝑜[𝑠
−1] =  

𝑀𝑊𝑅𝑈

𝑤𝑅𝑢 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡𝐷𝑖𝑠𝑝𝑒𝑟𝑠𝑖𝑜𝑛𝑅𝑢 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡
𝑟𝐹𝑎𝑙𝑏𝑜 [

𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
] =  

101.07
𝑘𝑔𝑅𝑢
𝑘𝑚𝑜𝑙𝑅𝑢

0.0005 
𝑘𝑔𝑅𝑢

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡
0.35 

𝑘𝑚𝑜𝑙𝑅𝑢 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒

𝑘𝑚𝑜𝑙𝑅𝑢

𝑟𝐹𝑎𝑙𝑏𝑜 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
]                                            
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As a result, a reaction rate expression (Equation B.18) was obtained, which is not dependent on 

the load and dispersion of the active phase of the catalyst.  

 

𝑇𝑂𝐹𝐹𝑎𝑙𝑏𝑜[𝑠
−1] = 577543 

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡

𝑘𝑚𝑜𝑙𝑅𝑢 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒
 𝑟𝐹𝑎𝑙𝑏𝑜 [

𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
]  B.18 

 

To obtain a reaction rate expression for Ru as a function of the same Ni loading and dispersion 

from the Koschany kinetic expression (Equation 2.27), the above expression was multiplied by 

another multiplication factor, which contains the values of the loading and dispersion of the 

selected Ni catalyst. 

 

𝑟𝐹𝑎𝑙𝑏𝑜,𝑐𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
] = 𝑇𝑂𝐹𝐹𝑎𝑙𝑏𝑜[𝑠

−1]
𝑤𝑁𝑖 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡𝐷𝑖𝑠𝑝𝑒𝑟𝑠𝑖𝑜𝑛𝑁𝑖 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡

𝑀𝑊𝑁𝑖
= 𝑇𝑂𝐹𝐹𝑎𝑙𝑏𝑜[𝑠

−1]
0.58 

𝑘𝑔𝑁𝑖
𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡

0.06 
𝑘𝑚𝑜𝑙𝑁𝑖 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒

𝑘𝑚𝑜𝑙𝑁𝑖

58.69
𝑘𝑔𝑁𝑖
𝑘𝑚𝑜𝑙𝑁𝑖

  

𝑟𝐹𝑎𝑙𝑏𝑜,𝑐𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
] = 5.93 ∙ 10−4

𝑘𝑚𝑜𝑙𝑁𝑖 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡
𝑇𝑂𝐹𝐹𝑎𝑙𝑏𝑜[𝑠

−1]  

 

By showing the reaction rate expression obtained for Ru in terms of the original Falbo rate 

expression for this catalyst, Equation B.19 was obtained, which contains a multiplication factor 

that makes the reaction rate a function of the same loading and dispersion of the Ni catalyst used 

in the Koschany kinetic expression. 

    

𝑟𝐹𝑎𝑙𝑏𝑜,𝑐𝑜𝑟𝑟𝑒𝑐𝑡𝑒𝑑 [
𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
] = 342.45 

𝑘𝑚𝑜𝑙𝑁𝑖 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒

𝑘𝑚𝑜𝑙𝑅𝑢 𝑖𝑛 𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑠𝑢𝑟𝑓𝑎𝑐𝑒
 𝑟𝐹𝑎𝑙𝑏𝑜 [

𝑘𝑚𝑜𝑙

𝑘𝑔𝑐𝑎𝑡𝑎𝑙𝑦𝑠𝑡∙𝑠
]  B.19 

 

Thus, the comparison of the effect of both catalysts on the dynamic response of the monolithic 

reactor to H2 loading fluctuation was carried out under the same reaction conditions. 
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B.4.Model validation 

B.4.1.Impact of the Number of Selected Intervals for each Spatial Coordinate on the Precision of 

Results 

Initially, the adequacy of the number of intervals suggested for each spatial coordinate was 

confirmed, ensuring that the accuracy of the model's results met the desired criteria. The operating 

conditions listed in Table 2.5 were employed for this purpose, along with the Koschany et al., 

kinetic expression. This process was carried out from the start-up to the steady state condition. 

Subsequently, new results were achieved with an increased number of intervals for each 

coordinate, and these were compared with the originally calculated results. If the results derived 

from the base number of intervals do not deviate by more than 5 % from those calculated with a 

larger number of intervals, then the initial interval size for each spatial coordinate was deemed 

suitable.  

 

Table B.3 presents the values of the main performance indicators (maximum temperature and CO2 

conversion) during the start-up of the monolithic reactor in correspondence to the change and 

quantity of evenly spaced intervals of each spatial coordinate. 

 

The difference between the results derived from the base intervals number (5 for both r/R and ξ/δ) 

and those computed by doubling the intervals of the dimensionless radial coordinate (r/R) and the 

dimensionless spatial coordinate (ξ/δ) of the catalytic coating is far below 1 %. When it comes to 

the dimensionless axial coordinate (z/L), it's worth observing that the parameters determined 

aren't affected by the number of intervals implemented (> 50).  

 

Thus, it can be highlighted that the initially suggested number of intervals for each spatial 

coordinate was sufficient to acquire the results of this investigation, with the required precision. 
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Table B.3. Deviation of model results as a function the number of intervals for each spatial 
coordinate. Base case. 

 

Spacing (N° of intervals)  Treactor, max [°C] XCO2,max [%] 

Δ(r/R) [-] Δ(z/L) = 0.02 [-] and Δ(ξ/δ) = 0.2 [-] 

0.2 (5) 299.89 97.84 

  0.1 (10) 299.86 97.84 

Percentage deviation [%] 0.01 0.00 

Δ(ξ/δ) [-] Δ(z/L) = 0.02 [-] and Δ(r/R) = 0.2 [-] 

0.2 (5) 299.89 97.84 

  0.1 (10) 299.87 97.83 

Percentage deviation [%] 0.01 0.01 

Δ(z/L) [-] Δ(r/R) = 0.2 [-] and Δ(ξ/δ) = 0.2 [-] 

0.0200 (50) 299.89 97.84 

0.0164 (60) 299.82 97.81 

Percentage deviation [%] 0.02 0.03 

 

B.4.2.Model Validation through the Steady State Chemical Equilibrium Condition 

The initial validation examines the state of chemical equilibrium in steady state. As such, upon 

achieving a steady state, the reaction system met the chemical equilibrium condition. The results 

were then compared to against those reported by Gao et al., [27], concerning the Sabatier 

reaction's chemical equilibrium state. If the average percentage deviation of the results under this 

condition, compared to the numerical/experimental data from Gao et al., falls below 5 %, then the 

mathematical model developed in this study will be valid from this theoretical perspective. 

 

The mathematical model proposed in this research is validated by calculating the CO2 conversion 

values under the chemical equilibrium condition for various temperature ranges (200 – 375 °C), 

and these are then compared with the results obtained by Gao et al., [27] for 1 atm and a 4/1 

H2/CO2 ratio. 
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The values of the operational parameters related to mass and heat transfer limitations had to be 

modified to fully achieve the condition of chemical equilibrium in steady state. The following 

modifications were made: 

 

• The thickness of the catalytic coating was reduced from 200 to 2 µm, leading to a 100 % 

effectiveness factor for the Sabatier reaction. Hence, the resistance to intraparticle mass 

transfer is insignificant.  

• The GHSV value was reduced until axial gradients caused by the transport of mass, heat, and 

momentum in the gas became unnoticeable. 

• Aluminum was used as the monolith's substrate instead of cordierite. This ensured a 

completely isothermal operation of the CO2 methanation reactor. 

• Finally, it was verified that, under the base case's proposed operating conditions and 

dimensions, the effects of axial dispersion of mass and heat of the gas were insignificant. 

 

As a result, all study cases achieved the condition of chemical equilibrium in steady state. An 

equilibrium approach value (φeq) of one (1.0) was obtained for all cases. Moreover, it was also 

demonstrated that in all studies conducted in this section, there were no mass and heat transfer 

resistances between the gas and solid. Additionally, it was evident that the temperature difference 

between the solid and the cooling medium, the pressure drop, radial gradient of reactor 

temperature, and the axial dispersion of mass/heat were insignificant in all cases examined. Figure 

B.1 illustrates the results of the initial validation (chemical equilibrium). 
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Figure B.1. Comparison of modeled and experimental CO2 conversion profile as a function of 
temperature, for the chemical equilibrium condition in the Sabatier reaction. □ XCO2, Gao et al.,, 

── XCO2, Model. 
 

B.4.3.Model Validation via Steady State Kinetic Regime Condition 

As another verification approach, the kinetic regime condition in steady state was employed. The 

identical operating conditions and kinetic expression from the research by Koschany et al., [146] 

were replicated. As such, upon achieving a steady state, the reaction system met the kinetic 

regime condition. The results derived from this condition were compared to the findings gathered 

by Koschany. If the average percentage deviation of the results achieved under this condition, in 

relation to the numerical or experimental data from Koschany et al., falls below 5 %, then the 

mathematical model developed in this study will also be valid from this theoretical standpoint. 
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The mathematical model presented in this study was further validated using a strategy that applied 

the kinetic regime condition in a steady state. The CO2 conversion values in the kinetic regime 

were computed for varying temperatures (252, 266, 286, and 314 °C) and compared with the 

values recorded by Koschany et al., [146] under operating conditions of 3, 6, and 9 bars, with an 

H2/CO2/Ar ratio of 4/1/5, and 120 LSTD/(h·gcat). Modifications were made to the operational 

parameters linked to the process's mass and energy transport resistances to achieve the steady 

state kinetic regime condition fully. These modifications were as follows: 

 

•The thickness of the catalytic coating was decreased from 200 μm to 2 μm, resulting in a Sabatier 

reaction effectiveness factor of 100 % (intraparticle mass transfer resistance is considered 

insignificant). 

•Aluminium was utilized as the monolith's substrate instead of cordierite, enabling the CO2 

methanation reactor to function entirely in an isothermal condition.  

 

Through these modifications, the steady state kinetic regime was achieved for all cases examined 

in this validation. It was also validated that φeq was zero. Additionally, it was confirmed that there 

was no resistance to mass/energy transport limitations between the gas and the solid, and that 

the temperature difference between the solid and the cooling medium, the pressure drop, the 

reactor's radial temperature gradient, and the axial mass/heat dispersion were all negligible in all 

the cases during this model validation. Consequently, it can be concluded that this validation 

strategy was correctly implemented in this study. 

 

Figure B.2 displays a minor difference between the CO2 conversion calculated by the proposed 

model, for the kinetic regimen condition, and the ones reported by Koschany et al.,, where the 

average percentage deviation also falls under 1 %. 

 



180 
 

 

 
Figure B.2. Comparison of modeled and experimental CO2 conversion profile as a function of 

temperature, for the kinetic regime condition in the Sabatier reaction. □ XCO2, Koschany, 3 bar ◊ 
XCO2, Koschany, 6 bar, Δ XCO2, Koschany, 9 bar, ── XCO2, Model, 3 bar, ─ ─ XCO2, Model, 6 bar, 

···· XCO2, Model, 9 bar. 
 

As such, these results, derived using the two validation methodologies, confirm the full theoretical 

validity of the reactor's mathematical model, thereby strengthening its use for obtaining reliable 

values and trends for each of the test cases established in this research. 

 

B.5.Effect of H2 Load Fluctuation on Reaction Rate for each Study Case 

For determining the time at which the steady state was attained, both during the initial start-up and 

after recovering from the fluctuation in the H2 load, an error function was formulated. This function, 

defined as 𝐸𝑟𝑟𝑜𝑟𝑠𝑠 = |𝑋𝑘+1 − 𝑋𝑘|𝑚𝑎𝑥  was computed for consecutive time intervals (tk and tk+1) at 

each point within the reactor. Whenever Errorss falls below 0.01 for all variables being examined 

in this research, it implies that the steady state has been achieved at the time tk. 
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Figure B.3. Average reaction rate profile as a function of time at the reactor centerline. 

 

 

 
Figure B.4. Turn Over Frequency (TOF) profile as a function of time in the reactor centerline. 
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Figure B.5. Average reaction rate profile as a function of z/L at the reactor centerline. 

 

 

 
Figure B.6. Average Turn Over Frecuency (TOF) profile as a function of z/L in the reactor 

centerline. 
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B.6.Reactor Temperature and CO2 Conversion Profiles 

For determining the time at which the steady state was attained, both during the initial start-up and 

after recovering from the fluctuation in the H2 load, an error function was formulated. This function, 

defined as 𝐸𝑟𝑟𝑜𝑟𝑠𝑠 = |𝑋𝑘+1 − 𝑋𝑘|𝑚𝑎𝑥  was computed for consecutive time intervals (tk and tk+1) at 

each point within the reactor. Whenever Errorss falls below 0.01 for all variables being examined 

in this research, it implies that the steady state has been achieved at the time tk. 

 

B.6.1.Effect of Catalyst: Ni vs Ru 

 

Figure B.7. Temperature profile as a function of time in the reactor centerline. Ru as the active 
phase of the catalyst. 

 

 

Figure B.8. CO2 conversion profile as a function of time at the reactor centerline. Ru as the 
active phase of the catalyst. 
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C. Appendix C: Supporting Information of Dynamic behavior of a monolithic CO2 

methanation reactor to H2 load disturbance. Experimental validation and theoterical 

comparison with fixed bed. 

 

C.1.Inlet conditions, catalyst properties and dimensions of dynamic studies of CO2 methanation reactors 

 

Table C.1. Inlet conditions of dynamic studies for CO2 methanation reactors. 

 

Reactor 
Temperature 

[°C] 
Pressure 

[kPa] 
Molar flow 
[kmol/s] 

Volumetric 
flow STP [m3/s] 

GHSV 
[m3

gasSTDm-

3
reactorh

-1] 

H2/ CO2 
molar 

ratio [-] 

Inert molar 
fraction [%] 

Products 
molar fraction 

[%] 

Cooling medium 
temperature [°C] 

Reference 

FXB 

270 400 9.30E-07 2.08E-05 15000 4.00 - - 270 [118,202] 

183 101 9.30E-08 2.08E-06 27 4.12 21.7 (N2) - 183 [105,203] 

183 101 7.44E-07 1.67E-05 217 4.12 21.7 (N2) - 183 [105,203] 

238 1500 3.85E-05 8.63E-04 11531 4.00 - - 216 [102,204] 

280 1500 1.24E-04 2.78E-03 10186 4.00 75.0 (N2) - - [92,205] 

211 1500 1.20E-05 2.68E-04 1572 4.00 - - 205 [100,204] 

211 1500 2.39E-05 5.36E-04 3144 4.00 - - 205 [100,204] 

240 2000 1.05E-04 2.34E-03 44762 4.00 - 16.67 (CH4) 240 [73,206] 

251 2000 1.39E-04 3.13E-03 59683 4.00 - 16.67 (CH4) 251 [73,206] 

SBC 
320 2000 8.37E-03 1.88E-01 2939 4.00 - 16.67 (CH4) 278 [73,206] 

320 2000 1.12E-02 2.50E-01 3918 4.00 - 16.67 (CH4) 269 [73,206] 

PHE 200 800 2.73E-04 6.11E-03 N/A 4.15 - 16.26 (CH4) 230 [67] 

HMR 280 101 3.59E-06 8.05E-05 286 4.00 - - 280 [20] 
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Table C.2. Catalyst properties for dynamic studies of CO2 methanation reactors. 
 

Reactor Kinetic expression 
Catalyst load 

[kgcatalyst / 
m3

reactor] 

Catalyst size 
[mm] 

Catalyst 
shape 

Density 
particle 

[kgcatalyst / 
m3

particle] 

Catalyst 
Porosity [-] 

Mean pore 
diameter[nm] 

Catalyst 
volumetric 

fraction in reactor 
[-] 

Reference 

FXB 

Ducamp et al., 2016 764 0.340 Sphere 1274 0.59 8.2 0.600 [118,202] 
Koschany et al., 2016 720 2.100 Sphere 1390 0.62 6.6 0.518 [105,203] 
Koschany et al., 2016 720 2.100 Sphere 1390 0.62 6.6 0.518 [105,203] 
Koschany et al., 2016 1281 2.000 Sphere 2300 0.40 - 0.557 [102,204] 
Koschany et al., 2016 1475 3.000 Sphere 2418 0.37 12.4 0.610 [92,205] 
Koschany et al., 2016 1281 2.000 Sphere 2300 - - 0.557 [100,204] 
Koschany et al., 2016 1281 2.000 Sphere 2300 - - 0.557 [100,204] 
Lefebvre et al., 2018 630 3.000 Sphere 1050 0.4 10 0.600 [73,206] 
Lefebvre et al., 2018 630 3.000 Sphere 1050 0.4 10 0.600 [73,206] 

SBC 

Lefebvre et al., 2018-
2019 

Dependent of 
gas holdup 

0.075 Sphere 1050 0.4 10 
Dependent of gas 

holdup 
[73,206] 

Lefebvre et al., 2018-
2019 

Dependent of 
gas holdup 

0.075 Sphere 1050 0.4 10 
Dependent of gas 

holdup 
[73,206] 

PHE 
Koschany et al., 2016 
and Xu & Froment et 

al., 1989 
N/A  

4.5 (3x3 original 
dimensions) 

- - - - - [67] 

HMR 
Koschany et al., 2016 
and Falbo et al., 2018 

121 0.200 Flat 900 0.7 50 
0.134 (catalyst) and 

0.231 (substrate) 
[20] 

 

Table C.3. Dimensions of dynamic studies for CO2 methanation reactors. 
 

Reactor Length [mm] Diameter [mm] Reference 

FXB 

160 6.31 [118,202] 
880 20.00 [105,203] 
880 20.00 [105,203] 
3430 10.00 [102,204] 
500 50.00 [92,205] 
7810 10.00 [100,204] 
7810 10.00 [100,204] 
600 20.00 [73,206] 
600 20.00 [73,206] 

SBC 
2530 340.00 [73,206] 
2530 340.00 [73,206] 

PHE 1000 - [67] 
HMR 2000 25.40 [20] 
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C.2.Experimental setup and experimental diagram of reactor 

 

 
 

Figure C.1. Experimental setup [189]. 
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Figure C.2. Experimental diagram of HMR.illustrates the experimental diagram of the honeycomb monolith reactor (HMR). The gas and 

cooling medium flows are designed to operate in countercurrent. Reactants enter the upstream section of the reactor, which is 247.5 to 397 

mm long and fitted with a fabric packing. The 90 mm reactor is copper-lined. The mixture of reactants and products then moves to the 

downstream section 83.7 to 105 mm long, before leaving the experimental area of the HMR. 

 

 
 

Figure C.2. Experimental diagram of HMR. 
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C.3. Radial thermal conductivity of honeycomb monolith used in dynamic test  

Figure C.3 on the left displays the honeycomb monolith cell with corrugated plates utilized in this 

research. The channel cell is defined as a rectangle with a height of b and a base measuring d + 

0.5√3b + 2𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠. Here, the parameter d represents the thickness of the corrugated (wellblech) 

and smooth (glatte blechlage) metal plates, while 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 signifies the spacing within the junction 

area between these plates. It is crucial to acknowledge that the monolith was created by winding 

a corrugated plate with a smooth one at a specific winding angle γ, which can affect the final 

design of the structure (Figure C.3 on the right) [189]. The sinusoidal channel of the corrugated 

plate is modeled as a triangular shape between two rectangular plates, each measuring b x d/2, 

representing smooth plates. This geometric setup leads to the formulation for calculating the 

combined thermal resistances (Rr,eff) of the solid. From this, the effective radial thermal 

conductivity of the solid (𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑒𝑓𝑓) is derived [189]. It is crucial to emphasize that the peak value 

of the radial thermal conductivity of the solid (𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠) occurs at a specific γ value, as indicated in 

Equation 3.2. Additionally, the maximum 𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 and its corresponding γ position are affected by 

the 𝛿𝜆𝑟𝑎𝑑𝑖𝑎𝑙,𝑠 value [189]. 

 

 

 
Figure C.3. Geometric representation of the corrugated plate monolith cell (left). Effect of the 

winding angle on the final design of the monolith (right) [189]. 
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C.4. Profile temperatures of Schollenberger and Glockner 

C.4.1.Schollenberger results 

 

 

 

 
Figure C.4. Axial temperature profile. Effect of diameter dW (as shown above). Comparison 

between predicted values from the model and experimental results for different radial positions 
and cooling medium temperatures (Töl), as shown below (dW = 33 mm). Length of 101.5 mm, 
GHSV = 1800 h-1, pressure of 8 bar, H2/CO2 molar ratio equal to 4/1 and 5 % molar of N2 and 

catalyst load equal to 110 kg/m3 [189]. 
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C.4.2.Glockner results 

 

 

 
Figure C.5. Axial temperature profile. Comparison between predicted values from the model and 
experimental results in the centerline of reactor (dW = 50 mm), Length of 100 mm, GHSV = 1800 

h-1, pressure of 8 bar, H2/CO2 molar ratio equal to 4/1 and 5 % molar of N2 and catalyst load 
equal to 110 kg/m3 [190].
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C.5.Additional results  

C.5.1.HMR vs. FXB: Operation conditions of Tauer et al., 

 

Figure C.6.  Temporal profile of maximum temperature in hotspot location. Operation conditions 

of Tauer et al., [105]. Reduction of GHSV, from 217 to 27 h-1.  Experiment, - - HMR,  

Tauer’s FXB model. 
 

C.5.2.HMR vs. FXB: Operation conditions of Fischer et al. 

 
 

Figure C.7.  Temperature profile for different times for the operation conditions of Fischer et al., 
[102]. Centerline of HMR. Reduction of GHSV, from 3144 to 1572 h-1. Lines for HMR and points 

for FXB.  and - - for t = 0 s,  and  for t = 9 s, and  for t = 38 s,  and    for t = 84 

s, x for t = 600 s (final steady state) and  for t = 340 s (final steady state).  for t = 53 s 
(transient maximum). 
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Figure C.8. Temporal profile of outlet CO2 conversion for the operation conditions of Fischer et 

al., [102]. Reduction of GHSV, from 3144 to 1572 h-1.  FXB, - - Centerline HMR,  Average 

HMR, ···· Wall HMR. 

 

 


